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PREFACE

The CFB-14 Conference continued the long-standing tradition of this
conference series dating back to 1985, focusing on both fundamental
research and practical applications in the field of circulating fluidized bed
technology. Furthermore, it integrated innovative fluidized bed reactor
technologies, particularly those pertaining to environmentally friendly
processes, sustainable and clean energy generation, energy storage and
conversion systems, and carbon capture and utilization methods such as
chemical looping combustion/gasification. In addition to investigating the
fundamental and applied aspects of fluidized beds and fluidization systems,
CFB-14 also placed a strong emphasis on fluidized bed technologies aimed at
addressing energy and environmental challenges.

CFB-14 is the 14™ conference in a series following the 13 successful
conferences over the past 38 years:

» CFB-1, Halifax, Canada, 1985

* CFB-2, Compiegne, France, 1988
» CFB-3, Nagoya, Japan, 1991

« CFB-4, Hidden Valley, USA, 1993
» CFB-5, Beijing, China, 1996

» CFB-6, Wurzburg, Germany, 1999
» CFB-7, Niagara Falls, Canada, 2002
» CFB-8, Hangzhou, China, 2005

* CFB-9, Hamburg, Germany, 2008
» CFB-10, Sunriver, USA, 2011

» CFB-11, Beijing, China, 2014

» CFB-12, Krakow, Poland, 2017

* CFB-13, Vancouver, Canada, 2021

Following the tradition of the conference series, CFB-14 covers broad topics
ranging from eight colloquiums including Dynamics, heat and mass transfer of
gas-solid flow, Modeling and simulation, Measurements and instrumentation,
Catalytic reaction and novel reaction process, Combustion, pyrolysis and
gasification, Looping and energy storage processes, Fine particle and nano-
particle systems, Industrial experience and application.

Other activities have been planned to celebrate the accomplishment of the first
13 CFB conference series, which include a historical review given by the
convenor of the CFB conference series (Prof. Xiaotao Bi), and the presentation
of fluidization achievement awards to two fluidization researchers who have
made outstanding contributions in advancing the fluidization science and CFB

Vi



technology.

We are proud to present them with this proceeding and wish to gratefully
acknowledge the authors, sponsors, reviewers, organizing committee members
and all the people who have volunteered generously with their time and efforts
to make this conference a great success.

CFB-14 Organizing Committee

VII



TABLE OF CONTENTS

PREFACE

Session A: Dynamics, heat and mass transfer of gas-solid flow......

A-015

A-016

A-021

A-023

A-024

A-026

A-062

A-069

A-076

A-098

CALCULATION OF SHORT-CIRCUIT FLOW RATE IN A GAS CYCLONE
Shiwei Yuan, Guogang Sun*, Gang Cao, Yunpeng Yue, Yingyi Wu.........
IMPROVING THE PERFORMANCE OF CYCLONE SEPARATOR

WITH A SPIRAL GUIDE VANE

Gang Cao, Guogang Sun*, Shiwei Yuan, Yingyi Wu................coeeein
EFFECT OF GAS-INLET GEOMETRY ON HYDRODYNAMICS IN A
SMALL-DIAMETER RISER OF CIRCULATING FLUIDIZED BED
Suyoung Kim, Chae Eun Yeo, Geunhye Won, Sung Won Kim*...............
THE COLD MODEL EXPERIMENTAL STUDY ON THE EFFECT OF
RAPID CHANGES IN FLUIDIZATION AIR VELOCITY ON GAS-SOLID
CONCENTRATION IN THE RISER OF CIRCULATING FLUIDIZED BED
Rongdi Zhang, Zhicun Liu, Zhonghao Dong, Jianbo Li, Xiaofeng Lu *.......
IMPACT OF AN EXTERNAL HORIZONTAL SOUND FIELD ON A
PARTICLE IN FLUIDIZATION

Yangqin Li*, Fidel C. X. Mario, Borui Zhou...............cooeiiiiiiiiiiiieen,
STUDY ON GAS-SOLID FLOW CHARACTERISTICS IN A CFB WITH
INTERNAL CIRCULATING ASH BIN

Zhonghao Dong, Zhaoliang Wu, Rongdi Zhang, Jianbo Li, Xiaofeng Lu*...
NUMERICAL SIMULATION STUDY ON COAL-FIRED FLUE GAS HCL
REMOVAL BY ADSORBENT INJECTION IN A 300MW CIRCULATING
FLUIDIZED BED BOILER

Yanjun Zuo, Xiaoshuo Liu, Haiyang Li, Yuging Wang, Yufeng Duan*.......
VERTICAL MIXING OF SOLIDS IN BINARY BEDS-ANALYSIS BY
MAGNETIC SOLIDS TRACING

Azka Rizwana Siddiqui*, Anna Kdhler, Diana Carolina Guio-Pérez, David
Pallares. . ..
MEASUREMENTS OF THE SOLIDS LATERAL FLOW IN THE
TRANSPORT REGION OF A FLUID-DYNAMICALLY DOWN-SCALED
CIRCULATING FLUIDIZED BED

Philip Kjaer Jepsen*, Diana Carolina Guio-Pérez, Marlene Bonmann,
Henrik Strom, David Pallarés..........ccoooeiiiiiiii e,
COMPARISON OF DIFFERENT SIMPLIFIED RISER STRUCTURES IN

Vil

Vi

14

20

28

35

42

48

54
61



A-103

A-119

A-121

A-173

A-174

A-182

THE HIGH DENSITY CIRCULATING FLUIDIZED BED

Mingzhu Lv, Min Wang, Yunpeng Zhao, Xingying Lan, Jinsen Gao,
Xiaogang Shi%.. ...

STUDY ON DRYING CHARACTERISTICS AND REDUCTION KINETICS
OF LATERITE NICKEL ORE

Sigi Zheng, Xiaofang Wang, Guotao Qin, Zhiping Zhu*.........................

NUMERICAL INVESTIGATION OF FLOW AND REACTION BEHAVIORS
IN THE OXIDATIVE COUPLING OF METHANE BASED ON PARTICLE
CLUSTER EFFECT

Sen Wang, Zhenhua Hao*, Yitian Fang............cccoovoviiiiiii i,
INFLUENCE OF HETEROGENEITY OF DENSE-PHASE ZONE ON
ULTRA-LOW NOX EMISSION IN CFB BOILERS

Hongliang Xiao, Hairui Yang, Haiying Qi*.............cccoiiiiiiiiiiii.

EXPERIMENTAL INVESTIGATION OF BED-TO-WALL HEAT
TRANSFER CHARACTERISTICS OF A SOLID AMINE SORBENT IN A
DENSE BED

Chenhuan Xu, Liang Wang, Yiming Zhang, Yongmin Zhang*.................

STUDY ON MOVING BED HEAT EXCHANGERS WITH GRADUALLY
SHRINKING AND EXPANDING TUBE

Zhihan Li, Weiqin Lu, Tuo Zhou*, YongqQi LiU.........c.coooiviiiiiiiiiieenn,

EXPERIMENTAL STUDY OF PARTICLE MOTION AND COLLISION
WITHIN ASH BANDS IN CYCLONE SEPARATORS

He Meng, Jian-Yi Chen*, Ming-Qian Cao, Yao-Dong Wei......................

Session B: Modeling and simulation..............ccccoiiiiiiiiiiiiiicncen,

B-034

B-038

B-044

B-092

DENSITY FUNCTIONAL THEORY STUDY ON THE INFLUENCE
MECHANISM OF HYDROXYL GROUP ON NO REDUCTION OVER
CHAR DURING OXY-FUEL CIRCULATING FLUIDIZED BED
COMBUSTION

Wang Chuanhao, Ge Chen, Li Shiyuan™.................ccooiiiiiiii,
AN INNOVATIVE APPROACH FOR ELECTROMAGNETIC INDUCTION
HEAT STORAGE COUPLED WITH MOVING BED HEAT RELEASE: A
CFD-DEM EXPLORATION

Weiqin Lu, Xueyu Tang, Changhao Ma, Junfu Lyu, Xiwei Ke*, Tuo Zhou*
IMPROVING THE MANAGEMENT OF COMBUSTION BALANCE IN A
CFB BY ADVANCED ANALYTICS

Mika Liukkonen*, Swetha Authilingam, Ari Kettunen.............................
USING DEM TO EVALUATE TRIBOCHARGING AND ELECTROSTATIC
FORCES OF POLARIZABLE PARTICLES IN FLUIDIZED BED

IX

67

73

79

85

91

99

105

106

112

118



B-095

B-101

B-122

B-127

B-133

B-175

B-177

B-200

Maria Giordano, Francesca Orsola Alfano, Francesco Paolo Di Maio,
Alberto Di RENZO™. ... ..
A SELF-ADAPTIVE FITTING ALGORITHM FOR EMMS DRAG USING
ARTIFICIAL NEURAL NETWORK

Bingzhen Zhang, Feifei Song*....... ..o
COARSE GRAINED CFD-DEM SIMULATION OF INDUSTRIAL SCALE
CFB

Zhengquan Li*, Boqun Zhang, Huimin Chen, Yide Wang, Kaixuan Li........
NUMERICAL STUDY OF GAS AND POWDER FLOW
CHARACTERISTICS IN A FILLED BED OF CFETR

Zhengquan Tang, Jian Wang*, Mingzong Liu..............ccooiiiiiiiane.
A COMPREHENSIVE MODEL FOR BIOMASS GASIFICATION IN A
CIRCULATING FLULIDIZED BED USING ASPEN PLUS

Hao Shi, Yaji Huang *, Shuaijie Qi, Huikang Song, Hu Pan.....................
MODELING OF FLOW HYDRODYNAMICS IN A NOVEL CIRCULATING
TURBULENT FLUIDIZED BED

Xu Li, Wenbin Li*, Zhongli Tang, Donghui Zhang...............ccccooiiiiiiinin.
REGULATION MECHANISM OF CHEMICAL REACTION FOR COAL
CATALYTIC HYDROGASIFICATION IN FLUIDIZED BED

WeiWel L™, .o
FLOW-REACTION COUPLED MP-PIC SIMULATION IN AN
INDUSTRIAL MTO REGENERATOR

Shiyu Bai, Yongmin Zhang*.........coooiiiiiii e,
HYDRODYNAMIC CHARACTERISTICS OF FRACTAL NANOPARTICLE
AGGLOMERATES ALIGNED STREAMWISE

Niannian Liu, Jinglu Yan........coooii

Session C: Measurements and instrumentation..............cccveeeee....

C-120

C-147

PARTICLE MOVEMENT IN A CIRCULATING FLUIDIZED BED VIA
ELECTRICAL CAPACITANCE VOLUME TOMOGRAPHY AND
PARTICLE IMAGING VELOCIMETRY

Lennard Lindmuiller*, Stefan Heinrich, Jorg Theuerkauf, Yuan Yao, Yi Fan,
Pedram Pakseresht......... ..o,
PARTICLE TRACKING VELOCIMETRY STUDY OF WET PARTICLE
FLOW IN A PSEUDO TWO-DIMENSIONAL FLUIDIZED BED

Zhiyang Ma, Yi Xu, Qiuya Tu, HaigangWang*..............cccooveiiiniinnnn.

Session D: Catalytic reaction and novel reaction process...............

D-017

OPTIMIZING PROCESS PARAMETERS OF CIRCULATING FLUIDIZED

X

124

130

136

142

148

154

161

167

173

179

180

186

192



D-029

D-075

BED REACTOR FOR DME CARBONYLATION TO MA REACTION
UTILIZING FER CATALYST

Ji Young Nam, Ji Yong Kim, Jong Wook Bae, Dong Hyun Lee*...............
CO-REDUCTION OF HEMATITE BY COCONUT SHELL CHARCOAL
AND HYDROGEN IN FLUIDIZED BED

Jiehan Zhang, Shiyuan Li*, Linwei Wang.............ccooviiiiiiiiiiiieeien,
CIRCULATING EXPERIMENTS ON CATALYTIC CHARACTERISTICS
OF IRON-RICH FLY ASH UNDER BIOMASS-VOLATILE-FIRED
FLUIDIZED BED CONDITIONS

Bingjun Du, Yuchen Ma, Weiqin Lu, Xueyu Tang, Junfu Lyu, Xiwei Ke*....

Session E: Combustion, pyrolysis and gasification......................

E-007

E-011

E-033

E-035

E-043

E-046

E-057

NUMERICAL SIMULATION OF TAR CONVERSION PROCESS IN
BIOMASS FLUIDIZED BED GASIFICATION BASED ON MP-PIC
METHOD

Chun Wang, Qi Chen, Haiping Yang, Yingquan Chen, Hanping Chen,
Xianhua Wang™. ...
ESTIMATION OF BED DRAINAGE DISCHARGE TO PREVENT
AGGLOMERATION BASED ON EXPERIMENTAL DATA AND
CALCULATIONS OF CHANGES IN POTASSIUM CONTENT IN THE
BED

Georgy Ryabov*, Dmitriy Litun, Oleg Folomeev, Elena Shorina...............
SLUDGE ASH PERFORMANCE OF OXYGEN-CARRYING AND
CATALYSIS ON WET SLUDGE GASIFICATION

Sheng Yao, Kun Wang, Peng Ni, Xiaoying Yuan, Yusheng Zhang, Cuiping

ON THE MECHANICAL STABILITY OF BIOMASS PELLETS WITH
DIFFERENT INITIAL DENSITIES AFTER FLUIDIZED BED PYROLYSIS
Abdullah Sadeq*, Shen Wang, Marian Schmitt1, Hannah Sophia Rothberg,
Swantje Pietsch-Braune, Stefan Heinrich..................ocon
REACTION KINETICS OF BIOGENIC FUEL FOR CHEMICAL LOOPING
Marian Schmitt*, Lennard Lindmidiller, Stefan Heinrich...........................
CHARACTERISTICS OF GLASS FIBERS AND CARBON FIBERS
RECOVERED FROM SCRAP WIND TURBINE BLADES BY CFB
TECHNOLOGY

Siyang Yan, Lei Feng1, Senxiang Liu, Wenhui Zhao, Suxia Ma, Ruixue

FOULING AND CORROSION IN RETROFIT CFB WITH INCREASING
SHARE OF WASTE

X

193

199

205

214

215

222

228

234

240

246



E-065

E-067

E-082

E-090

E-096

E-107

E-123

E-141

Kyosti Vanska*, Emmi Kallio, Marcin Kost, Alexander Kuhn, Jochen
Stréhle, Bernd Epple, Vesna BariSi€.........cooooiiiiiiiiiii e
GASIFICATION OF SEWAGE SLUDGE SAMPLES |IN THE
LABORATORY SCALE BUBBLING FLUIDIZED BED

Yermakhan Gabdulkarimuly, Sultan Ybray, Dhawal Shah, Michal Jeremias,
Yerbol SarbassoV..... ..o
SIGNIFICANCE OF THE GAS RELEASE ON THE MIXING OF LARGER
PARTICLES IN BUBBLING FLUIDIZED BEDS

Azka Rizwana Siddiqui*, Jing Shi, Anna Kohler, Diana Carolina Guio-
Pérez, David Pallar€s.........c.coiiiiii e
ALTERNATIVE BED MATERIALS FOR HIGH ALKALI FUELS AND
TORREFACTION OF BIOMASS: DOES IT REDUCE THE RISKS OF
FUEL ASH SLAGGING, BED AGGLOMERATION, FOULING AND
CORROSION IN COMBUSTION?

Dmitry Klimov*, Sergey Kuzmin, Oleg Milovanov, Sergey Grigoriev,

Artem Ryzhenkov, Vadim Kokh-Tatarenko................ccoocoiiiiiiiin,
THE RELATIONSHIP BETWEEN SOLID CHARACTERISTICS AND
SEGREGATION IN A TERNARY FLUIDIZED BED FOR THE
GASIFICATION OF A WASTE OF THE OLIVE OIL INDUSTRY

Rossella Girimonte*, Daniele Sofia.............cooiiiiii i,
EFFECT OF PREHEATING MODIFICATION UNIT AIR EQUIVALENT
RATION ON COMBUSTION AND NOX EMISSION IN CIRCULATING
FLUIDIZED BED

Zihua Tang, Guoliang Song*, Weijian Song, Haiyang Wang, Yi Han.........
EXPERIMENTAL STUDY ON THE CO-PRODUCTION OF GAS AND
CHAR DURING THE PARTIAL GASIFICATION OF BIOMASS IN A
BENCH-SCALE CIRCULATING FLUIDIZED BED GASIFIER

Xinyu Yuan, Zhiping Zhu*, Xiaobin Qi*,Xiaofang Wang, Chen Chen.........
STEAM/OXYGEN BIOMASS GASIFICATION IN A PILOT TWOSTAGE
FLUIDIZED BED GASIFIER

Long Cheng, Lei Zhang, Ruixu Wang, Junnan Chao, Sahand Nekoeian,
Nazanin Charchi Aghdam, Zhijie Fu, Xiaoyang Wei, Milad Taghavivand,
Shida Liu, Haiyan Wang, Jing He, Jiantao Li, Yang Liu, Markus Hughes,
Yumeng Zhang, Bhavya Nagda, Maria Cortazar, Gorka Elordi, Suarez
Cardona, Mayra Alejandra, Leire Olazar Barona, Santiago Orozco
Hernandez, Jan Becker, Antoine Escudie, Chunbao Zhou, Zhangke Ma,
Shoushi Bo, Kevin Smith, Naoko Ellis, Robert Legros, Wenli Duo, Jim Lim,
Xiaotao Bi*. ...
EXPERIMENTAL INVESTIGATION INTO THE EFFECT OF BED
TEMPERATURE AND ATMOSPHERE AND THE ROLE OF CHAR ON

Xl

251

257

266

272

278

284

290

296



E-143

E-145

E-163

E-203

THE QUARTZ PARTICLE AGGLOMERATION IN A BFB

Xiaofei Long, Jianbi Li*, Shengqi Yuan, Lin Mei, Xiaofeng Lu, Tao Yan,
DONGKE ZNang. .....oueiiii
BIOMASS AND WASTE VALORIZATION VIA ADVANCED DUAL
FLUIDIZED BED GASIFICATION

Miriam Huber, Florian Benedikt*, Daniel Hochstoger, Katharina Fiirsatz,
Matthias Binder, Matthias Kuba, Christoph Pfeifer, Tobias Proéll, Thomas
Karl Hannl. . ...
SURFACE ADJUSTMENT OF BIOCHAR BY CO2 GASIFICATION
UNDER FIXED AND FLUIDIZED BED CONDITIONS

Florian J. Muller*, Camila Rodriguez M., Eugen Schéfbanker, Franz Winter
VOLATILE RELEASING AND IGNITION DURING OXY-COMBUSTION
IN FLUIDIZED BED

Chaoran Li, Tong Wang, Man Zhang, Tuo Zhou, Hairui Yang*................
02-RICH GASIFICATION OF BIOMASS MIXING A SMALL AMOUNT OF
COAL IN A TWO-STAGE CIRCULATING FLUIDIZED BED GASIFIER
PRODUCING H-RICH AND LOW-TAR SYNGAS

Chao Wang, Hanyang Li, Mengjuan Zhang*, Zhennan Han, Xin Jia,

GUANGWEN XU™ ..ottt e e e e e es

Session F: Looping and energy storage processes............ccceevueue

F-010

F-051

F-052

F-058

F-077

MODELLING-BASED PROOF-OF-CONCEPT FOR Ca(OH)2-
ENHANCED CO: CAPTURE IN A CALCIUM LOOPING PROCESS
Markus Secomandi*, Borja Arias, Markku Nikku, Kari Mydhanen, Jouni
RIVaNeN. ..
CALCIUM LOOPING TO DECARBONIZE CO2-INTENSE INDUSTRIES
WITH ADDED REVENUE STREAMS

Martin Haaf*, Ari Kettunen, Edgardo Coda Zabetta..............................
A DYNAMICALLY OPERATED DUAL CFB CAL TAILORED
FORCARBON CAPTURE OF FUTURE IRON & STEEL INDUSTRIES-
DEVELOPMENT AND MODEL INVESTIGATION

Ari Kettunen®, Martin Haaf, Malin Blomqvist, Magnus Lundqvist, Eemeli
Anetjarvi, Jouni Ritvanen........ ..o
REACTION CHARACTERISTICS BETWEEN MODIFIED PEROVSKITE
OXYGEN CARRIER AND METHANE MEASURED USING MICRO-
FLUIDIZED BED THERMOGRAVIMETRIC ANALYSIS COUPLED WITH
MASS SPECTROMETER

Yang Wang, Qiran Geng, Dan Li, Zhenshan Li*......................ooi
CHEMICAL LOOPING CO2 CAPTURE AND CATALYTIC

Xl

302

312

318

326

332

338

339

345

351

357



F-078

METHANATION OVER DUAL FUNCTION MATERIALS IN A TWIN
FLUIDIZED BED REACTOR

Fiorella Massa, Antonio Coppola, Stefano Cimino, Fabrizio Scala*...........
THE BEHAVIOR OF DIFFERENT LIMESTONES FOR SORPTION
ENHANCED GASIFICATION IN PRESENCE OF STEAM IN A
LABSCALE TWIN FLUIDIZED BED SYSTEM

Fiorella Massa, Antonio Coppola, Fabio Montagnaro, Fabrizio Scala*.......

Session G: Fine particle and nano-particle systems.......................

G-014

G-109

G-146

G-164

OPTIMIZATION OF DUST HOLDING CAPACITY OF HIGH EFFICIENCY
FILTER MEDIA IN HIGH DUST ENVIRONMENT

Wenhan Yu, Feng Chen*, Minghua Li, Haiyu Cao, Xiaolin Wu, Zhongli Ji...
JET ASISSTED FLUIDIZED BED PRODUCTION OF BATTERY HETERO
AGGREGATES WITH STRUCTURAL ANALYSIS

Zhi Cheng Hua*, Robert Krauter, Stefan Heinrich.................................
ATOMIC LAYER DEPOSITION ULTRATHIN AMORPHOUS TIO2 FILM
IN A FLUIDIZED BED REACTOR FOR IMPROVING THE
WEATHERABILITY OF TIO2 PIGMENT

Jing Guo*, Bingkang Niu, Huifang Lou, Zhengyi Chao, Youzi Liu.............
EFFICIENT POWDER REUSE IN SELECTIVE LASER SINTERING
PROCESS VIA FLUIDIZED BED SYSTEM

Daniele Sofia*, Rossella Girimonte...........ccociiiiiiiiii e,

Session H: Industrial experience and application...........................

H-K4

H-081

H-086

H-139

FLASH CALCINATION OF MAGNESITE IN TRANSPORT BED:
REACTION CHARACTERIZATION AND INDUSTRIAL APPLICATION
Zhennan Han, Ping An, Xuejing Liu, Guangwen Xu*...............coovveienenn.
BIOCHAR PRODUCTION IN LARGE-SCALE DUAL FLUIDIZED BED-
MIXING AND CHAR PROPERTIES

Diana Carolina Guio-Pérez*, Anna Koéhler, Eduardo Arango, Julian Keller,
Kentaro Umeki, David Pallarés..............coooiiiiiiiiiiiie,
THE PARTICLE SYSTEM CHALLENGES FOR CALCIUM LOOPING
PROCESS: REVIEW AND FUTURE RESEARCH DIRECTIONS

Yijun Liu*, Zhanmin Yang, Fangjun Wang, Wenguo Xiang*, Yanyan Wang,
Huafang Yang. ...
ADDRESSING THERMAL INERTIA AND INCREASING LOADBEARING
CAPACITY IN CFB BOILERS THROUGH NOVEL ANTIWEAR DEVICE
IMPLEMENTATION

Xiannan Hu, Tong Wang, Haowen Wu, Hairui Yang*, Xin Liu, Qiuyu Tang

XV

363

369

375

376

383

390

396

402

403

409

415

438



H-151

H-201

H-202

TECHNICAL SCHEME OF ULTRA-SUPERCRITICAL CFB BOILER
WITH DEEP PEAKING CHARACTERISTICS

Junfeng Wang, Xiwei Ke*,Gang Wang, Xin Guo, Wang Yu, Xiaoguo Jiang,
JUNTU LY UL o
INVESTIGATION OF COMBUSTION CHARACTERISTICS OF LIGNITE
IN CIRCULATING FLUIDIZED BED

Liu Xinglei*, Wei Geng, Li Weicheng, Lin Shanhu, Guo Qiang, Zhou Qi, Nie

DESIGN OF A NEW TYPE OF CFB BOILER BURNING THE HIGH
ALKALI AND HIGH CHLORINE COAL

Yuping Li, Qigang Deng*, Meng Dong, Min Huang, Lixiao Wei, Binbin Qiu,
HU Su, Jiayi LU. .o

XV

444

452



Session A:
Dynamics, heat and mass transfer

of gas-solid flow



CALCULATION OF SHORT-CIRCUIT FLOW RATE IN A GAS
CYCLONE
Shiwei Yuan, Guogang Sun*, Gang Cao, Yunpeng Yue, Yingyi Wu

College of Mechanical and Transportation Engineering, China University of Petroleum,
Beijing 102249, PR China

18 Fuxue Road, Changping, Beijing 102249, P. R. China
*Email: sunguogang@cup.edu.cn

Abstract

Short-circuit flow is an important indicator for evaluating the performance of a
cyclone separator. In this paper, a new short-circuit flow calculation method is
proposed through numerical simulation. Based on the response surface method,
the short-circuit flow rate in the cyclone separator was analyzed under different
inlet velocity V;, inlet cross-section coefficient KA, and vortex finder diameter Der,
and the effects of the three parameters on the short-circuit flow rate and the
interactions among the parameters were comprehensively investigated. The
formula for short-circuit flow rate was also obtained according to the Design-
Expert software, which was examined and shown to be accurate. It can provide a
reference basis for the optimized design of cyclone separators.

Key words: Cyclone separator; Short-circuit flow rate; Numerical simulation
1. Introduction

Circulating fluidized beds (CFBs) are versatile in industrial use and favored for handling
materials and waste due to their efficiency. Cyclone separators within CFB systems play a
crucial role in particle-gas separation, impacting system stability and performance. Short-
circuit flow is a common type of local secondary flow in cyclone separators, often carrying
small particle sizes that escape, thereby reducing separation efficiency ['-?l. Therefore, the
magnitude of the short-circuit flow rate also becomes an important indicator for evaluating
separation performance 1.

Although the concept of short-circuit flow has a clear physical meaning, it lacks an
accurate mathematical description. In existing literature, due to differences in understanding
short-circuit flow, there are variations in the methods used to calculate it. For example, Qian
[ calculates the short-circuit flow of the separator by taking the difference between the
downward flow at a position 0.002m below the inlet of the vortex finder and the total inlet flow.
Fu Bl divides a circular ring based on the inflection points of the radial flow's centripetal and
centrifugal trends, considering the downward flow within this ring as the short-circuit flow of
the separator. Different calculation methods also lead to different results for short-circuit flow,
even contradictory ones. Moreover, due to the complexity of the short-circuit flow concept and
the difficulty in measurement and calculation, there is currently no quantitative expression for
calculating short-circuit flow in research.

To this end, this study proposes a novel method for calculating short-circuit flow based
on variations in the flow field. Furthermore, the impacts of the riser diameter ratio (Der), inlet
area coefficient (KA), and inlet velocity (Vi) on the short-circuit flow inside cyclone separators
were investigated using the response surface methodology. A regression analysis was
conducted to derive a formula for calculating the short-circuit flow rate. The aim is to provide
assistance for the development and structural optimization of cyclone separators in
engineering applications.

2. Methodology of the study
2.1 Geometrical of cyclone separators



The cyclone separator used in this study is a typical Stairmand type and is represented
in Figure 1. The primary dimensions of the model are listed in Table 1.
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Fig. 1 Geometrical model of cyclone separator Fig. 2 Vertical lines located on the CS surface
Table 1. Cyclone separator geometry (Unit: mm)

a b D De Dc S Hi  Hz Hs
105/85/73 42/34/29 150 40/66/93 60 105/85/73 300 300 600
2.2 Numerical Simulation Settings

This study chooses to use LES for computing the flow field within the cyclone separator.
The pressure-velocity coupling scheme used the PRESTO! method, and the turbulent
diffusion scheme employed QUICK. The algorithm implemented was SIMPLEC. Unsteady-
state simulations were performed with a time step of 0.0001 seconds 671, In this computation,
a velocity inlet boundary condition was applied. The outlet boundary condition was set as
outflow. All walls were modeled as no-slip boundaries. The medium considered was air,
characterized by a density of 1.225 kg/m? and a viscosity of 1.7894x10-° Pa-S.

3. Results and discussion
3.1 Calculation of short-circuit flow rate

In this study, we propose a novel method for short-circuit flow calculation based on the
radial velocity changes near the inlet of the vortex finder. To illustrate this method, we provide
a brief introduction using the example of a separator with KA=8 and Der=0.25 at V=20 m/s.

The short-circuit flow refers to the escaping airflow near the inlet of the vortex finder. By
identifying the short-circuit region on the interface and integrating the radial velocity, the radial
inflow rate in the short-circuit region can be determined. In this study, the circumferential
surface (CS surface) is used as the interface between the inner and outer swirling flows [,
Four vertical lines located at 0°, 90°, 180°, and 270° on the underside of the separator's vortex
finder are employed to determine the axial positions corresponding to the short-circuit region,
as depicted in Fig. 2.

The radial velocity variations along four vertical lines are shown in Fig. 3. Fig. 3(a)
provides a magnified view of the region enclosed by the red dashed box in Fig. 3(A). The
separator is divided into centripetal and centrifugal flow regions based on the negative and
positive radial velocities, respectively. A significant difference in radial velocity can be
observed near the inlet of the vortex finder and the cylindrical section due to the occurrence
of short-circuit flow. Initially, there is a large centripetal radial velocity at the inlet of the vortex
finder, up to 30m/s. This indicates that the flow in this region is centripetal, and the short-circuit
phenomenon is more pronounced here. Subsequently, the centripetal radial velocities along
the four vertical lines gradually decrease. Some lines have transitioned from centripetal to



centrifugal flow, indicating a diminishing impact of short-circuit flow on the flow field. This trend
continues until the centripetal radial velocities along all four lines reach turning points and
cease to decrease, signifying that the radial velocities are no longer influenced by the short-
circuit flow phenomenon. The axial interval from the turning point position to the inlet of the
vortex finder is where the short-circuit flow occurs in the corresponding axial interval position,
as shown by the black dashed line in Fig. 5(a).
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(a)  Inlet of the vortex finder
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Fig. 3 Radial velocity distribution on the CS surface Fig. 4 Short-circuit flow regions in cyclone

Using the Create/lso-clip function in Fluent software, the region at the CS surface with
negative radial velocity corresponding to the mentioned axial interval position was clipped.
This region represents the occurrence of short-circuit flow, as shown by the red area in Fig.4.
The short-circuit flow occurrence region is not a complete cylindrical surface, which differs
significantly from the traditional radial velocity method (the traditional radial velocity method
assumes that the short-circuit flow region is a complete cylindrical surface [¥!). To determine
the integration of the short-circuit flow region with respect to radial velocity, the
Reports/Surface Integrals function in Fluent software can be utilized. Upon calculation, the
radial inflow for this cyclone separator is determined to be 0.007369 m?3/s.

The calculated radial inflow rate for the short-circuit region is the sum of the short-circuit
flow rate and the radial seepage flow rate ['%l. Therefore, to calculate the short-circuit flow rate,
it is necessary to subtract the radial seepage flow rate from the total radial inflow rate. Fig. 5
illustrates the downward flow rate calculated averaged over the cross section at different axial
positions (heights) of the cyclone separator. Using Origin software, a fitting was performed for
the downward flow rate of the separator, as shown in Eq. (1). The fitted formula allows for the
prediction of the radial seepage flow rate in the short-circuit region of the separator as
0.000549 m3/s. Consequently, by subtracting the predicted radial seepage flow rate from the
total radial inflow rate in the short-circuit region, the short-circuit flow rate can be determined,
accounting for 16.12% of the total inlet flow.
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Fig.5 Downward flow of the cyclone

y =0.06962+(8.55176x10 ) x 1)

where, x is the axial position, mm; y is the downward flow rate corresponding to the axial position,
m3/s.

3.2 Design of the response surface methodology

In this paper, a three-factor, three-level simulation test was conducted using the principle
of Box-Behnken experimental design, with the factors and levels outlined in Table 2.



Table 2. Box-Behnken Design Factors and Levels

Levels Factors
Inlet area coefficient dimensionless vortex finder diameter inlet velocity
KA Der Vi/ (m/s)
-1 4 0.25 10
0 6 0.42 20
1 8 0.60 30

3.3 Regression modeling and accuracy validation

This study employed Design-Expert to obtain a multivariate quadratic regression equation
for the short-circuit flow rate within the cyclone separator, as represented by Equation (2). To
evaluate the accuracy of the regression model, simulations were conducted on a set of cyclone
separators with structural parameters KA=5.5 and Der=0.4. These simulations were
performed at two different inlet velocities, namely 15m/s and 25m/s. The simulated results
were then compared with the predictions made by the model, as shown in Table 3. The results
indicate that although the model predictions tend to be slightly higher, the absolute errors are
all within 4%. Based on these findings, it can be concluded that the model demonstrates strong
predictive capability.

Qsort_circuiing = —40.57 +3.34KA +219.36D,, +1.95V, - 7.35KAD,, 2)
—-0.39V,KA+0.77V,D,, +0.25KA* =169.99D,* + 0.0068V,’

Table 3. Comparison of model prediction results with simulation results

Vi/(m/s) KA Der Model prediction Simulation absolute
results results errors
15 5.5 0.4 32.93% 29.86% 3.07%
25 5.5 04 36.81% 33.85% 2.96%

3.4 Analysis of the impact of the main factors

Fig. 6 presents the results of the sensitivity analysis conducted on the main factors
influencing the short-circuit flow rate. The horizontal axis represents the normalized level
coding of each influencing parameter, while the vertical axis represents the average value of
'short-circuit flow rate ' corresponding to the coding. KA exhibits the most significant impact on
the short-circuit flow rate, decreasing as KA increases, aligning with improved separation
efficiency at higher KA values. Elsayed "' found in their study that increasing KA reduces the
velocity near the inlet of the vortex finder, decreasing the short-circuit flow rate, and thereby
improving separation efficiency. Wu ['? obtained similar experimental results by measuring the
separator flow field. There is a significant positive correlation between short-circuit flow rate
and Der, consistent with previous research ['3l. When Der decreases, the inlet area of the
vortex finder shrinks, increasing the tangential velocity and impeding airflow escape near the
inlet of the vortex finder, consequently reducing the short-circuit flow rate and improving
separation efficiency. Additionally, there is a significant positive correlation between short-
circuit flow rate and Vi. As the inlet velocity increases, the total inlet air volume increases,
proportionally amplifying the tangential and radial velocities in the separator. However, the
relative amount of gas escaping from the short-circuit flow also increases, consistent with the
results of Dong ' in their study. Thus, maintaining a moderate V; and considering increasing
KA or reducing Der are crucial in cyclone separator design to effectively diminish short-circuit
flow and enhance separation performance.
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Fig. 6 Analysis of factors affecting short-circuit flow rate
3.5 Analysis of the interaction of factors

Using response surface methodology and the regression equation, contour plots and
response surface plots were generated as shown in Fig. 7, providing a more intuitive
representation of the interaction effects of the pairwise factors KA, V;, and Der on short-circuit
flow rate. From Figs. 7(a) and (b), it is observed that when KA is large, increasing Der leads
to a rapid increase in short-circuit flow rate in the separator; conversely, when KA is small, the
increase in Der results in a slower growth rate of short-circuit flow rate. Figs. 7(c) and (d) reveal
that when KA is small, increasing V; results in a gradual increase in short-circuit flow rate,
while when KA is large, increasing V; leads to a gradual decrease in short-circuit flow rate.
Similarly, Figs. 7(e) and (f) demonstrate that when Der is small, increasing Vi results in a slow
growth rate of short-circuit flow rate, whereas when Der is large, increasing Vi leads to a faster
growth rate of short-circuit flow rate. These findings indicate that the pairwise interactions
between KA, Der, and V; in the cyclone separator have a relatively strong impact on short-
circuit flow rate. Therefore, when considering the influence of one factor on short-circuit flow
rate, it is essential to take into account the values of the other two parameters.

Short-cireuit flow
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Fig. 7 Effect of factor interactions on short-circuit flow rate
4. Conclusion

In this study, a novel method for calculating short-circuit flow rate is proposed through
numerical simulation. Utilizing response surface methodology, the comprehensive effects of



the inlet area coefficient (KA), dimensionless vortex finder diameter (Der), and inlet velocity
(Vi) on short-circuit flow rate were investigated. The results obtained are as follows:

(1) A novel method for calculating short-circuit flow rate is introduced in this research.
This method accurately delineates the short-circuit and non-short-circuit regions based on the
variations in radial velocity at different orientations near the inlet of the vortex finder.
Importantly, it eliminates the influence of radial seepage on the short-circuit flow rate.

(2) Regression equations for the short-circuit flow rate in relation to KA, Der, and Viwere
established using response surface methodology. The formula was verified to have a small
error, providing a valuable reference for the optimized design of cyclone separators.

(3) Main factor analysis revealed a significant negative correlation between short-circuit
flow in the cyclone separator and KA, while positive correlations were observed with Der and
Vi. The interaction analysis showed a strong interaction between the effects on the short-circuit
flow rate in KA, Der, and V..
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Abstract

Spiral guide vanes are often used to improve the collection efficiency of cyclones,
but they are closely related to the parameter variables of the guide vanes. This
study conducted multi-objective optimization of the guide vanes in the spiral-roof
(SR) separator to obtain the most suitable geometric structure to improve
performance. First, numerical experiments were designed using the Box-Behnken
method in the response surface (RSM) for the pitch (L), number of turns (N), and
side wall gap (I). Secondly, the significance regression model of efficiency and
pressure drop was obtained through variance analysis. Finally, a multi-objective
genetic algorithm was used to find the optimal performance solution based on a
well-constructed fitness function. The results show that compared with the SR
separator, the optimal structure finally selected reduces the cutting particle size of
the separator by approximately 54.8%. The optimal geometry of the spiral guide
vanes obtained can be used as an effective reference for the factory, providing a
comprehensive and effective design strategy.

1. Introduction

Cyclone separator is a common gas-solid separation equipment in various industrial
processes. It has the advantages of a simple structure, convenient maintenance, and high
collection efficiency. In order to improve the efficiency or reduce the pressure drop of cyclone
separators, a large amount of basic research and technological development work has been
carried out, which has continuously improved the performance of cyclone separators ['-3l,
Research has shown that correctly setting spiral guide vanes in a conventional cyclone
separator can effectively improve flow field distribution, increase swirl stability, and pre-
separate dust particles, thereby improving the separation performance of the cyclone
separator * 5. However, since the performance of the cyclone separator is closely related to
the structural variations of the spiral guide vanes, the design of the dimensional parameters
of the guide vanes is a key factor in the efficient operation of the equipment.

Previous researches have been conducted to explore the effect of guide vane structure
on the performance of cyclone separators. Tsai et al. ! and Gong et al. ["l conducted
experimental and simulation analysis on the axial flow cyclone with guide vane, and the results
showed that the efficiency decreases as the particle size decreases. When the particle size is
about 1 ym, the separator is no longer suitable. Therefore, Li et al. ® further studied the
separator with a radial inlet. It is found that the pressure drop increases with the number of
vane turns, and 1.5 turns is the optimal number of turns. For spiral guide vanes with different
numbers of turns, Zhou et al. ! found that there is a critical value for guide vane turns. When
the number of guide vane turns is below or above this value, the collection efficiency, pressure
drop, and tangential velocity increase significantly. However, the height of the separator is
significantly increased compared to the baseline separator. Contrary to their work,
Dehdarinejad et al. ! further analyzed the impact of variable pitch guide vanes with different
turns on the separator performance. It is found that when the number of spiral turns is constant,
the collection efficiency increases with the decrease of pitch length. At the same time, after
the separator is equipped with spiral guide vanes, the collection efficiency of particles with a
particle size less than 2 um is improved. However, its pressure drop has increased several
times compared with the baseline structure. Taken together, a flat-roof separator equipped
with spiral guide vanes cannot achieve a significant improvement in efficiency while ensuring



a certain pressure drop. Therefore, on the basis of ensuring its collection efficiency, reducing
the pressure drop of the equipment is still an area that needs improvement urgently. Misiulia
et al. ['% " conducted a comparative analysis on spiral-roof and flat-roof separators under the
same gas volume, and the results showed that the pressure drop of the spiral-roof separator
was lower. Karadeniz et al. ['? also conducted experimental studies on flat-roof and spiral-roof
separators. It was found that the efficiency of the spiral-roof separator was reduced, but the
pressure drop was reduced by more than 30%. Compared with flat-roof separators, spiral-roof
separators have lower pressure drops. However, the spiral-roof separator has the
performance disadvantage of reduced efficiency, so improving its collection efficiency is a
more meaningful issue.

To this end, we combined a genetic algorithm (GA) with computational fluid dynamics
(CFD) to conduct multi-objective optimization of the spiral guide vanes in the SR separator. In
our study, we aimed to find the most suitable geometric dimensions of the spiral guide vanes
to achieve minimum pressure and maximum collection efficiency of the cyclone separator.
The optimal solution of the spiral guide vanes can be used as an effective reference for factory
design. We only need to make minor changes to the structure of the spiral guide vanes to
obtain considerable performance improvements.

2. Setting
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2.1 Geometric structure

The cyclone separator used in this study is based on the spiral-roof (SR) cyclone
separator equipped with spiral guide vanes, with a main body diameter of 300 mm, as shown
in Fig. 1. It shows the three-dimensional model and geometric dimensions of the separator
used for the simulation. According to previous research ¥, it has been concluded that when
the number of spiral guide vane turns is greater than 2, it has better performance. At the same
time, the pitch is an important factor that determines the performance of the separator. If the
pitch is too small, the pressure drop will be several times higher than that of the baseline
structure #31. In order to further reduce the pressure drop and at the same time provide a
downward path for the particles concentrated at the side wall, we introduce the parameter of
the side wall clearance (l). The three design parameters of pitch (L), number of spiral turns
(N), and side wall clearance (l) are considered together to achieve the most appropriate
geometric configuration of the spiral guide vanes.

2.2 Numerical simulation

The flow field in the cyclone separator is a strong cyclone flow field. From the perspective
of economy and accuracy, the Reynolds stress model is currently considered the most suitable



for the simulation of cyclone separators ['314], |n this study, the inlet boundary condition is set
to velocity inlet, the medium is air at normal temperature and pressure, the density is
1.225kg/m3, and the viscosity is 1.79x10-° Pa-s. The outlet boundary condition is the pressure
outlet, there is no slip on the wall, and the standard wall function is used for the near-wall grid.
The gas phase flow field is solved using QUICK differential format and the SIMPLEC algorithm.

2.3 Mesh division

Meshing software is used to establish the structural calculation grid of the cyclone
separator. In order to ensure the accuracy of numerical simulation, four grid results were
generated for the SR cyclone separator under the same operation. When the number of grids
is greater than 414635, the performance is not affected by the number of grids. Therefore, the
minimum size of the subsequently selected grid is 0.5mm, and the maximum size is 7mm.

2.4 Optimization method

In the Design-expert design platform, multi-objective optimization of the spiral guide
vanes of the cyclone separator was carried out by combining RSM and NSGA Il. The overall
optimization process flow is shown in Fig. 2

The value range of the design variables is shown in Table 1.

Table 1 Design factors and levels in Box-Behnken

Factor
Level
A. Pitch L/mm B. Numberof turns N C. side wall clearance I/mm
-1 110 2 2
0 130 2.5 4
1 150 3 6

3 Results and discussion
3.1 Establishment of response equation

The RSM was used to analyze the influence of the three parameters of the spiral guide
vanes: pitch (L), number of turns (N), and side wall clearance (l) on the performance of the
separator. Collection efficiency “n” and pressure drop “AP” are used to evaluate the separation
performance of the cyclone separator. Therefore, collection efficiency and pressure drop were

selected as optimization target variables.

G
=—-x100% 1
=g M

AP =P, =R, @)

Before applying the RSM, a Box-Behnken Design (BBD) matrix was carried to arrange
the required simulation with several combinations of independent variables. The designed
matrix consists of 14 factor points and 3 additional repeat points. The simulation results of
pressure drop and efficiency were further analyzed.

The multiple regression model between fitting efficiency and independent variables is
performed through the least square method (LSM). In order to discuss the interaction between
various factors, the final fitting formula is as follows:

17 =92.242—-0.087L +8.625N —0.886l +0.048LN +2.5E —

)
003LI +0.155NI —2.063E —004L° —2.87N* —0.01561°
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Similarly, a multiple regression model was fitted between pressure drop and independent
variables to discuss the relationship between interactions, as shown in the following equation:

AP =5661.821-84.316L+4477.033N —903.0131 —7.074LN
+6.216L1 —191.758NI +0.206L° —383.415N* +32.267I

3.2 Response surface analysis

“)

Fig. 3 shows the contours and plots of the interaction factors for n. It can be seen from
the figure that the color bands in the projection images of Fig. 3(a) and Fig. 3(b) are almost
parallel. This indicates that there are no interaction effects between L and N, and L and |. The
interaction between N and | is a little more complicated. When 2<<N<2.5, the efficiency
increases with the increase of I; when 2.5<<N<(3, the separation efficiency decreases as the
value of | further increases. Therefore, the efficiency change trend based on N and | has an
interactive effect. The gradient of the color band can also reflect the significance of the factor.
The larger the gradient, the higher the significance of the factor. Fig. 3 shows that N has the
most significant effect on n, followed by L and I.

Fig. 4 shows the contours and plots of the interaction factors for AP. The results showed
that all plots showed flat slopes at different angles, which was different from the trend of n.
This phenomenon illustrates the lack of interaction between AP and parameters. In addition,
the pressure drop AP increases with the decrease of L and |, and increases with the increase
of N. Therefore, in order to reduce energy consumption, the pitch and side wall clearance
should be appropriately increased.

e i _q;'_.r/

{a) Land N (b L and / {c)Nand / (a) Land N by Loand / {cyNand /

Fig. 3 Response surface contours of the Fig. 4 Response surface contours of the
interaction factors for n interaction factors for AP

3.3 Optimization results of genetic algorithm

The genetic algorithm NSGA Il is used to perform multi-objective optimization of spiral
guide vanes, and the efficiency and pressure drop regression models obtained by RSM are
used as fitness functions. The mathematical description of multi-objective optimization is:

Minimize: - (L,N,I)

Minimize: AP (L, N, 1)

110<L<150,LeN" (5)
2<N<3,Ne0.IxN"

2<1<6,l €0.1xN"

According to the pitch, number of turns, and side wall clearance, the two conflicting
objective functions (n and AP) were optimized, as shown in Fig. 5. At the same time, designers
can choose from Pareto points according to specific requirements (the fitting function is:

n=-0.58AP* +8.22AP* —43.22AP*> +100.41AP +8.84)
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According to the purpose of low pressure drop and high collection efficiency, the
appropriate optimized structure is selected. Table 2 shows the comparison between multi-
objective optimization results and simulation calculation results. It can be seen that the
difference is small, indicating that the multi-objective optimization results of this article have
high accuracy.

Table 2 Comparison between multi-objective optimization and simulation calculations

Point A Collection efficiency (%) Pressure drop (Pa)
Multi-objective optimization
95.37 2396.1
(L=147mm, N=2.7, [=5.5mm)
Simulation 95.17 2400.61
Difference (%) 0.21 0.19

For the SR separator and the SR separator configured with the optimal spiral guide vane,
the grain efficiency and cut-off size predictions are shown in Fig. 6. Compared with the SR
separator, the cut-off size is reduced by approximately 54.8% after configuring the optimal
guide vane structure.

4 Conclusions

By using CFD, RSM, and GA technologies, this paper conducts multi-objective
optimization of the spiral guide vanes configured in the SR separator. The optimized structure
further enhances the overall performance of the cyclone separator and obtains a Pareto
solution, which can provide a comprehensive design strategy for the guide vane. The
conclusions of this study are as follows:

(1) After configuring spiral guide vanes in the SR cyclone separator, the gas flow rate can
be increased to achieve the purpose of improving efficiency. The pitch (L), number of turns
(N), and side wall clearance (I) have a significant impact on the collection efficiency and
pressure drop of the cyclone separator. At the same time, a scheme for synergistic operation
of L, N and | was proposed.

(2) RSM is used to construct the fitness function between the sampling point and the
design target (pressure drop and collection efficiency). The obtained model can accurately
predict collection efficiency and pressure drop, while efficiency and pressure drop are most
affected by L and N.

(3) The Pareto point is obtained through multi-objective optimization, and the relationship
between collection efficiency and pressure drop is nonlinear. Design parameters close to L =
147 mm, N = 2.7, and | = 5.5 mm are more conducive to obtaining the best performance.
Compared with SR separators, the optimal structure reduces the cutting particle size by 54.8%.
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The Pareto optimal solution obtained can provide a comprehensive and effective design
strategy for spiral guide vanes.
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Abstract

Effect of gas-inlet geometry on hydrodynamics in a small-diameter riser (0.01 m-
i.d. x 3.07 m-high) of circulating fluidized bed with FCC catalysts (d,=77pm,
ps=1813kg/m3) has been determined based on experimental and simulation
results. A particle-fluid dynamics model was established and verified by comparing
with experimental results on hydrodynamics such as axial solids holdup
distribution in the riser. At a constant gas velocity and solid circulation rate, the
solid holdup in the bottom region of riser increased with increases of the area ratio
of gas-nozzle orifice to riser due to decreasing the jet momentum. The solid holdup
increased with increasing the distance between the nozzle orifice and the solid re-
entry (Hn/Hr) by increased down-flow flux of particles to riser bottom. Particle
behavior in bottom region near gas-inlet of nozzle which was difficult to determine
from the experimental result, was investigated through simulation. It was observed
that an increase of Hn/H: resulted in decrease of stagnant zone formed near the
nozzle. The model showed that local particle behavior in bottom region of riser
was affected by the different nozzle geometry. An optimum geometry of gas-inlet
in small-diameter riser was proposed for high solid holdup without stagnant bed.

1. Introduction

Circulating fluidized beds (CFBs) have been employed in numerous gas-solid contacting
processes for continuous catalytic reaction and regeneration such as the fluid catalytic
cracking (FCC) reactors. In the CFB reactors, product selectivity and yield are strongly
dependent upon average solids holdup and their distribution in the riser. The solid holdup
distribution at a given condition is very important for the design of commercial circulating
fluidized bed reactors as well as lab and pilot scale reactors, which are a starting point of the
design for determination of further scale up [1]. The solid holdup distribution of catalyst in the
riser is influenced by particle properties, operating condition and riser geometry [2]. It has been
known that the configuration of gas-injection to the riser significantly affects the hydrodynamics
within the riser, but the results in small-diameter risers with gas nozzle at lab and pilot scale
are comparatively sparse despite their wide application such as catalysts evaluation [3].
Therefore, it is necessary to study the effect of the gas-nozzle geometry on the solid holdup
distribution in the small-diameter riser for the design and the prediction of the gas-solid flow in
the lab scale reactor [4].

Modeling and simulation have become an important tool in the fluidization system design,
optimization, and scale up in the past decades [5]. Approach on computational simulation has
been used as an auxiliary method for the analysis of complex particle behavior, which is hard
to access experimentally in gas-solid fluidized beds. Multi-phase particle in cell (MP-PIC)
method specifically designed for CPFD (computational particle fluid dynamics) simulation has
been applied as an efficient method of simulating large-scale particle system, with a
considerable saving of time and technical and economic resources [6]. In the present study,
the effect of the gas-nozzle geometry on hydrodynamics such as solid holdup distribution and
local solids behavior in the small-diameter riser has been determined based on experimental
and simulation results. Experiments were carried out in a lab-scale CFB cold model, and a
particle-fluid dynamics model was established and applied to investigate particle behavior.
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2. Mathematical Models
2.1 Governing Equations

Barracuda Virtual Reactor 22.0.0 software based on MP-PIC method was used for analysis of
particle behavior on geometry of gas nozzle in the CFB riser. The MP-PIC model uses the
Lagrangian approach to particle phase, while the Eulerian approach or Eulerian-Lagrangian
method applied continuity equations to gas phase. The model is advantageous to reduce the
calculation time for fluidized bed process analysis with complex particle behavior by using the
particle distribution function to track the movement of particle groups [7]. The drag force
between the gas and solid was calculated by EMMS-Yang mod el, which is suitable to
reproduce the multiphase flow interactions in system such as CFB [8]. An overview of the main
governing equation in this study is shown in Table 1.

Table 1. Governing equations for MP-PIC model.

Equation Equation expression
Continuity a(agpg)
+ V- (azp,u om
equation ( 9P g) P
Momentum M +V: (otgpgugug) =—-Vp+F+apg+ V-1,

conservation dug; | dug; Auy
= Hefr

equation —+a—x,) = 5 HereSi e

Gl%":Dp(ug up)——+x+g+

up up
Particle equation
1

. at, ap
of motion X = _p_oca_)(p g1(as) [D(Ug -p) - D(ug -0) - (:p - g) axl]

Particle  collision

10Pg0f JIf fmDdmp,du,dT,

Ty =—— 5 = —
model P T (o) ap)] =
) (0( ) _ 0 if(Xs =0 G = i meuidedupdTp
Acceleration and | 81\%s 1 ifag = o ep P PpasD
contact stress
_ Vp dmy,
F=[ff f{mp [Dp(ug —u,) - E] +u, ?} dm,du,dT,
Energy transfer |Dp = o—& _f
P 2pp(dp/2)2 ¢
between gas and
i 0.5760 + 0.0214 0.74 < g, < 0.82
solid model 180z, (150— 1.75Re) gy < 0.74 : (e, 07463y + 0.0044 7+ =% =0
(drag models) fo=1(1+0. 15Re“87)u) ¢, > 0.74 and Re < 1000 = 0.0038
= —00101+——————— ___ 082<¢, <097
Re + 4(, — 0.7789)% + 0.0040 e
044270 g 2 0.74 and Re > 1000 ~31.8295 + 32.895¢, 097 <gg<1

2. 2 Geometry and operating conditions for CPFD simulation

Experiments were carried out in a lab-scale CFB cold model as shown in Fig.1(a). The
experimental apparatus is consisted of a riser, regenerator, cyclone, slid valve and solid
recycle line. Details for the experiments can be found elsewhere [4]. The CPFD model
simulated entire riser first for validation of solid holdup distribution in the riser, and bottom part
of riser (0.01 mi.d. by 3.0 m height) as in Fig.1(b) was simulated to investigate local particle
behavior around solid re-entry and gas-nozzle. Particle re-injection line from regenerator of
the CFB were simulated; the setting conditions of the solid transfer line were Ug=0.48m/s,
m=0.0095kg/s based on commercial FCC unit condition. Fig.1(c) shows the shapes of gas
nozzle. The area ratio of nozzle orifice to riser (Anw/Ar) was changed from 0.04 to 056. The
distance between the nozzle orifice and the solid re-entry (Hn/Hr) was changed from 0 to 1.

Total number of cells of the cold model was 1,758,315, and the grids was enough for
application of CPFD model used the MP-PIC. The simulated results were calculated in a time
period of 30s. The simulated results of a time period between 20s and 30s were post-
processed for analysis of particle behavior, because steady state of fluidized operation
reaches after 20s [9]. The solid particles of this study were FCC catalyst. The input parameters
and particle properties are report in Table 2.
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Fig. 1. The geometry of (a) CFB cold model, (b) riser and (c) gas-nozzle.

Table 2. Input parameters used in CPFD simulation.

Parameters Numerical Value
Catalyst bulk density 1813 kg/m3
Catalyst particle density 1027 kg/m3
Mean particle diameter 77 um

Gas velocity 4.13 m/s
Gas composition Air

Solid circulation rate 121 kg/m?s
Total number of all cells 1,758,315
Total number of real cells 112,403
Time step 0.001s
Simulation time 30s

3. Result and Discussion
3.1 Axial solid holdup distribution in riser

In this study, CPFD simulations were conducted to investigate the hydrodynamic
characteristics on effect of the geometry of the gas-injection nozzle in a CFB riser, and the
results were compared with experimental data to validate the model. Fig.2 presents the time-
averaged axial solid holdup(es) distribution of the riser by gas-nozzle geometry in the
simulation and experiment at given condition of Ug=4.13m/s and Gs=121kg/m?s. The
experimental values of solid holdups in the riser were obtained from pressure drops along the
height, and calculated from Eq.(1) using gas density (pg) and particle density (ps) values,
assuming that the gas acceleration and the wall fraction were ignored [4].

& = g/[(ps - pg)g] (1)

The solid holdup distribution in the Riser is a typical C-shape that appears in the fast
fluidization regime [10], where solids holdup is high around riser bottom region and remains
low in the middle region. The holdups of particles are high around the riser exit due to the
geometry of abrupt exit with the diameter (D.=0.0089 m) smaller than the riser diameter
(Dr=0.010 m).

As Ann/Ar increased, the solid holdup in bottom region is increased (Fig. 2(a)). At the same
gas volumetric flow rate, an increase in the orifice area of nozzle results in a decrease in jet
velocity, which reduces the jet-momentum per riser area and jet penetration length from the
nozzle [11]. Consequently, the solid holdup increased with increased residence time in bottom
region of particles injected from the solid re-entry due to decreased entrainment by inlet gas.
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The experimental results were compared with simulated results from the MP-PIC model,
incorporating the governing equations from Table 1. The model successfully simulated the C-
shape of the axial solid holdup distribution under given conditions, as shown in Fig. 2. It also
accurately predicted the axial solid holdups in the lower region with variations in the gas-nozzle
diameter and position.

3.2 Effect of gas-nozzle geometry on local solid behavior
3.2.1 Effect on area ratio of nozzle orifice to riser

Fig.3 shows simulated results on average solid holdup in the riser bottom and local solid
holdup at various heights with Anw/Ar at Hv/Hr= 0. A stagnant bed formed near the nozzle as
shown in Fig.3(a), which is not detected through pressure drop measurements, but observed
near the nozzle through a transparent column in experiment. The formation of stagnant zone
is because the bed near nozzle was not affected by jet momentum from the nozzle. As an
Ann/Ar increases from 0.04 to 0.56, the solid holdup in the bottom region of riser increases
due to a reduction in jet momentum from the nozzle by decreased jet velocity from 101 to 6
m/s, which supports the results of Fig. 2(a).

In Fig. 3(b), the stagnant zone is clearly observed at 0.005m near nozzle with Ann/Ar = 0.04
due to narrow jet width, indicating that jet momentum does not affect the stagnant bed around
the nozzle. However, the high gas-jet velocity and long jet penetration length from the nozzle
resulted in low local solid holdup in the center above 0.05 m. The stagnant zone gradually
disappeared with increasing the Ann/Ar, because the jet momentum expanded near the riser
bottom. Interestingly, there is an uneven distribution of solid holdup in the height range of 0.05
—0.20 m at Anv/Ar= 0.30 and 0.56, where higher solid holdups were shown at the direction of
solid re-entry. Jets from nozzles at Ann/Ar= 0.30 and 0.56 have relatively low jet velocity and
gas momentum, which are influenced strongly by the momentum of descending gas-particles
from solid re-entry line, leading to skewed the jet flow from nozzle to the left of the riser. The
effect by solid re-entry was diminished above 0.5m, but core-annulus structure with lower solid
holdup in the center and higher solid holdup near the wall was observed [12]. The core-annulus
structure is due to lower particle velocity near the wall than center by the wall effect, which
appeared stronger in this small-diameter riser as shown in Fig.3(b) [4,13].

The simulation results for the gas velocity profile in the riser bottom region with Ann/Ar are
shown in Fig. 4. It was observed that the higher the Ann/Ar, the lower the jet velocity and jet
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penetration length, and the wider the jet width. With an increase in Anv/Ar, the influence of
momentum by gas-entrained particles from solid re-entry on the nozzle jet increases, causing
skewed jet and ascending gas profile, which explains well the characteristics of the radial solid
holdup distribution at each height in Fig. 3(b).
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Fig. 3. Particle volume fraction (a) of riser bottom (time = 20s), Fig. 4. Effect Ann/Ar of on local gas
(b) at different height in riser with Ann/Ar. velocity in a riser bottom.
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3.2.2 Effect of distance between the nozzle orifice and the solid re-entry

Fig.5 shows simulation results on average solid holdup in the riser bottom and local solid
holdup at various heights with Hy/H: at Ann/Ar =0.04. The stagnant zone formed near the
nozzle below the solids re-entry disappeared with increasing the Hn/H: due to expansion of
the area affected by jet momentum with decreased nozzle-length and widen jet width within
riser (Fig.5(a)). The solids downward flux increased by the weakened jet momentum near solid
re-entry as the gas-injection position was lowered, leading to high solid holdup in the riser
bottom which support the results in Fig. 2(b). The solid behavior in the riser bottom with Hn/H,
could be described well in Fig. 6 on particle velocity vector around gas inlet region. The
stagnant zone disappeared gradually, and particle movement near gas-nozzle became
vigorous with increase of Hn/H.. In the case of Hn/H: =0 where gas-nozzle orifice is located at
the same height of the solid re-entry, the jet from the nozzle did not affect the stagnant zone
around nozzle. Jet at Hy/H; =0.5 and 1.0 diminished the stagnant zone due to shortened nozzle
length within riser, whereas jet momentum reaches weakly at the height of 0.005m, resulting
in high and uneven local solid holdups near the solid re-entry.
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Fig. 5. Particle volume fraction (a) of riser bottom (time = 20s), Fig. 6. Particles velocity vectors on
(b) at different height in riser with Hx/H:r. Hn/Hr in the inlet region.
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Finally, the high Ann/Ar and Hn/H: lead to relatively high and uniform solid holdups of the riser
bottom, and could be beneficial for increased catalyst residence time and improved contact
efficiency.

4. Conclusion

Effect of gas-inlet geometry on hydrodynamics in a small-diameter riser of CFB with FCC
catalysts has been determined based on experimental and simulation results. The MP-PIC
model was used in CPFD simulations to analyze solids behavior in the riser bottom region.
Axial solids holdup distributions predicted by the CPFD model were matched well with
experimental results. The local solids behavior in the riser bottom was dominated by the
geometry of the gas-nozzle. The solids holdup increased as Anw/Ar and Hy/H: increased. The
decrease of Ann/Ar and Hn/H: led to the formation of a stagnant bed near the nozzle. The
injection of recycled solids skewed the path of the rising jet stream and caused uneven local
solid holdups near the solids re-entry. Finally, it was concluded that the condition of
Ann/Ar=0.56 and Hn/H=1.0 is advantageous for high solid holdup without stagnant bed in the
bottom region of the small-diameter riser.
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Abstract

In this paper, the gas-solid flow characteristics in a riser under the
condition of rapid change of fluidizing air volume were studied on a self-
designed CFB cold model test bench. The test results show that when the
air volume changes continuously, the change of particle concentration in
the riser is consistent with the change trend of the fluidizing air volume, but
there is a time delay. There is a positive correlation between the delay time
and the axial height, and the weighted average degree of delay is positively
correlated with the changing rate of the air volume. The results can provide
theoretical basis and engineering application data for CFB boiler to
participate in rapid peak regulation.

Key words: CFB boiler; Rapid peaking; Gas-solid flow; Flow inertia
1. Introduction

Circulating fluidized bed (CFB) combustion technology has developed rapidly in recent
yearsl 2 because of its advantages of wide fuel adaptability®], large peak load
balancing range® and low cost of pollutant controll®l. The policy of carbon reduction,
“carbon peaking and carbon neutrality” has a great impact on the energy production
process in China. The new policy requires the thermal power industry to be able to
peak load more broadly and quickly® "1 to ensure the balance and stability of the power
grid after the increasing number of renewable energy is connected to the grid®l. Among
them, the National Key Research and Development Program require the changing rate
of load of CFB boiler units to reach 3%Pe/min.

In the process of rapid peaking of CFB boiler, theoretically, the ash concentration and
flue gas temperature in the upper part of the furnace can be rapidly adjusted by the
change of the total air volume or the ratio of primary and secondary air, so as to realize
the rapid change of load®. In the regulation process, the uniformity of air and coal
should also be ensured to maintain a low amount of pollutant generation!'® "l and to
enable the normal operation of the pollutant control mechanism in the furnace.
However, when air volume and coal feed volume are adjusted in the process of rapid
peaking, because the movement inertia of bed particles is usually larger than that of
gas, the change of particle concentration lags behind the change of air volume. For
the gas-solid flow state in the furnace, this results in a large difference between the
rapid peaking and the steady state. The problems of increasing pollutant discharge,
fluctuating furnace temperature and fluctuating water parameters in the process of
rapid peaking are brought about. At present, domestic and foreign scholars have fully
studied the CFB boiler's peaking operation in the field of slow peaking!'>'4, while the
research and exploration in the field of rapid peaking are relatively shallow. The gas-
solid concentration distribution and flow pattern in CFB boiler are fully studied in the
field of steady state operation('>'7l, but further exploration is needed in the field of
unsteady state (rapid peaking). To improve the peaking speed of CFB boiler, first of all,
it is necessary to clarify the evolution mechanism of gas solid concentration and flow
state in the furnace during the rapid peaking process, and take this as the core to
adjust the amount of air and coal in the furnace to ensure the uniformity and stability

20



of combustion during the peaking process, so as to achieve a load changing rate of
3%Pe/min or higher. Therefore, in this paper, the gas-solid flow variation
characteristics in CFB riser with rapid changing rate of the fluidizing air volume were
experimentally studied on a cold model test bench.

2. Experimental facilities

The full-loop visual CFB test device used in this research is shown in Fig.1. The
furnace, separator, riser, loop seal and suspended heating surfaces (SHSs) are all
made of plexiglass. The size of the furnace and SHSs should be proportional to that of
a 350 MW supercritical CFB boiler as far as possible, and the specific height and depth
should be reduced by a geometric ratio of about 1:15. At the same time, the actual
arrangement of the SHSs in the furnace should be considered to have better symmetry.
In order to simplify the structure of the test bed, the number of SHSs is taken as one
third of the actual furnace, that is, 6 SHSs.

=}

SHSs

cyclone

‘ i furnace
i : +—t» standpipe

loop seal

Fig.1 Schematic diagram of the small experimental CFB apparatus.

The fluidizing air required during the test is provided by a high-pressure centrifugal fan,
and the loose air and return air required by the return valve are provided by an air
COmpressor.

In order to realize the continuous change of the fluidizing air volume at a certain rate
(1%-6%/min), the automatic air volume control system as shown in Fig.2a and the
automatic air volume control strategy as shown in Fig.2b were developed by ourselves,
so as to realize the real-time detection and continuous change of the fluidizing air
volume in the riser and meet the requirements of the variable air volume test.

Running operation

PC Data display

| amend
: PLC Target air volume
Actual air \'\W
Frequency

Flute changer
pipe l

] measure

Air duet Air
blower

Output air
volume

(a) System scheme (b) Control strategy
Fig.2 Air volume automatic control system

The circulating ash of a 600MW supercritical CFB boiler was used as the bed material,
the apparent density was 1306.06 Kg/m?3, and the true density was 2047.64 Kg/m3.
The maximum particle size and median particle size of the tested bed were 2mm and
125.3 um. The minimum fluidizing velocity (Un=0.38 m/s) of the test bed material was
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obtained from the relationship between the bed pressure drop and the fluidizing wind
speed.

The initial bed material height of this test is 150 mm. The steady-state operation test
under different fluidizing air volume is first conducted, and then the air volume
reduction test under different variable air rate (1, 2, 3, 4, 5, 6% Pe/min) is conducted.
At this time, the air volume is reduced from 100% Pe/min to 40% Pe/min at the selected
rate of change. In the test, the average particle concentration of the riser section was
measured indirectly by the pressure drop method!'® 19, The time delay data of average
particle concentration data and fluidizing air volume data were calculated by cross-
correlation analysis(?%l.

3. Experimental results and analysis

3.1 Typical variation characteristics of bed pressure drop in dense phase region during
rapid air volume reduction

As shown in Fig.3, when the fluidizing air volume is reduced at the rate of 3% Pe/min,
the target air volume, the actual air volume and the bed pressure drop in the middle
and upper part of the dense phase region of the riser change with time.

In Fig.3, when the target air volume is reduced at a rate of 3% Pe/min, the actual
fluidizing air volume measured by the flute is obtained, and its value fluctuates around
the target air volume, indicating that the drop rate of the fluidizing wind speed is in line
with the expectation.

The bed pressure drop in the middle and upper part of the dense phase region is
measured by a differential pressure transmitter, which presents the characteristics of
uniform overall decrease and local fluctuation. This shows that when the fluidizing air
volume of the riser is reduced, the number of particles that are effectively fluidized and
thrown to the middle and upper part of the dense phase region is reduced. In addition,
the change trend of particles in the middle and upper part of the dense phase region
is similar to that of the fluidizing air volume, indicating that the change of the fluidizing
air volume will directly affect the particle concentration in the area above the air
distributor in the riser, and the movement of particles is directly related to the fluidizing
air.

1200

Target fluidizing air volume
Actual fluidizing air volume
Mean bed pressure drop in 160
the middle and upper parts
of the dense phase region

1000

=)

Bed pressure drop(Pa)

800

600

[~

Fluidizing air vol ume(Nm’/h)

400 1o

0 200 100 600 800 1000 1200
Time(s)

Fig.3 Relationship of bed pressure drop with time and air volume in dense phase area

3.2 Time delay characteristics of particle concentration change in the riser when the
fluidizing air volume changes rapidly

3.2.1 Effect of axial height on delay characteristics
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The relationship between the delay time(between the change of average particle
concentration in the section of the riser and the change of air volume) and the axial
height is shown in Fig.4. Fig.4 shows the relationship between the delay time and the
axial height when the change rate of air volume is 5% Pe/min. As can be seen from
Figure 5, the delay time basically increases with the increase of the axial height, but

there is a decreasing area of the delay time at the distance of 2500-3000mm from the
air distributor.

—a— Average

—a— 5%Pe/min

Delay time(s)

0 afo 1006 1500 2000 2500 3000 Sa00

Axial height(mm)
Fig.4 The relationship between delay time and axial height

3.2.2 Effect of change rate of air volume on delay characteristics

The relationship between the delay time(between the change of average particle
concentration and the change of air volume) and the change rate of air volume is
shown in Fig.5. As can be seen from Fig.5, at the axial height 2750 mm, the maximum
delay time is 67 s, and the change rate of air volume is 3% Pe/min. The minimum delay
time is 20s, when the change rate of air volume is 1% Pe/min.

80

I A xial height 2750 mm

Delay time(s)

1%Pe/min  2%Pc/min 3%e/min 4%Pe/min S%Pe/min  B%Pe/mir

Changing rate of the air volume

Fig.5 The relationship of delay time with the change rate of air volume

3.2.3 Effect of change rate of air volume on delay characteristics

In order to further analyze the effect of the change rate of air volume on the delay
characteristics, the degree of time delay and the axial height are dimensionless. Aiming
at the degree of time delay under a certain change rate of air volume, the weighted
average value was calculated with the axial height as the weight, and the calculation
results were shown in Fig.6. When the fluidizing air volume changes at a lower rate,
the weighted average degree of delay in the riser is low. For example, when the air
volume is reduced at a rate of 1% Pe/min, the average degree of delay is only 0.47%.
When the change rate of air volume is high, such as 6% Pe/min, the average degree
of delay reaches 2.91%.

23



Weighted average degree of delay(% Pe)

1%Pe/min  2%Pe/min 3%Po/min 4%Pe/min 5%Pc/min 6%Pe/min

“hanging rate of the air volume
Chang te of th I

Fig.6 The relationship of the degree of time delay with the change rate of air volume

3.4 Research on the mechanism of time delay when the fluidizing air volume changes
rapidly

By analyzing the above test results, the delay time(between the change of average
particle concentration and the change of air volume) can be decomposed into: (1) The
time difference between the change of the average solid bed particle concentration at
the section and the change of the fluidized air flow due to the difference in movement
inertia; (2) The difference between the time of the change in the number of particles
that really participate in the whole circulation process and the time of the fluidizing air
moving from the air distributor to the section.

3.4.1 Mechanism of axial height on time delay

According to the theory and practical engineering experience, some fine particles
mainly exist in the middle and upper part of the CFB riser, and these particles can be
returned to the riser through the recovery of the external loop. The change of
fluidization state in the riser will lead to the change of recovery efficiency of the external
loop, and thus the change of particle circulation amount. The change of the total
particle circulation amount needs to pass through the external loop and then gradually
transfer upward from the dense phase region.

According to the test results, the second type of time delay is related to axial height.
The time for the movement of fluidizing air from the air distributor to the section can be
simply obtained by dividing the axial height by the apparent fluidizing wind speed.
Under the working conditions in this study, the maximum value of the time is 8.75s,
which has less effect than the delay time in Fig.4. This suggests that the transport time
of the change in particle number plays a major role. The parameters affecting the
transfer time of particle number change can be simply expressed as the transfer
distance and transfer rate. When the axial height increases, the transfer distance
increases, the transfer time increases, and the corresponding delay time also
increases.

The reason for the change of dynamic equilibrium state of particle movement is the
change of fluidizing air volume, and the reason for the first type of time delay is that
the movement inertia of solid bed particles is greater than that of fluidizing air, and its
value is mainly determined by the difference of movement inertia between the fluidizing
air and solid bed particles (assuming that the bed particles are "gaseous" and the
movement inertia of the fluidizing air is the same, obviously there will be no time delay).
The finer the particle size, the smaller the inertia difference between the particle and
the fluidizing air, the smaller the delay time, and vice versa. Xul?'l et al. showed that
the higher the axial height, the finer the particle size of the bed material. Therefore,
when the axial height increases, the first type of time delay has a certain trend of
decreasing, which is opposite to the change trend of the second type of time delay.
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When the two are added together, it is possible to reduce the local delay time in the
axial direction of the riser. As shown in Fig.4, there is a local decrease in the delay time
in the area from 2300 mm to 2750 mm of the axial height.

Overall, the second type of time delay plays a major role.
3.4.2 Mechanism of change rate of air volume on time delay

According to the test results, the change rate of air volume does not directly affect the
delay time, but from the perspective of CFB boiler operation. As shown in Fig.6, the
time delay can measure the degree of separation between air volume and particle
concentration in the process of variable air volume. When the air volume decreases
continuously from 100% Pe at a rate of 6% Pe/min, the average particle concentration
at the section of the riser at 0.92 relative axial height is the same as when the air
volume level drops to 74.3%Pe without delay. The degree of time delay is 4.3 %Pe.

Further, based on the experimental results, the empirical formula obtained is as

follows:
T=-0.0504+1.9883| 1 +erf {w} L+ erf {W}
0.3410 1.7822

Where, T is the degree of time delay; H is the relative axial height; R refers to the
change rate of air volume, %Pe/min.

The weighted average degree of time delay is to explore the influence of the rate of air
volume change from the perspective of the whole riser. As shown in Figure 8, there is
a positive correlation between the weighted average degree of time delay and the
change rate of the air volume, which indicates that when the change rate of the
fluidized air volume is accelerated, the time delay in the riser will increase. For the
actual boiler, there will be uneven gas-solid flow, combustion deterioration and other
phenomena, which is consistent with the engineering experience.

4. Conclusion

By conducting steady-state test and variable air volume test with different air volume
change rates on the full-loop visual CFB test device, this study explored the distribution
and change in space and time of gas-solid concentration under variable air volume
operation. The differences of gas-solid concentrations in steady-state and non-steady-
state conditions are compared, and the main conclusions are as follows:

(D When the air volume changes continuously, the change trend of particle
concentration in the riser is consistent with that of the fluidizing air volume, but there is
a time delay, which can be summarized as the inertia difference between gas and solid
and the change of the number of particles participating in the circulation.

@The delay time is positively correlated with the axial height of the riser.

(3There is a positive correlation between the weighted average time delay and the rate
of air volume change Based on the test results, the empirical formula is summarized
as follows:

T=0.0504+1.9883] 1+erf {w} 1+erf {W}
0.3410 1.7822

In this study, the influence of the rapid change of fluidizing air volume on the gas-solid
concentration and flow pattern in the CFB riser was summarized, which can provide
theoretical basis and basic engineering application data for CFB boiler to participate in
rapid peaking.
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Abstract

Particle motion characteristics in a horizontal sound wave are novelly studied,
related to fluidization etc. It indicates that the acoustic velocity amplitude of a
particle decays in a quasi exponential manner with increase of sound frequency,
and particle size as well. In contrast, the particle Reynolds number increases
with the frequency in a manner of quasi power function. And it is intriguing that
the horizontal sound field shows not only to cause the corresponding horizontal
harmonic vibration of the particle, but to generate a certain periodic motion along
the vertical direction. Nevertheless, the horizontal sound waves appear to hinder
the vertical movement of the particle as well, and exhibiting certain nonlinearity.
The mechanism of such a phenomenon is studied and uncovered by means of
the Newton's law, which turns out to originate from the drag force by a combined
oscillation movement between the horizontal sound wave and the vertical gravity
settlement, and the virtual mass force, respectively.

1. Introduction

Typical two phase flow exists in fluidization, industrial flue gas, etc.'2 Acoustic
measurement of two-phase flow!®l, and particle acoustic agglomeration*! are important and
typical applications, related to interaction between the added sound field and a two-phase
flow. It is crucial to effectively reveal the relevant motion mechanism of particles in a two-
phase flow with a sound field added. Refs.2®l analyzed the particle dynamics in Stokes
region, ignoring the influence of gravity on the acoustic vibration of the particles. Yang et all”!
analyzed the drag, gravity, buoyancy and Brownian forces on particles in acoustic field.
Yuan et al® analyzed PM2.5 particles suspended in the air under the action of a sound. Li et
al® simulated coalescence of cloud and fog droplets impacted by traveling acoustic waves.
Stanly et all'% studied the gas-solid two-phase flow characteristics in a fluidized bed under
the action of a longitudinal sound field.

Comparatively, much fewer works have been focused on particle dynamics in a horizontal
sound field. Refs. [6,8,11] discussed the aggregation behavior of particles in a horizontal
sound field, but their works did not involve the effects of the horizontal sound on the vertical
settling motion of particles. We found that the horizontal sound field complicatedly affects the
vertical movement of particles, and studied related mechanisms based on numerical models
validated by literature experimental results.

2. Principle

The gas medium sound field model is obtained based on N-S equations!'?. And a linear
acoustic model relates to a small disturbance problem. In order to study the movement of
particles in a sound field, a background sound wave is set up:

(1)

is the sound pressure amplitude, is the angular frequency, and k is the wave number.
The gas phase acoustic particle velocity in gas-solid two-phase flow can be defined as:

(2)

is the Laplacian sound speed, and is is the density of the medium. The forces on a
particle in a sparse gas-solid two-phase flow field can be defined based on the Newton's law:
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dv, — . .
mpd—t"=Fd+Fb+Fp+va+;Fi (3)

where \7pis the acoustic vibration velocity of particles in the gas-solid two-phase flow field,

which is produced by the gas movement velocity \7g as defined previously. F ,Eb,Ep =

and ZEi are respectively the drag force, Basset force, pressure gradient force, virtual mass

force, and other small forces that the particle experience in the gas-solid two-phase flow field.
In the formula (3), the influence of Basset force on the movement of a solid particle in gas
can be ignored", while other forces, F, ,Ep,Evm, and G are involved in the model
established in this paper.

Drag force:
— 1 N
FdZECDpfAf(Vg_Vp)‘Vg_Vp‘ (4)

where Cp is the drag coefficient, p; is the fluid density, and A: is the projected area of
the particle in the direction of movement. The drag coefficient is related to the particle
Reynolds number (Rep). In the gas-solid two-phase flow, different forms of drag force
formulas are applicable in different ranges!', as displayed in Table 1.

Table 1 Drag force at different regions on Re,

Stokes region: Re, <1 CD5:2—4, Fos = 6muR(y,—v,)
Rep

Transition region: 1 < Re, <1000 C og :18—'36, Edg:3—7ﬂp 14(vg—v )14 o
Re, 16

Turbulent region: Re, 1000 Co=044, E, =0.22p, A(v, —\7p)2

Pressure gradient force: 1

f’ Horizontal sound field
— _ - 3] Ei .
‘ ‘_ pA ER k sin(at —kx) ) j\‘li Particle
Virtual mass force: il |
| 4o d ' 3.5 x 10%um '
Fun = —7Z'D3p ﬁ—ﬂ) (6) Fig.1 Geometric of particle
12 dt motion in a sound field

[=2000H s, Analog
a  f=2000HzExperiment
=1400H,, Analog
s [=1400H,,Experiment
[=1000I1z,Analog
= {-1000Hz Experiment

3. Numerical model

The motion of a single particle in 2-D horizontal traveling 12}
sound waves is modeled, as configured in Fig.1. The upper
and lower boundaries are set as slip for flow, and plane
wave radiation for the sound, to simulate related application

- 08

Vo (mis)

in a large space, and the left and right ones are set open. L

The model was validated based on literature experimental

results('®, where a sound pressure level is 152.55dB, GO
~1200Pa of amplitude. Figure 2 gives their comparison, to plum)

show a good reliability of the numerical model built in this  Fig.2 Comparison of particle
paper. velocity amplitude between

literature experiment and the

4. Results and analysis , o T
simulation in this paper
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Based on the above verification to the established single particle motion model in the
horizontal sound field, this paper further studies the motion characteristics of a particle in a
horizontal sound field, combining with the gravity settlement, and focus on the acoustic
velocity amplitude, the sedimentation, as well as the particle Reynolds number, Re,, to
effectively reveal the influence of different parameters of both the external sound field and
the particle on the motion of the particle.

4.1 Boundary conditions

As a further, pulverized coal particle is selected for study, one of which typical applications is
the acoustic measurement in a power plant furnace and its primary air ducts. Parameters of
the particle, with the density 1800kg/m3, and the sound field, for the numerical modeling, are
shown in Table 2. The temperature is 293.15K.

Table 2 Model parameters

Parameters
Particle diameter (um) 0.2,0.5,1,2,5,10, 15, 20
Sound pressure (Pa) 400, 600, 800, 1200, 1600, 2000, 2600, 3000
Sound frequency (Hz) 200, 400, 600, 800, 1000, 1200, 1400, 1600, 1800, 2000

4.2 Particle acoustic velocity

Figure 3 shows the characteristics of the acoustic velocity magnitude of the particle in a
horizontal sound field. The total velocity of the particle shows regular sinusoidal oscillation,
as shown in Fig.3(a). It reveals that the smaller the particle is, the closer it's acoustic velocity
is to that of the gas medium. On the other hand, a vertical velocity component turns out to be
generated by the horizontal sound wave, and by the gravity in couple, as shown in Fig.3(b),
although such an induced vertical vibration appears quite weak. I's magnitude and
amplitude reveal to relate to the particle size and sound frequency, etc. Fig.3(c) shows the
change of the acoustic velocity amplitude of the particle with sound frequency in a certain
exponential descending trend, for different particle sizes. Correspondingly, Fig.3(d)
demonstrates the variation of the acoustic amplitude decreasing with the particle size in an
exponential law as well, except for the region with minor particle sizes. And the local
characteristics at that region is amplified in the sub-figure. It shows that a larger sound
frequency corresponds to a larger velocity amplitude when the particle size is small enough,
which is converse to the law demonstrated while the particle size exceeds a critical value.
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Fig.3 Particle acoustic velocities under the sound pressure of 1200Pa. (a) variation with time at
illustrated particle sizes, and (b) the induced vertical vibrations. The particle velocity amplitude
varying with (c) sound frequency, and (d) particle size

4.3 Particle Reynolds number

The particle Reynolds number in a two-phase flow is an important indicator to describe its
motion dynamics. It is related to the slip velocity of the particle to the continuous phase, and
the particle size, etc. The larger the Re, is, the weaker the carrying capacity of the
continuous medium is to a particle. The characteristics of Rep, changing with different
parameters of the sound and the particle, respectively, are dealt with. Figure 4 show the
relationship of Re, with related sound and particle parameters in the horizontal sound field.

1 4
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Fig.4 Rep amplitude changing with sound frequency and sound pressure, with particle sizes (a)1
and 2 um, (b)5 and 10 um. The sound pressure in (c) is 1200Pa

20

Figures 4(a)(b) show that, in general, Re, increases with frequency in a certain sound field,
and the greater the sound pressure is, the greater the Re, is. When the particles are small,
as in Fig.4(a), it increases linearly with the frequency within a certain sound pressure and
frequency range, and the particle vibration falls in the Stokes zone; and when the particle
size increases to a certain extent, as in Fig.4(b), it shows a growth in a law like a power
function, f", 0<n<1. And in the latter situation, the particle motion characteristics are

corresponding to around the upper limit of the Stokes region. It shows that after a critical
frequency value, Rep, basically no longer increases with the sound frequency. And
comparing to Fig.3(b), even for the Stokes region (Rep<1), the derived acoustic vibrations in
the gravity direction appear nonlinear wave forms to a certain extent, but it appears some
different from those when Re, is larger.

Figure 4(c) shows that the Rep, demonstrates a monotonic increase with the particle size
under a certain sound pressure, in a global nonlinearity and local linear trend. This trend
spans over the Stokes zone and the non-Stokes zone. Moreover, the larger the particle size
is, the less obvious the impact of the sound frequency is.

4.4 Sedimentation of particles in the sound field

In the horizontal sound field, in addition to the corresponding longitudinal vibration, the
particle also moves in the vertical direction due to the action of gravity. The sedimentation
distance of the particle within 1s is studied, to depict it's settling speed in the horizontal
sound field. The results are compared with that without sound field added. Figure 5 displays
the changing of the sedimentation distance of the particle, within 1s, with sound frequency
and particle size, respectively.

The results show that the settlement of a particle is affected by the added horizontal sound
field. In general, the greater the sound pressure is, the more the horizontal sound hinders
the settlement of the particle. In addition, the trend in the figures shows that the greater the
sound frequency is, the most hindering to the particle is. Typically, for particle size under
~0.5um, the sedimentation speed appears weak and almost linear with the frequency, as
shown in Fig.5(a); when the particle size is over ~5um, the settling distance shows an
obvious exponential decrease with the increase of sound frequency, as shown in Fig.5(c);
while at the intermediate particle sizes, it shows characteristics of a transitional change
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between the former two trends, as shown in Fig.5(b), for which when the frequency exceeds
a certain critical value, it suddenly changes into an obvious hindering to the particle. At the
same time, the transition zone shows that the larger the sound pressure is, the smaller the
critical sound frequency value for mutation occurs. Additionally, Fig.5(d) shows the
sedimentation changing with particle size in a law of exponential increase, which, however,
demonstrates certain exponential increase of hindering from the horizontal sound,
comparing to to the that without horizontal sound action.
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Fig.5 The particle sedimentation distance changing with sound frequency within 1s under different
sound pressures, with the particle sizes are: (a) 0.5um, (b) 1um, and (c) 5um, and (d) changing
with particle size at the sound pressure 800Pa

5. Discussion

In this section a principle in line with Newton's law was proposed to uncover the complex
dynamics of a certain particle under a horizontal sound field, by which the particle also
shows to vibrate in a vertical direction due unlike forces. Therefore, we tried to find the
certain forces acting on the particle, which causes the related particle mechanics. In this
instance, for the one-dimensional horizontal planar wave, the force expression as Eq.(3) can
be met with. For the instance of a solid particle in air, with a certain horizontal sound field
added, the working forces are demonstrated in Fig.6. The trajectory of the particle, with a
5um diameter, generated in the horizontal sound field is shown, and it is prolonged by 15
times in the y- direction for a clearer demonstration.
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In the particle sedimentation as shown in Fig.6, the Fig.6 Forces to the particle settling in a

actual drag force, Ed, is generated by the relative horizontal sound field in air

motion velocity of the gas to the particle, v,, = v, —v, . Here the particle velocity, v, , originates

from the coupling between the horizontal gas sound oscillation and the gravity settlement of
the particle. The drag force correspondingly produces an oscillation force component in the
vertical direction, as well as the horizontal one. And then, an oscillation movement in the
vertical direction can be generated by such a force component, i.e. the velocity component
as shown in Fig.3(b). In theory, the drag force to a particle in a laminar flow is approximated
as directly proportional to the slip velocity between the particle and the continuous medium;
while in a turbulent flow, it is proportional to the squared slip velocity, with detailed
formulations presented in Table 1.

On the other hand, the virtual mass force, F__, as shown in Fig.6 and defined in Eq.(5),

appears always directing upward during oscillation of the particle sedimentation. It is
presumably the cause of the hindering to the particle sedimentation, as displayed in Fig.5.

4. Conclusion

Fundamentally, this paper conducts a numerical simulation study on the motion
characteristics of a single particle in a horizontal sound field based on experimental
verification from literature. The main conclusions are as follows:

(1) The Reynolds number increases with the sound frequency in a power law, and totally in a
nonlinear law of monotonic increasing with the particle size.

(2) By contrast, the acoustic velocity amplitude of a particle varies in a certain approximate
exponential law with increase of the sound frequency and particle size, respectively. On the
other hand, changes in sound pressure cause significant variations in the motion of a particle.

(3) The existence of a horizontal sound field turns out to hinder the movement of particles in
the direction of gravity and shows intriguing nonlinear law with sound frequency and particle
size, respectively; at the same time, it shows to generate a corresponding harmonic vibration
of the particle in the vertical direction, whereas with certain another nonlinear characteristics
whether in the Stokes region or not. Related mechanisms are discussed.
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Abstract

The adjustable characteristics of internal circulating ash play a crucial role in the
rapid load adjustment of large Circulating Fluidized Bed (CFB) boilers. This study
investigates the influence of varying internal circulating ash quantity on the gas-
solid concentration distribution within the CFB by constructing a cold-state
experimental platform with internal circulating ash bins. Experimental results
demonstrate that releasing internal circulating ash from internal circulating ash
bins significantly alters the gas-solid concentration in the upper part of the riser.
Moreover, the operating airflow velocity of the CFB bed and the fluidizing airflow
velocity of the internal circulating ash bin also exhibit notable effects on its
operation. Under the condition of a fluidizing airflow velocity of 1.5 times the
minimum fluidization velocity (Unf), increasing the ash discharge rate from the
internal circulating ash bin leads to higher bed material concentration in the dilute
phase region of the CFB bed. The bed material mass increment in the middle
section of the riser corresponds to approximately 90% of the ash discharge rate,
while in the upper section, it corresponds to approximately 60% of the ash
discharge rate. These findings confirm that internal circulating ash adjustment
serves as an effective means to adjust the ash concentration in the upper section
of the riser in CFB boilers.

Keywords: Circulating Fluidized Bed (CFB); Internal circulating; Ash quantity
regulation; Load variation

1. Introduction

As is well recognized, the heat transfer coefficient on the furnace side of CFB boilers is
influenced by the concentration of solid particles . During load variation, it is essential to
maintain appropriate gas-solid concentrations and flue gas temperatures in the upper part of
the furnace to meet the heat transfer requirements corresponding to load changes. Hence, it
is necessary to rapidly increase or decrease the concentration of dilute-phase bed material
particles during load variation processes >l During load reduction, the internal circulating ash
concentration can be rapidly decreased through methods such as slag discharge and ash
removal. However, a significant challenge arises in rapidly increasing the circulating ash
concentration during load ramping processes.

To address this issue, practical engineering approaches involve the use of auxiliary ash bins
outside the furnace. This method employs the addition of bottom ash, circulating ash,
limestone powder, or similar substances to alter the gas-solid concentration in the upper part
of the furnace. Several scholars have conducted similar studies in this regard 571,

To overcome the limitations of the aforementioned techniques, this study proposes a CFB
boiler system with internal circulating ash bins to achieve rapid adjustment of gas-solid
concentrations within the furnace during load ramping processes. Based on this concept, a
CFB cold-state experimental platform with internal circulating ash bins was constructed and
the experimental researches on the ash storage capacity of the internal circulating ash bin and
its ability to regulate circulating ash quantities within the furnace were conducted.

35



2. Experiment Overview
2.1 Introduction to cold-state experimental system of CFB with internal circulation
2.1.1 Introduction to the experimental platform body

To construct the cold-state experimental platform with internal circulating ash bins, one-third
of the furnace of a 350 MW supercritical CFB boiler in a 15:1 ratio was downscaled, as
depicted in Fig.1. Internal circulating ash bins were positioned in the upper part of the dense-
phase zone of the riser. During the experiment, solid particles entered the circulating ash bin
through the opening of the internal circulating ash bin. Regulating baffles were installed at the
outlet of each internal circulating ash bin to control the ash storage capacity and inlet area of
the internal circulating ash bin.

The bed material in the internal circulating ash bin remains in a fluidized state resembling a
bubbling bed. A ash discharge pipe was installed at the bottom of each internal circulating ash
bin, connected to the return pipe of the external circulating loop. During ash storage, each ash
discharge pipe is sealed with a plug valve. When discharging ash, the plug valve is opened,
allowing the bed material to enter the riser through the return pipe, thereby facilitating rapid
adjustment of ash concentration within the riser. The primary dimensions of the cold-state
experimental platform are outlined in Table 1.

Table 1 Main structural dimensions of the experimental platform for fluidized bed with internal

circulation
Project Unit Length
Height mm 3250
Furnace Width mm 640
Depth mm 710
Dense phase region height mm 550
. Width mm 292
Air distributor Depth mm 710
Height mm 250
Internal Width mm 120
circulating ash bin Depth mm 200
Adjustable baffle height mm 50/100/150/200
) Separator
Pressure .
measuring points .
.I._uupwal
a Internal circulating
_ ash bin
Ash discharge pipe
(a) Schematic diagram of the structure (b) Cold-state experimental platform main body

Fig. 1. Cold-state experimental platform for CFB system with internal circulating ash bin.

2.1.2 Measurement points

During the experimental process, bed pressure measurements are conducted using 16
pressure measurement points arranged on the left wall of the riser. The suspension
concentration of solid particles within the riser is obtained by calculating the pressure
difference between adjacent points. The numbering and distances of pressure measurement
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points from the distributor plate are provided in Table 2. Additionally, PV6D instruments are
used to measure local particle concentration and velocity.

Table 2 The numbering and distances of pressure measurement points from the distributor
Distance from Distribution Plate to

Position Measurement Point Number .
Riser / mm
Lower part of riser 1. 2.3 250, 400. 550
: . 750, 950. 1150. 1350. 1550,
Middle part of riser 4, 5. 6. 7. 8. 9. 10 1750. 1950
. 2150, 2350. 2550, 2750.
Upper part of riser 11. 12, 13, 14, 15, 16 2950. 3150

2.1.3 Particle characteristics

During the experiment, the bed material used consists of bottom ash from the Baima 600 MW
supercritical CFB boiler, with 20% mass fraction of entrained fines. The median particle size
of the experimental bed material is 134.4 ym, and the particle size distribution is depicted in
Fig. 2. The bulk density of the experimental bed material is 1076 kg/m?3, and the true density
is 1778 kg/m3. The critical fluidization velocity of the experimental bed material is determined
to be approximately 0.38 m/s through critical fluidization velocity tests.

2.2 Experimental conditions
2.2.1 The tests of ash storage performance of internal circulating ash bin

To investigate the effect of the primary fluidizing air velocity and the outlet fluidizing air velocity
of the internal circulating ash bin on the ash storage rate and to assess the ash storage
capacity of the internal circulating ash bin, ash storage performance tests were conducted.

During the experiment, ash storage tests were conducted under different primary fluidizing air
velocities and outlet fluidizing air velocities of the internal circulating ash bin. The entrance
area of the internal circulating ash bin was varied by adjusting the height of the inlet baffle,
and the outlet fluidizing air velocity of the internal circulating ash bin was controlled by
adjusting the fluidizing air volume. The experimental conditions are presented in Table 3.

During the experiment, the mass of circulating ash entering the internal circulating ash bin
within a designated time period was measured by sampling and weighing. This data was then
used to calculate the solid mass flux at the inlet of the internal circulating ash bin. The initial
bed height during the experiment was set to 100mm. Where, Uabairout means fluidizing air velocity
at the outlet of the internal circulating ash bin; Uasair means internal circulating ash bin fluidization velocity.

Table 3 Operating conditions for ash storage characteristics test of internal circulating ash bin

Number Ug Uabair Adjustable baffle height /mm Uabair,out
S1 1.5Umt 0.3Ums 50/100/150/200 0~1Um¢
S2 2Ums 0.3~0.4Um¢ 50/100/150/200 0~2Umt
S3 2.5Um¢ 0.3~0.5Um¢ 50/100/150/200 0~2.5Um¢
S4 3Ums 0.3~1Um¢ 50/100/150/200 0~3.5Unm¢
S5 3.5Ume 0.3~1Ums 50/100/150/200 0~3.5Umf

2.2.2 The experiment on the regulatory performance of ash storage in the internal circulating
ash bin on solid particle concentration control in the riser

To investigate the ability of ash storage in the internal circulating ash bin to regulate the solid
concentration within the riser under low-load conditions, solid particle concentration control
experiments were conducted.

Initially, under the condition of a primary fluidizing air velocity of 3Un¢, the system was operated
stably for a period to allow the internal circulating ash bin to collect circulating ash. Then, the
primary fluidizing air velocity was reduced to 1.5Uns to simulate the rapid load reduction
process during low-load conditions. At this point, the outlet fluidizing air velocity of the internal
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circulating ash bin was adjusted to 1.5U, ensuring no solid particles could enter the internal
circulating ash bin under this condition.

Subsequently, the regulating baffles of each ash discharge pipe were opened to allow the ash
stored in the internal circulating ash bin to enter the riser. The mass of bed material entering
the riser was controlled by adjusting the ash height within the circulating ash bins.

During the experiment, the variation in solid particle concentration within the riser at different
heights was obtained by measuring the pressure difference at various height points in the riser
under different ash storage rates. The specific experimental conditions are outlined in Table
4.

For ease of description, the following definitions are provided:

Ash discharge rate: It is the ratio of the mass of solid bed material entering the riser from the
internal circulating ash bin to the original mass of bed material in the riser.

Bed material mass change rate: After ash storage from the internal circulating ash bin enters
the riser, it refers to the ratio of the increment in bed material mass within a certain height
segment to the original bed material mass within that segment of the riser.

Table 4 Operating conditions for adjustment characteristics test of internal circulating ash bin

Primary fluidizing air . Adjustable

Number Ug velocity during ash Ash sto/rage height Uabair baffle height
Storage mm /mm
A1 1.5Ume 3Ume 200 0.32Um¢ 200
A2 1.5Ume 3Ume 150 0.32Um¢ 200
A3 1.5Ume 3Ume 100 0.32Um¢ 200
A4 1.5Umt 3Ums 50 0.32Um¢ 200
A5 1.5Umt 3Umt 0 0.32Um¢ 200

3. Experimental Research Results and Discussion
3.1 Ash storage performance of internal circulating ash bin
3.1.1 The influence of primary fluidizing air velocity on ash storage performance

The relationship between the mass flux at the inlet of the internal circulating ash bin and the
primary fluidization number is depicted in Fig. 2, showing that the ash storage flux increases
with the increase in the primary fluidization number.

From Fig. 5, it can be observed that as the primary fluidization number increases, the mass
flux of circulating ash at the inlet of the internal circulating ash bin gradually increases.
Particularly, after Uy = 2.5Unys, the mass flux of solid particles at the inlet of the internal
circulating ash bin sharply increases. This is because, when Ug is less than 2.5U.y, the
circulating ash entering the internal circulating ash bin mainly consists of ash flowing
downward along the wall of the riser. The flow rate of circulating ash is relatively small,
resulting in limited circulating ash entering the internal circulating ash bin. However, when Ug
is greater than 2.5Uny, the fluidization of the bed becomes more intense, leading to a large
amount of circulating ash being ejected into the internal circulating ash bin due to bubble
elutriation. Consequently, the mass flux of solid particles at the inlet of the internal circulating
ash bin increases.

3.1.2 The influence of fluidizing air velocity in the internal circulating ash bin on ash storage
characteristics

The relationship between the ash storage mass flux and the outlet fluidization number of the
internal circulating ash bin is illustrated in Fig. 3.

From Fig. 6, it can be observed that as the outlet fluidization number of the internal circulating
ash bin increases, the mass flux of bed material at the inlet of the internal circulating ash bin
gradually decreases, exhibiting an exponential trend. Particularly, when Uy is less than 2.5Uny,
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even under the condition of Uapairout = 0.38Umf, the mass flux of bed material at the inlet of the
internal circulating ash bin tends to approach zero.

This phenomenon is attributed to the influence of the wide sieve distribution of bed material in
the CFB boiler. The particle size of the circulating ash particles flowing downward along the
wall is generally smaller compared to the particles undergoing bubble elutriation. Under the
action of the fluidizing air in the internal circulating ash bin, the circulating ash particles moving
to the region above the inlet of the internal circulating ash bin will be re-entrained by the
fluidizing air of the internal circulating ash bin and carried back into the dilute phase zone of
the riser. As a result, the mass flux of circulating ash at the inlet of the internal circulating ash
bin decreases

Based on experimental results, the empirical formula for obtaining the mass flux of bed
material at the entrance of the CFB is shown in Equation 1.

Gab i -5 U Uabair out —4
= =2.3902x10" EXP(1.8764—=-—1.2919—"""2) - 4.6970x10
ppU mf Umf Umf (1)

This empirical formula fits the experimental results well under the condition of Uabair.out < Umf,
R2=0.9306. Where, Ga; means mass flux of solid at the inlet of the ash bin.
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Fig. 3. Relationship between ash storage
mass flux and fluidization number at the
outlet of the internal circulating ash bin.

Fig. 2. Relationship between ash storage
mass flux and primary fluidization number.

3.2 Regulatory performance of ash storage in the internal circulating ash bin on solid particle
concentration control in the riser

The experiment obtained the variation trend of solid particle suspension concentration along
the height of the riser at different ash discharge rates under a primary fluidizing air velocity of
1.5Unt, @s shown in Fig. 4.

During the experiment, the fluidizing air velocity was maintained at 1.5Uns to simulate rapid
load increase conditions. At this velocity, the gas-solid two-phase flow in the lower part of the
riser is in a bubbling bed state, resulting in generally low solid particle suspension
concentrations (<0.001) in the upper part of the riser. Additionally, it can be observed that with
increasing ash discharge rate, there is a slight increase in the solid particle suspension
concentration throughout the height range of the riser.

The relationship between the bed material mass change rate at different heights of the riser
and the ash discharge rate from the ash bin is shown in Fig. 5.

From Figure 8, it can be observed that under different operating conditions, the bed material
mass change rate at the lower part of the riser is approximately equal to the ash discharge
rate from the ash bin. However, as the height increases, the bed material mass change rate
gradually becomes lower than the ash discharge rate. This is because the ash storage in the
internal circulating ash bin occurs under high fluidizing air velocity, during which a large
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amount of relatively coarse bed material is ejected into the internal circulating ash bin through
the bubbling process. The particle size of the bed material in the circulating ash bin is relatively
coarse. Additionally, during the adjustment of the riser ash concentration in the experiment,
the fluidizing air velocity is relatively low, resulting in a lower saturation carrying rate of the
fluidizing air. This leads to a slowdown in the increase of the solid particle suspension density
inside the riser as the height of the riser increases.

The experimental results indicate that the use of the internal circulating ash bin provides good
control over the solid particle concentration inside the riser. In the middle part of the riser, the
bed material mass change rate is approximately 90% of the ash discharge rate from the ash
bin, while in the upper part of the riser, the bed material mass change rate is approximately
60% of the ash discharge rate.
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4. Conclusion

This study designed and constructed a cold-state experimental platform for the internal
circulating ash bin and conducted cold-state experiments. The main research conclusions are
as follows:

1. A method was proposed to rapidly adjust the gas-solid concentration in the upper part of
the furnace of a CFB boiler by setting up an internal circulating ash bin.

2. The results of the cold-state experiments show that the Primary fluidizing air velocity and
ash bin fluidizing air velocity have a significant impact on the ash storage performance.
Through systematic experiments on ash storage in the internal circulating ash bin, it was found
that the ash storage rate is jointly influenced by the Primary fluidizing air velocity and the
internal circulating ash bin fluidizing air velocity. An empirical formula for the mass flux at the
inlet of the ash bin was obtained, which demonstrated good fitting capability within the range
Of Uabair,out < Umf-

3. Experiments were conducted to adjust the ash concentration in the CFB using the internal
circulating ash bin. It was found that at a Primary fluidizing air velocity of 1.5Uny, the internal
circulating ash bin exhibited good control over the solid particle concentration in the riser. In
the middle section of the riser, the rate of change in bed material mass was approximately 90%
of the ash discharge rate, while in the upper section of the riser, it was approximately 60% of
the ash discharge rate.

The experimental results demonstrate that the internal circulating ash bin possesses good ash
storage performance and the ability to regulate the ash concentration in the dilute phase zone.
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Abstract

In this work, based on high-performance ethanol-hydrated CaO adsorbent,
optimization of adsorbent injection parameters for the removal of HCI in a
300MW circulating fluidized bed boiler was conducted using finite element
simulations. Specifically, critical parameters such as injection velocity,
injection height, and Ca/Cl molar ratio were meticulously examined to
elucidate their influence on HCI removal efficiency. Ultimately, the optimal
injection dechlorination approach for the 300MW boiler was proposed. The
results suggest that Ca/Cl molar ratio is the most fundamental influencing
factor, injection velocity can alter the uniformity and spatial coverage of the
chlorination agent, and injection height changes residence time, thus
significantly affecting dechlorination efficiency. The optimization strategy
based on the CFD simulation can provide a solid foundation and guidance
for the industry application of coal-fired flue gas HCI removal technology.

1. Introduction

Chlorine is an environmentally hazardous trace element in coal ranging from 0.01% to
0.2% with an average of 0.02% in most Chinese coal. It mainly consists of two different
forms: inorganic chlorine and organic chlorine [1]. Most chlorine (more than 90%)
would be released to flue gas as gaseous HCI after combustion owing to the strong
volatility [2], and is eventually enriched into the wet flue gas desulfurization (WFGD) in
the form of chlorine ions, which brings about the undesirable WFGD device corrosion,
wastewater discharge and gypsum quality degradation [3].

Recently, flue gas dechlorination technologies have attracted considerable attention
due to their effective contributions to ultra-low emission and zero discharge of
wastewater policies in coal-fired power plants [4]. The vast majority of coal-fired power
plants including CFB plants use WFGD dechlorination technology in China, adsorbing
HCI by desulfurization slurry, which will generate desulfurization wastewater with a
very high concentration of chloride ions, seriously affecting the normal operation of
desulfurization equipment and the water recycling and reuse of coal-fired power
stations [5]. The burning of high-chlorine fuels such as coal slime, coal gangue, and
garbage aggravates these hazards [13]. In comparison, alkaline adsorbent injection
into flue gas is considered a cost-effective method to capture HCI [6,7], and it can be
divided into three categories according to the product form: wet, semi-dry, and dry
method dechlorination technology. Although the wet method dechlorination technology
has a high removal efficiency and can synergistically capture multiple polluants[8], the
substantial capital investment required for equipment and the intricate nature of
wastewater treatment techniques present great challenges in its adoption[9]. The
process of semi-dry removal exhibits analogous drawbacks[10]. The dry dechlorination
technology is poised for promising application prospects due to its uncomplicated
equipment structure, cost-effectiveness, and robust stability[11]. Nevertheless, its
efficiency is influenced by both the adsorbent performance and the injection approach.
Enhancing the dechlorination efficiency of dry injection hinges on the superior HCI
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adsorbents and the strategic design of the injection device arrangement. Based on the
high-performance ethanol-hydrated CaO adsorbent produced by our previous
experimental result [12], a finite element simulation was conducted to obtain the
optimal arrangement of the injection device, which promotes an effective HCI removal
technology for coal-fired flue gas.

2. Physical model and evaluation indexes

This study focuses on simulating the entire process of adsorbent injection into the flue
gas for HCI removal and the full size for a 300MW CFB boiler. The physical model
starts downstream of the economizer and ends before the ESP. To verify the accuracy
of the adsorption model, field tests and equal-size simulations were first performed on
a 75t/h CFB boiler. Both of the physical models are shown in Fig. 1 respectively. The
structure of the injection device of the two CFB units is similar, which divides the
injection section into numbers of equal-area zones. Each zone is placed by a spray
pipe gun, on which a plurality of nozzles is installed, and a plurality of orifices are
opened circumferentially and evenly around each nozzle so that the adsorbent injected
from each orifice can diffuse and cover the entire cross-sectional area of the duct.

[ ] Inlet .

Flue gas inlet ./,--""-‘-? }'R!"
[/ | Outlet
Injecton [ | | I \|J Injection
section __‘l | nozzles [
| || | I I Section |—. <™ —
| | I Section 2—. <l ;, Section 8
y |l M 'Section 7
! "\ ! Jl Section 3 f Section 6
N ] S e T ——Section 5
o | ] Section 4
~Ll | ] 2 — " —
(a) The duct of a 75t/h CFB (b) The duct of a 300 WM CFB

Fig. 1. The sketch diagram of duct physical models

Geometric meshes are generated as mixed elements, with hexahedral meshes
dominating. To eliminate the influence of the number of grids on the calculation
accuracy, the grid independence verification was carried out, and according to the
independence verification results, the final grid number of the 75t/h boiler duct model
is about 1.25 million, while the final optimized grid number of the 300MW CFB boiler
duct is about 2 million. To guide future industrial practice accurately, boundary
conditions are set regarding the actual flue gas parameters. The specific calculation
conditions are shown in Table 1. To discuss the efficacy of adsorbent injection, several
evaluation indexes are set up, which are defined in Table 2. In order to study local
homogeneity, local flow field, and HCI removal efficiency in the duct, the cross-sections
of the central axis of the vertical duct are selected as the control sections, the
coordinate positions of the control section are shown in Fig. 1(b)

3. Results and discussion

The calcium-chlorine ratio, which is commonly defined as the ratio of sorbent to
gaseous HCI in mass, is used to character the sorbent consumption quantity. Three
field tests of calcium chlorine molar ratio of 3, 6, and 9 were carried out within the test
of adsorbent injection in the 75t/h CFB boiler. The result can be seen in Fig. 2. With
the increase of the calcium-chlorine molar ratio, the dechlorination efficiency will show
a significant upward trend, up to 74.92% maximum When the calcium-chlorine ratio
reaches 9. The predicted HCI removal efficiencies by the simulation at different Ca/Cl
molar ratios were compared with the field test results under the same conditions. The
relative error between the predicted value and the test value is 1.71%~11.47, which is
a permissible range for engineering applications. Subsequently, the model was used
in the flue of the 300WM CFB boiler to explore the influence of critical parameters on
the HCI removal efficiency.
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3.1 Impact of Injection Velocity

Injection velocity directly affects the uniformity of the adsorbent distribution. The
parameters are taken as: injection velocity ranges from 10 to 40 m/s, Ca/Cl molar ratio
6, injection height 9 m, and HCI concentration 65 mg/m?. The impact of the injection
velocity on the standard deviation coefficient (C,), the residence time (T), the sorbent
coverage (8), and chlorine removal efficiency (n), is shown in Fig. 3.

Table 1. The specific boundary conditions
75t/h boiler

300MW boiler

Numbers Variable Unit . .
parameters setting parameters setting
Turbulent model \ Standard k-¢ Standard k-€
Multiphase Particulate model \ Discrete phase Discrete phase
models model model
Wall function \ Standard wall Standard wall
functions functions
Injection velocity m/s 20-40 10-40
Sorbent CalCl rate \ 3.9 3-9
parameters
Density kg/m? 3350 3350
Flue gas amount Nm3/h 103500 12157797
Temperature K 423.15 393.15
Flue gas Flue gas density kg/m? 0.748 0.852
parameters
Dynamic velocity kg/(m-s) 2.4X10-5 2.4X10-5
HCI concentration mg/m3 50 65
Table 2. The definition of evaluation indexes
Name Symbol Expression Definition
HCI removal 7= HCL, = HCluw 1 00% Calculated by the average HCI
efficiency n HCI,, concentration of the inlet and outlet;
Standard n . . e
1 1 —\2
deviation C C, == Z(Xi B x) The uniformity of the distribution offa
- x\\n—1< single substance in a certain plane;
coefficient i=1
Sorbent spatial 5 \ The volume ratio of the space covered
coverage by the adsorbent to the overall flue;
Sorbent T \ The residence time of the sorbent
residence time particles in the flue space.
80
70 -
60 7 -e
50 =

) N
(=) f=)
T T

HCl removal efficiency (%)

20 F v —o— Simulation prediction
v Field test results
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Fig. 2. Comparison of HCI removal efficiency between simulation and field test
results
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It can be inferred that the injection velocity has an apparent effect on C,, especially in
the control section 1, where the injection velocity increases from 10 m/s to 40 m/s, and
C, decreases from 2.99 to 2.20. There is an obvious drop in C, from control sections 1
to 3, and it can be inferred that the adsorbent is sufficiently diffused in the vertical flue,
especially along the control section 1~2. However, C, increases from section 3 to 7
under all injection velocities, which is because of the change of the structure around
the duct such as the appearance of bypasses and the elbows of ascending pipes,
causing the change of the flow field and affecting the distribution of the adsorbent.
Along the flue gas flow, the HCI removal efficiency of each section gradually increases
irrespective of injection velocity because of further contact and interaction between
adsorbent and HCI in flue gas. A larger initial injection velocity increased the spray
range of the adsorbent, resulting in an increase in the sorbent coverage from 51.42%
at 10m/s to 59.54% at 40 m/s, with a relative increase of 6.24% of the average
residence time. The maximum residence time shows irregular changes because the
collision of a single particle in the flue is random. In the contrary, the minimum
residence time is greatly affected by the flow field, in the range of 2.31~2.43 s on the
conditions of different injection speeds, which contributes to the relatively small total
amount of adsorbent particles in the coal-fired flue gas.

3.2 Impact of Ca/Cl molar ratio

The Ca/Cl molar ratio is a significant parameter for HCI removal efficiency. This
parameter was taken as 3, 4.5, 6, 7.5, and 9, with injection velocity 20 m/s, injection
height 9 m, and HCI concentration 65 mg/m?3. The impact of the Ca/Cl molar ratio which
represents the injection amount on the HCI removal efficiency is shown in Fig. 4.
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Fig. 4. The standard deviation coefficient, residence time, sorbent coverage, and HCI
removal efficiency affected by Ca/Cl molar ratio

The result shows an obvious positive correlation trend between Ca/Cl molar ratio and
HCI removal efficiency, for the chlorine removal efficiency increases from 51.43% to
69.29% while the Ca/Cl molar ratio increases from 3 to 9. According to the mass
transfer theory, the mass transfer rate is affected by the surface area of the adsorbent
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particles per unit volume of flue gas. Therefore, the improvement of HCI removal
efficiency is closely related to the increase of the concentration of adsorbent particles
per unit volume of flue gas. However, as the Ca/Cl ratio continues to increase, the
growth rate of HCI removal efficiency decreases. In addition, there is little difference in
Cv between the sections under different Ca/Cl ratios since the volume fraction of the
adsorbent particle accounts for less than 10% of the total flue gas. The average
residence time is not found to increase significantly. The coverage rate has ascended,
but compared with the increase in injection velocity, the gain of injection amount on
the coverage is negligible.

3.3 Impact of injection height

The HCI concentration gradually decreases along the flue gas flow, and the adsorption
efficiency enhances obviously between the control section 1 and 2 (shown in Fig. 3
and Fig. 4). Increasing the vertical distance from the injection inlet to the section 1 and
extending the contact time of the adsorbent particles with by increasing injection height
is considered as a possible approach to improve the de-chlorination efficiency. The
parameters are taken as: injection height from 8 to 12 m, Ca/Cl molar ratio 6, injection
velocity 20 m/s, and HCI concentration 65 mg/m?3. The impact of injection height on the
evaluation indexes is shown in Fig. 6.
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Fig. 5. The HCI mass fraction contour of adsorbent injection at different heights
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Fig. 6. The residence time, sorbent coverage, and HCI removal efficiency affected by
injection height

Fig. 5 shows that the distribution of adsorbents is greatly affected by injection height,
with the increase of nozzle height, the sorbent spatial coverage increases obviously,
and the average residence time of particles also increases from the lowest 2.24 s to
3.44s. However, there is a reverse point when the jet height is 11m, which is because
the injection gun was in the expansion duct at the height of 12m, where the flue gas
velocity is larger, causing a worse radial diffusion effect. In addition, the adsorbent
concentration per unit volume in the flue gas near the wall behind the expansion duct
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is higher when the injection height is below 11m, which is determined by the flue flow
field. For this reason, it suggests that the injection height should be 11 m.

4. Conclusion

The numerical simulation of the adsorbent injection device was carried out on the flue
gas duct of a 300MW coal-fired unit, and the effects of injection and operational
parameters on the HCI removal efficiency were explored. The results show that: (1)
The injection velocity increases from 10 m/s to 40 m/s and the dechlorinated adsorption
rate increases by 3.02%. Injection speed will affect the spatial coverage of the
adsorbent particles at the initial stage of injection, and the appropriate increase of the
injection speed will improve the HCI removal adsorption rate at the dust outlet; (2) The
Ca/Cl molar ratio will significantly improve the HCI removal efficiency. When the Ca/Cl
ratio increases from 3 to 9, the HCI removal efficiency increases from 50.70% to
69.16%. Therefore, it is advantageous to maintain a higher Ca/Cl molar ratio on the
premise of economy and no clogging of the pipeline; (3) The nozzle height can
significantly improve the HCI removal efficiency by increasing residence time. When
injection height reaches 11m, residence time increases by 34.97%, and HCI removal
efficiency increases by 7.52%. Combined with the result of the simulation and other
factors, the optimal adsorbent injection device parameters recommended are injection
height of 11m, Ca/Cl molar ratio of 9, and injection speed of 30 m/s.
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Abstract

Understanding the dynamics of solids mixing and segregation in fluidized beds is
fundamental for the design and improvement of industrial processes that involve
several solid phases. In this study, we introduce a novel measurement method for
the assessment of solid phases distribution in the vertical direction and their
segregation time under bubbling fluidization conditions. This method utilizes the
magnetic solid tracing (MST) technique by using small coils mounted along a thin
pin to capture the local concentration of one of the solid phases (in this case, the
lean solids phase) with a time resolution of 20 Hz. The experimental procedure
validates the reliability and efficacy of the MST pin method, highlighting its
potential as a useful technique for studying complex solids systems. The
measurements are carried out under fluid-dynamically downscaled conditions to
resemble the mixing of biomass (lean phase) in a hot large-scale reactor (700°C)
for thermochemical conversion.

The vertical concentration profiles of the lean phase and the transition times
between mixed and segregated states are reported, for different fluidization
velocities. The results show a consistent stronger penetration of the lean solids
phase (consisting of particles lighter and larger than the bulk solids) into the dense
bed as the fluidization velocity is increased. Further, it is shown that at very low
fluidization velocity (fluidization number 1.5) segregation occurs much more
rapidly than the mixing, while an increase in the fluidization velocity inverses this
relation by continuously accelerating the mixing process and slowing down the
transition to a segregate state.

Keywords: Magnetic Solids Tracing, Binary Fluidized Beds, Solids Mixing, Solids Segregation
1. Introduction

For decades, the study of solids mixing and segregation has been a focus within the fluidized
bed research community. Often, parameters such as efficiency and production yield crucially
depend upon the ability to steer and understand the complex dynamics of solids mixing and
segregation. Beyond the expected influence of buoyancy, these phenomena have been
found to be principally governed by the bubble flow behavior and drag forces. Over the years,
a number of measurement techniques, both invasive and non-invasive, have been used to
investigate the solids flow in dense beds, and more specifically mixing and segregation
patterns. Most of the experimental research concerns the study of binary beds based on
measurements either of surface concentration by means of imaging techniques (Chen & Fan,
1992; Emiola-Sadiq et al., 2021; X. Zhu et al., 2024), or of local in-bed concentration using
different solids sampling methods (Cluet et al., 2015; Emiola-Sadiq et al., 2021; Q. Zhu et al.,
2023). The investigation of the solid phases distribution on a space- and time-resolved basis
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has been limited by the lack of suitable experimental techniques, leaving gaps in
understanding the underlying phenomena of solids mixing and segregation in binary beds.

Magnetic solids tracing (MST) is an experimental technique that enables the measurement
of the local and time-resolved concentration of a ferromagnetic solid tracer. This technique
has previously been used to determine the residence time distributions and circulation rates
of solids in circulating fluidized beds (Eder et al., 2020; Guio-Pérez et al., 2017; Guio-Pérez,
Préll, & Hofbauer, 2013; Guio-Pérez, Proéll, Wassermann, et al., 2013) and to measure mean
solids velocities in a cross-flow fluidized bed (Farha et al., 2023).

This work aims to propose a method based on the MST technique through the development
of pin configuration, for the measurements of local tracer concentration and evaluate its ability
to provide valuable insights into solids mixing and segregation in binary beds. More
specifically, MST is used for the obtention of space- and time-resolved concentration profiles
of one of the two solid phases in a binary bed, to study both, steady-state conditions and
transition times between the segregated and mixed states. The experiments are conducted
at cold lab-scale conditions, applying fluid-dynamic scaling to replicate the flow in a large-
scale hot bed of sand-like bulk solids and biomass as a lean phase.

2. Method
2.1 Experimental setup

The experiments are conducted in a fluid-dynamically downscaled unit with a cross-sectional
area of 0.3 x 0.3 m? and a settled bed height of 0.08 m. The bed material, a bronze powder
(described in Table. 1), is fluidized with air at room conditions. By applying (Glicksman, 1984),
this setup resembles the fluid-dynamics of an upscaled hot pyrolysis unit of 1.25 x 1.25 m?
in cross-section and a 0.33 m settled bed height operating at 700°C and consisting of a sand
bed fluidized by flue gas. Table. 1 provides further details of the characteristics and operation
of the down-scaled cold model and the resembled hot reactor. The bed material (here dense
phase) belongs to the Geldart B type particles and has a minimum fluidization velocity of
0.082 m/s in ambient air. Regarding the lean phase (here tracer solids), biomass particles
are resembled by cuboid-shaped particles made of a synthetic expanded foam doped with
magnetic powder yielding a density of approximately 1600 kg/m? and representing 5 % of the
total solids volume.

Table. 1: Fluid-dynamical scaling of the operating parameters and physical properties of the
gas and solids phases.

Parameters Hot reactor Cold model
Temperature [°C] 700 20
Operating Pressure [atm] 1 1
conditions Mini Fluidization Velocit
inimum Fluidization Velocity 0.16 0.082
[m/s]
Density [kg/m?] 0.36 1.20
Fluidizing gas Flue gas Air
Viscosity [N/m.s] 4.07e-5 1.83e-5
Bed material Particle density [kg/m?] s 2600 8492
bulk solids o i and Bronze
Mean particle size [mm] 0.789 0.189
Lean solid Particle density [kg/m?3 Biomass 300 - 700 Synthetic 990 — 2300
phase Mean particle Size [mm] 1-90 tracer 0.26 — 23.76
Length 0.26
Scaling factors .
(cold/hot) Time 0.509
Mass 0.06

Fig. 1 illustrates the experimental setup. The local transient concentrations of tracer solids
are measured simultaneously at different vertical locations by means of a pin of 10 mm in
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diameter (here referred to as MST pin) equipped with three coils positioned at 0.065, 0.08,
and 0.101 m above the distributor plate. The sampling frequency is set to 20 Hz. The local
concentration of the lean phase is calculated based on the impedance of each coil, using the
following equation:
L-Lo

Lo
Where, X; is the volume fraction of the tracer solids, L is the sampled impedance signal, and
k is a calibration factor assessed beforehand for the given tracer material.
Further, pressure is also recorded using two immersed probes (placed at 0.045 and 0.06 m
above the gas distributor, respectively) coupled to pressure transducers.

Xt=k

Lean Phase ¢———

MST Coil

_ Pressure Measuring
" Probe

MST Pin + *Dense Phase

Fluidizing Air

Fig. 1: Schematic of the experimental setup (0.3 x 0.3 m in cross-section) indicating the
position of the MST pin and the pressure measurement probes.

2.2 Experimental procedure and data processing

The measurement data in Fig. 2 exemplifies the course of one experiment. In the figure, the
local concentration measured by the three coils throughout the different stages of the
experiment is presented. The binary bed is fluidized at a fluidization number FN=u/un=3
before the start of each experiment to establish homogenous conditions before returning to
minimum fluidization conditions. Following this, the lean phase solids are then evenly spread
across the bed and the MST sampling system is started. After approximately 70 s of sampling
at minimum fluidization conditions, the fluidization velocity is increased to the desired test
conditions. The bed transits from the segregated state (at minimum fluidization) to a mixed
state (mixing quality depending on fluidization conditions). After approximately 180 s, the bed
is brought back to minimum fluidization (t = 250 s in Fig. 2). The sampling is stopped roughly
60 s afterward. Four fluidization numbers have been tested for the mixed state: 1.5, 2, 2.5,
and 3. Each experimental case is repeated 3 times to ensure the robustness of the results.

The original time series sampled at 20 Hz, undergoes a moving average filtering process with
a window of 100 sample points (i.e. 5 s) to make it more suitable for the identification of the
transition and equilibrium states, as shown in Fig. 2. The five distinct states can be identified
in every experiment. These are (see Fig. 2): 1) an initial segregated equilibrium at minimum
fluidization conditions, 2) a transition from the segregated to the mixed state, 3) a mixing

50



equilibrium at bubbling conditions, 4) a transition from mixed to segregated bed, and, lastly, 5)
a segregated equilibrium at minimum fluidization.
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Fig. 2: Example of the measured transient local concentrations of lean solids phase for each of

the coils (FN=3). Dashed lines indicate transitions between mixed and segregated states.

Note from Fig. 2 that since the coils measure a local concentration, the measured tracer
concentration values at minimum fluidization at the start and the end of a given experimental
run may differ from one another, as the horizontal mixing is not perfect. The repetitions (three)
of each given operational case are used to account for this variability.

3. Results and Discussion

The bed expansion, calculated based on the bed voidage resulting from pressure difference
measurements, is shown in Fig. 3. for each fluidization velocity. The fluidized bed height is of
importance later on when analyzing the lean solids concentration profiles.
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Fig. 3: Mean bed voidage and fluidized bed height at different fluidization numbers.

Fig. 4 illustrates the vertical profile of tracer concentration around the location of the MST pin
for the mixed stage and the different fluidization velocities tested. Note that under bubbling
conditions, due to bed expansion, the top coil is the closest to the bed surface. In view of the
foregoing, observations reveal distinct yet consistent patterns: at FN=1.5 much of the lean
phase accumulates near the surface of the bed, predominantly detected by the middle coil. As
the fluidization velocity increases and bed expansion occurs, the vertical solids mixing
improves gradually and leads to an increased immersion of the tracer in the bed, which can
be seen from the continuous increase of the tracer concentration measured by the lowest coil.
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From FN=2.5 to FN=3, a notable increase in the tracer concentration in the bottom coil is
observed, which coincides with a decrease of the concentration at the top coil, this is, a
tendency towards a more homogeneous vertical profile and thus a strongly promoted vertical
solids mixing. Note that, for FN=3, the decreased tracer concentration sampled by the top coil
is probably due to the significant amounts of tracer being immersed into the bed at heights
below than that of the bottom coil, hence a decrease in the averaged concentration measured
is also observed.
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Fig. 4: Vertical profiles of tracer concentration under bubbling conditions at different
fluidization numbers.

The transition times from the segregated equilibrium (at minimum fluidization) to the mixing
equilibrium (at bubbling conditions) and vice versa are depicted in Fig. 5. The transition times
from the segregated to the mixed state are longer for lower fluidization numbers, and are
reduced drastically as fluidization velocity is increased, possibly due to the enhanced bubble
flow and consequent promotion of the solids mixing. On the contrary, the time required to yield
segregation starting from a mixing equilibrium is shorter when departing from bubbling
conditions at lower fluidization velocities, since the mixing equilibrium established is already
close to segregation. As expected, departing from higher fluidization velocities (and thus a
higher degree of mixing) requires a longer time to yield segregation equilibrium, although the
effect of fluidization velocity on such segregation times is not as strong as on the mixing times.
By considering the reference time scaling factor of 0.509 (see Table. 1), the transition times
are extrapolated to those at hot conditions and presented in Fig. 5.
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4. Conclusion

A new measurement device based on the magnetic solids tracing technique is used in this
study to measure the local concentrations of the lean solids phase at different heights in a
binary bed. The experimental vertical profiles of tracer concentration show a consistent trend
towards homogeneity (increased mixing) with the increase of fluidization velocity. Furthermore,
the transient concentrations are used to extract the transition times from mixing to segregation
and vice versa, concluding that with an increase of the fluidization velocity the time for
achieving mixing decreases, while increases for reaching segregation equilibrium. The results
obtained highlight the suitability of the designed method for the study of mixing and
segregation in binary beds, as well as its potential for use in a detailed description of transient
phenomena related to these processes.
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Abstract:

In this work, we tested the novel high Frequency-Modulated Continuous Wave (FMCW)-
Doppler THz-radar technique as a tool to characterize and quantify lateral flows of solids
in the transport region of a fluid-dynamically down-scaled circulating fluidized bed (CFB).
The radar technique offers the possibility to simultaneously measure concentration and
velocity of the solid particles, with a spatial resolution of 5 mm (in the direction of the
radar beam) and a temporal resolution of 5 Hz. Experiments performed in the downs-
scaled model (cross-sectional area of 0.45 m? and height 3.1 m) of an existing 200-MW
boiler, was operated with copper particles (mean size of 35 ym and density 8920 kg/m?)
using air at ambient temperature as the fluidization agent. Measurements were done in
a horizontal plane in the riser, with superficial velocities ranging from 0.4 to 0.8 m/s.
Based on the resolved data for solids velocity distribution and concentration, these
measurements demonstrate the capabilities of the high-frequency radar technique in
analyzing lateral movement of fine solids. The instrument showed good performance in
detecting small metallic particles and provided reasonable lateral velocity and
concentration profiles, which can be correlated through scaling laws to the reference
boiler. Given the observed fluctuations in the mean velocity profiles, extending
integration times may prove advantageous, whereas the concentration profiles appear
more stable. Further investigation into high-frequency radar readings near the walls is
warranted, as the spatial resolution exceeds the particle size. In practice, this technique,
when combined with established scaling laws, offers a practical strategy for broadening
our understanding of the complex motion behaviors that solids can exhibit in highly
dynamic, industrial-scale fluidized bed boilers.

1. Introduction

Fluidized bed boilers are characterized using Geldart-B group solids and large cross-section areas
[1, 2]. While providing good mixing conditions and enough time for the conversion of both the solid
fuel particles and the evolving combustible gases, such a configuration aims at achieving the
highest possible heat transfer rates to the walls in the so-called transport zone. Therefore, the
dynamics of bed solids at smaller length scales have been a recurrent topic of research.

Today’s commonly accepted flow description in the transport zone indicates that solids, entrained
from the splashing zone (in the form of dispersed solids), form an ascending stream of solids in the
core region of the furnace. While ascending, these solids may be transferred to the wall, where
they form a down-flowing layer [3], or they can also back mix inside the core region by clustering
and falling. Still today, there is only limited information about the horizontal (also called lateral)
transfer of solids between the core region and the annular boundary layer.

Most descriptions regarding solids flow in large-scale fluidized beds are based on pressure
measurements. Pressure transducers offer the most wide-spread method for assessment of the
vertical profile of solids concentrations [4]. While present in virtually every fluidized bed unit, from
the laboratory to the industrial scale, this method is very limited in terms of accuracy, stability, and
spatial resolution, particularly for very low concentrations. In the horizontal direction, the solids flow
characterization requires methods more sophisticated than the pressure drop, and so, data are
rather scarce [5]. Semi-empirical models combined with Direct Numerical Simulations (DNS) have,
to some extent, established mathematical descriptions of the solids lateral flow in fluidized bed
boilers [6]. Moreover, Computational Fluid Dynamics (CFD) is frequently used and compared to
experimental data, a fundamental step in developing and validating these models [7]. However, the
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scarcity of reliable experimental data, particularly for large-scale CFBs—and even more so in the
horizontal direction—significantly impedes the validation of these simulations.

One commonly used method for experimentally evaluating specific parameters in industrial
fluidized-bed boilers is through fluid-dynamical scaling. In this approach, the dimensionless forms
of the continuity and momentum equations are employed to achieve full similarity between a
reference unit and its downscaled laboratory model [8, 9]. These can often be operated at room
temperature, reducing construction costs, and enabling the use of advanced measurement
techniques [10].

The Frequency-Modulated Continuous Wave (FMCW)-pulse Doppler THz-radar (high-frequency
radar for short) technique can capture solids velocities and concentration with sub-millimeter spatial
resolution along the radar beam’s propagation [11, 12]. Moreover, unlike pressure transducers, the
radar-based technique is effective in capturing transients and distributions of solids velocities while
detecting solids volume concentrations between 10-6 and 10-' m®/m3. This non-intrusive technique
was demonstrated in [11] for a CFB using glass beads, and further substantiated in recent
developments [5], where the velocity distributions and solids concentrations with radar-based
measurements were used in conjunction to obtain the flux of solids in the vertical direction.

In this study, we aim to evaluate the high-frequency radar technique in its ability to directly assess
horizontal solids flows under fluid-dynamically down-scaled conditions of an existing 200-MW CFB
boiler. To do so, measurements are performed in the transport region of the fluid-dynamically down-
scaled unit.

2. Methodology
2.1 Experimental setting and conditions

In this work, a fluid-dynamically down-scaled cold-flow model of a CFB boiler was employed, using
copper powder as the bed material, characterized by a mean particle size of 35 ym and a density
of 8920 kg/m?3. The minimum fluidization and terminal velocities for these particles are 0.0045 m/s
and 0.28 m/s, respectively. The measurements reported in this paper were conducted with
superficial gas velocities ranging from 0.40 to 0.77 m/s and inventories in the main chamber
corresponding to a total pressure drop between 0.38 and 0.84 kPa. The down-scaled unit was
designed and built according to Glicksman’s simplified set of scaling parameters [8, 9]. The scaling
relations applied in this paper are outlined in Table 1. For a detailed analysis and comparison
between the reference boiler and cold-flow model, readers are directed to [13].

Table 1. Scaling parameters employed in the fluid-dynamically down-scaled CFB model, as described in [13].

Parameter Reference boiler Down-scaled model Unit
Length L 0.077L m
Time t 0.277t S
Velocity u 0.277u m/s
Mass m 0.00165m kg
Pressure p 0.278p Pa
Gas density Pg 3.546p¢ kg/m?
Solids density Ps 3.431ps kg/m?
Mean particle size ds 5.429ds um
Mass flux Gs 1.052Gs kg/m?-s

The dimensions of the down-scaled unit, built in acrylic glass, are illustrated in Fig. 1, and preserves
a 13:1 length ratio with the actual boiler and is fluidized with air at ambient conditions. Primary air
is injected through a perforated plate with a pressure drop equivalent to that of the real unit and
exits the chamber (furnace) through a single aperture located at the center top of the rear wall. The
experimental setup also includes a cyclone and a loop seal, necessary for the external recirculation
of bed solids. Although available, secondary air injection was not utilized in this study. The model
includes 27 pressure transducers arranged vertically (not shown in Fig. 1). Additionally, Fig. 1
displays the relative positioning of the radar setup, with the radar beam directed horizontally toward
the core of the unit. To minimize reflections and attenuation caused by the front wall, the middle
section of the unit was replaced by a high-density polyethylene (HDPE) plate. The radar beam
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penetrates this material and traverses the main chamber (furnace), reaching the rear wall. The
radar antenna was positioned to ensure that its beam penetrated the HDPE plate 1.17 m above
the distributor plate. Measurements were taken from two horizontal positions approximately 0.2 m
apart, as depicted in Fig. 1.

Position 2 (POS2) Radar beam ]

Position 1 (POS1)

warr |

Front wall
(HDPE plate),

.

Rear wall

Fig. 1. Experimental setup, including the orientation of the radar beam relative to the unit, which maintains a
1:13 length relationship to the 200-MW reference boiler. The figure also indicates the general dimensions of
the main chamber (corresponding to the furnace of the boiler) and positions where radar measurements were
conducted: POS1 at the center, and POS2 situated 0.2 m to the right at the same height as POS1.

The time-averaged pressure measurements along the height of the furnace, Ap, under the
assumption of negligible acceleration effects, allows for the solids volume concentration, as, to be
determined, as follows:

Ap = (pg(1 = ay) + psas)ghh, (1)

where g is the acceleration constant due to gravity, and Ah denotes the height difference between
the two selected pressure measurements.

2.2 High frequency radar

The type of radar used in the present work functions at a frequency high enough to detect solid
particles in sizes below 1 mm. Due to the frequency-modulated continuous-wave mode it uses, this
radar employs a single antenna for emitting and receiving the signal. Additionally, it incorporates a
Doppler, to quantify particles velocities in the direction of propagation of the radar beam [12]. The
space resolution is the product of the range resolution (the range, R or distance from the antenna
has a resolution AR of 5 mm), and the beam cross-section (about 40 mm cross-range resolution
dr), delineating volumes V; = mAR(0.5dz)?, for which the particle number concentration n, and
velocity distributions are assessed. The radar power equation, adjusted for the back-scattering
efficiency of homogeneous spheres based on Mie theory and assuming single scattering, is
presented as follows:

Pr = St [T £ () (r)dr - exp [~2 [ (fems (R 7 £y (r)or (r)dr ) dR] . (2)
As shown in Eq. (2), the reflected signal Py is proportional to the cross-section covered by solids at
the given range. The power equation also incorporates the solids size distribution f;, and the factor
K, which contains the calibration information for the specific setup as well as the natural signal
processing gains and losses [12, 11]. The solids number concentration is evaluated as a, = n,V;
by solving this equation for ng. For a given bulk material, experiments under controlled conditions
are used to calibrate the radar signal to the solids number concentration, as detailed in [12]. The
radar settings used were consistent with those specified in [11].

In this paper, average volume concentrations, acquired based on vertical pressure differences, are
used as reference for the calibration of the radar measurement data. This alternative method,
proposed in this paper by the first time, capitalizes on the equivalence between the integrated signal
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power (integrated in time for 15 s, and in space, wall to wall) and the average concentration at an
specific height (derived from pressure differences). This methodology assumes that the horizontal
concentration profile measured by the radar beam is representative for that specific height, and
that the mean concentration assessed based on pressure differences considers any possible lateral
concentration variations.

3. Results & discussion

In this section, we present results from experiments conducted in the fluid-dynamically down-scaled
cold model, alongside the equivalent up-scaled values, representative of an existing 200 MW
(reference) boiler as defined by the scaling relations provided in Table 1. Section 3.1 focuses on
the results concerning lateral solids velocity, while Section 3.2 examines the horizontal
concentration profiles. Subsequently, these findings are integrated in Section 3.3 to demonstrate
the net horizontal mass fluxes of solids across the horizontal segment.

3.1 Solids horizontal velocities

The upper part of Fig. 2 shows the solids mean horizontal velocity profiles measured in the down-
scaled system, alongside the scaled values for the reference boiler, presented on a secondary axis.
The lower part of Fig. 2 details the signal-to-velocity distributions from which the mean velocity
profiles have been computed along the radar’s trajectory, with each point-value separated by the
range resolution of 5 mm. The mean velocity profiles, shown in the upper part of Fig. 2, are generally
close to zero and display slight asymmetry at low superficial gas velocities. As the superficial
velocity increases, these profiles tend to become more symmetric, indicating possible recirculation
toward the wall layer.

Horizontal position in reference boiler, zp, (m)
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Fig. 2. Upper part of figure: Mean horizontal solids velocities within the radar beam, 1.17 m above the
distributor plate in the downscaled CFB, corresponding to 15.2 m above the primary air nozzles in the
reference boiler. Lower part of figure: signal-to-velocity distributions from which the mean velocities are
calculated.
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In the lower part of Fig. 2, the velocity distributions of the solids widen with higher superficial
velocities, while near the walls, these distributions consistently narrow, regardless of the superficial
gas velocity. Symmetry at the same gas velocities is more pronounced at position POS2 than at
POSH1, a distinction made clear by the high spatial and temporal resolution of the measurement
technique, which enables detection of these localized differences. For more comprehensive
analysis, further measurements at various locations at the same height could shed some light about
the homogeneity of the solid horizontal velocities. It should also be noted that non-zero mean
velocities measured near the walls may be caused by the fact that the range resolution is much
larger than the size of the particles AR > d.

Because of the strong fluctuations observed in the mean velocities, the apparent skewness towards
the front wall at lower gas velocities cannot be fully confirmed. This could be due to the integration
period not coinciding with the natural periods of the velocity profiles, suggesting the need for longer
measurement durations. Despite these fluctuations, the overall observations conform to theoretical
expectations, thus confirming the suitability of the technique in assessing lateral movements of
solids in the system.

3.2 Solids horizontal volume concentrations

The vertical profiles of solids volume concentrations, obtained from pressure differences using Eq.
(1), are given in Fig. 3a, with the highlighted area indicating the location of the horizontal radar-
based measurement, culminating in the profiles presented in Fig. 3b.
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Fig. 3. Profiles of the volumetric concentration of solids in the furnace, with distances provided for both the
cold model and the reference boiler. (a) Vertical profiles from pressure taps using Eq. (1), with the highlighted
region indicating the height of radar-based measurements. These values represent time-volume averages
over 3-5 minutes, covering the entire cross-section between consecutive pressure taps. (b) Horizontal profiles
from radar measurements at a vertical height of 1.17 m, time-averaged over 15 s, as detailed in Section 2.

All the conditions used in this work yielded a nearly flat solids concentration profile in the core region
and comparatively lower concentrations near the walls. The apparent asymmetry of the profiles,
where the rear wall shows higher concentrations, is probably due to the solids back-flow at the exit
duct but deserves further investigation. Since the range resolution is in the order of millimeter and
some abrupt concentrations changes are observed in the few millimeters near the walls, it is not
possible to rule out the possibility of shift in the observation window. It is worth mentioning that
there are no considerable differences between the concentration profiles at POS1 and POS2,
suggesting homogeneity in the flow and supporting the assumption that the average concentration
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at a specific coordinate is representative of the whole cross section. In contrast to the velocity
measurements, the concentration profiles exhibit milder fluctuations, suggesting that an integration
time of 15 s might be sufficient for acquisition of representative concentration measurements.

3.3 Solids horizontal mass fluxes

Combining the horizontally measured profiles of concentration and velocity from Figs. 2 and 3b
allows for the corresponding solids net flux to be computed as functions of these, as we present in
Fig. 4. For the examined experimental conditions in this study, the mass flux profiles closely align
with the velocity profiles, due to the even concentration profiles, markedly accentuating differences
between various inventories and gas velocities, especially when compared to conditions with the
lowest inventory and superficial velocity.
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Fig. 4. Net horizontal mass flux of solids, derived from integrated radar-based measurement of concentration
and velocity profiles, with up-scaled horizontal positions in the reference boiler shown on the secondary axis.

4. Conclusions

This paper demonstrates the capabilities of the FMCW-pulse Doppler THz-radar technique in
analyzing solids flow under fluid-dynamically down-scaled conditions using copper powder with a
mean particle size of 35 ym. While this work is limited to presenting initial measurements that
include data for a flow region with low concentration levels, the high-frequency radar measurements
provide detailed descriptions of the solids’ horizontal concentrations and velocities. We
demonstrate the technique’s ability to simultaneously capture these profiles with high spatial
resolution along the radar beam’s propagation path, with a range resolution set to AR=5 mm in
this study. Consequently, signal-to-velocity distributions are obtained at every distance AR, wall-to-
wall, which can be readily converted into probability density functions (PDFs). Moreover, through
calibration using pressure transducers concurrently during these experiments, at the given
conditions, we derive the solids concentration profiles horizontally that are combined with the
velocities of the solids to calculate their mass fluxes. In the continuation of this work, we will
elaborate on how the local PDFs, captured along the trajectory of the beam, and highlighted herein,
enable the elucidation of more intricate details. This objective will be achieved by presenting the
flux of solids separated into their constituent components: the lateral flux in the direction of either
the front or rear wall. Moreover, based on the well-established scaling relations, these findings
directly relate to the reference boiler, thereby offering a viable method for improving our
understanding and characterization of the lateral movement of solids in a full-scale CFB boilers.
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Abstract

In the simulation of Circulating Fluidized Bed (CFB), the riser, as the main part of
the CFB, needs to be built reasonably and accurately in the model. Reasonable
structural simplification of riser can considerably reduce the computational cost.
However, there are very few studies describing the effect of different simplified
structures on the flow field of the riser. In this paper, Two-Fluid Model combined
with Energy Minimization Multi-Scale (EMMS) model and modified solid pressure
model are used to compare the hydrodynamic characteristics in four different
simplified structures of the riser reactor. The gas-solid flow and pressure
distribution are compared, and the effects of the feed pipe at the inlet and the
elbow at the outlet on the gas-solid flow field are summarized. The comparison of
the different simplified risers and the full-loop CFB shows that the gas-solid flow
field in the riser can be greatly influenced by the inlet and outlet structure. When
the feed pipe is neglected, a stable core-annulus distribution is formed at the lower
part of the riser. The solids holdup will be overestimated at the bottom and the
velocity of particles will be underestimated. The upper and middle of the riser is
mainly affected by the outlet structure. The gas-solid flow in the simplified riser
ignoring the outlet elbow is unstable. At the upper and middle part of riser, the
solids holdup decreases along the axial height, which differs greatly from the real
gas-solid flow field. The pressure drop is underestimated and the particle velocity
in the upper part of riser is overestimated. Therefore, the real gas-solid flow
distribution in the riser can be more accurately described by the riser structure that
retains the feed pipe and the top elbow in the model.

1. Introduction

Gas-solid CFBs, with good gas-solid mixing, fast reaction and high mass and heat transfer
efficiency, are widely used in industrial processes, such as CFB boiler and fluidized catalytic
cracking (FCC) "2, A full-loop gas-solid CFB generally consists of a riser, cyclone separator,
downcomer, storage tank and feed pipe. Hydrodynamics in the riser are usually studied by
Computational Fluid Dynamics (CFD) simulation for providing important information for the
design and operation of the riser reactor. Due to the computational complexity and cost, a
single riser is usually simulated with certain simplifications for representing the full-loop CFB
riser. But some flow details may be missing in the simplified riser.

There are many scholars simulating a single riser of CFB. Wang et al ¥l simulated the CFB
riser using the Computational Particle Fluid Dynamics (CPFD) method to obtain the gas-solid
flow and particle distribution. The segregation of larger particles at the bottom of the riser and
the near-wall effects at different heights were correctly predicted. The abrupt T and smooth
semi-bend exit of single risers were compared by Wang . Larger and denser clusters were
found to be formed near the abrupt T and smooth semi-bend exits and the solids holdup
increased significantly. Meanwhile, in order to get more comprehensive information inside the
CFB, many full-loop CFBs have been simulated. Yao et al ® found that the solids holdup in
the riser is affected by the structure and the aeration air at the bottom of the CFB. The pressure
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drop distribution, which is larger at the bottom of the riser and smaller at the top of the riser,
has been obtained by Huo et al®l. Many flow field details were obtained, which are ignored in
the simplified model.

It can be found that the gas-solid flow field in the riser will be significantly affected by the inlet
and outlet structures. When the riser structure is over simplified, important flow information
may be lost. The difference in gas-solid distribution between the simplified riser and the riser
in full-loop CFB maybe large. Simplified structures of risers at low density have been explored
[ However, the mechanism of influencing factors on the gas-solid flow field may be changed
greatly as increasing solids concentration. It is necessary to compare the different simplified
structures of the risers at high density CFB in more detail. In this paper, four different simplified
structures of the riser are simulated and compared with the riser of a full-loop CFB. The
mechanisms of the inlet structure and outlet structure of the riser on the gas-solid flow are
explored, which can provide guidance for the simulation of the riser at high solids circulation
rate.

2. Methods
2.1 Mathematic Model

In this work, the Euler-Euler model is used to simulate the gas-solid flow in riser and full-loop
CFB. Both gas and solid phases in the Euler-Euler model are considered as interpenetrating
continua. The Energy Minimization Multi-Scale (EMMS) model is used to describe the
interaction between gas phase and solid phases &9,

The traditional solid pressure model needs to be modified by considering the effect of clusters
at conditions of high solids circulation rate. Therefore, the solid pressure modification
coefficient proposed in our laboratory is used to describe different contributions of clusters to
solid pressure in the dilute region and dense region ['%.

ps = ps,O X B
Where, B=0.3,p,, =£,0.0,[1+2(1+¢,)&.9, ]
2.2 Simulation Objects and Boundary Conditions

The simulation objects are shown in Fig. 1, where (a) is the full-loop CFB geometry and (b),
(c), (d), (e) are the geometries of different simplified riser. Both the feed pipe at the bottom of
the riser and the elbow at the outlet of the riser are ignored in riser I. The feed pipe at the
bottom of the riser is ignored in riser Il. The elbow at the outlet of the riser is ignored in riser
III. Both the feed pipe at the bottom and the elbow at the outlet of the riser are retained in riser
IV. The height and diameter of the four simplified risers are the same as for that in the full-loop
CFB.

In the simulation, air is used as the gas phase and the FCC catalyst is used as the solid phase.
The solid phase circulating in the CFB was set with an initial patching height. No-slip wall
boundary condition is used for all structures. The solids holdup of 630 kg/(m?s), which belongs
to operation at high density, was used for CFB. The material properties and boundary
conditions in detail are shown in Table 1.
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(a) Full-loop (b) Riser | (c) Riser Il (d) Riser lll (e) Riser IV

Fig. 1. Geometry of the simulated object.

Table 1. Material properties and operating conditions.

ltems Values
Air density [kg/m?] 1.225
Air viscosity [Pa-s] 1.7894x10°
Particle density [kg/m?] 1500
Particle diameter [m] 8.5x10°%
Superficial gas velocity [m/s] 7
Fluidized air volume flow rate [m?%/s] 12
Solids circulating rate [kg/(m?s)] 630

3. Results and discussion
3.1 Model Validation

The simulation data are compared with the experimental data from the CFB build in our
laboratory, as shown in Fig. 2. The solid holdup of the full-loop CFB is higher near the wall
and lower in the center, which is in good agreement with the experiment. The gas-solid
distribution within the high density CFB can be predicted accurately by the present model.
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Fig. 2. Comparison of solids holdup in the CFB riser in simulation and experiment.
3.2 Comparison of Different Simplified Riser Models
3.2.1 Comparison of Solids Holdup

The axial distributions of solids holdup in the full-loop CFB riser and the four simplified risers
are shown in Fig. 3. For the full-loop CFB riser, the solids holdup at the bottom of the riser
increases and then decreases due to the influence of inlet structure. The solids holdup in the
middle of the riser is basically constant. At the top of the riser, the solids holdup increased due
to the influence of elbow. It can be found that riser | and riser Il, ignoring the inlet structure,
show rapid increase in solids holdup at the bottom. In the middle and top of the riser, the solids
holdup of the riser Il constantly decreases due to lacking of elbow structure. The fluctuation
of the solids holdup of the riser | is wide, which indicates that it cannot realize stable gas-solid
flow when simplifying the inlet and outlet of the riser. The axial distribution of solids holdup
within the Riser 1V, is essentially the same as in the full-loop CFB riser. In summary, the inlet
structure and outlet structure will not only affect the feeding method of the gas phase and solid
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phase, but also have significant impacts on the solids distribution and gas-solid flow
hydrodynamic. The particle concentration in the lower part of the riser increases greatly when
the feed pipe is ignored, and the particle concentration in the upper part of the riser decreases
greatly when the elbow is ignored. It is crucial to retain inlet structure and outlet structure that
are similar to full-loop CFB, to realize uniform distribution of solids holdup in the riser.
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Fig. 3. Comparison of axial distribution of solids holdup in full-loop CFB and different simplified
risers.

The solids holdup at the bottom of the riser with different structures are compared in detail in
Fig. 4. The distribution of solids and clusters at the bottom of the riser is strongly influenced
by the inlet structure. In the full-loop CFB, the low-velocity particles from the feed pipe mix with
the high-velocity gas at the bottom of the riser, and some of the particles collide and aggregate
on the opposite side wall. There are more clusters at the bottom of the riser comparing to that
at the upper part of the riser. In the simplified riser | and riser II, the gas phase and solid phase
are fed uniformly at the bottom of the riser and reach steady flow quickly, which is quite
different from the actual gas-solid flow field. Ununiform distribution of solids at the radial
direction and some clusters are found at the bottom of the riser 1l and riser IV, which is similar
to that of the full-loop CFB riser. However, there is slight difference in the particle distribution
at the inlet between riser I, riser IV and the full-loop riser. This phenomenon is due to the fact
that the difference in particle distribution in the feed pipe results in the scouring of the wall by
particles at the bottom of the riser being weakened in riser Ill and riser IV.
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Fig.4. Distribution of solids holdup in full-loop CFB and different simplified risers.
3.2.2 Comparison of Particle Velocity

The axial distributions of particle velocity in the full-loop CFB riser and the four simplified risers
are shown in Fig. 5. At the bottom of the riser, the particle velocity is low while the gas velocity
is high, and the particle velocity is increasing under the effect of the drag force. Therefore, the
bottom of the riser can be regarded as the acceleration zone. As the particle velocity increases,
the drag force decreases and is balanced by particle gravity, which can be regarded as the
fully developed zone. At the top of the riser, the particle velocity increases again due to the
outlet effect. The particle velocity is affected with different degrees by the simplification method
comparing to the full-loop riser. Along the height of the riser, the particle velocities in riser |
and riser |l decrease and then remain constant. The mixture of particles and gas entering the
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riser with the same velocity due to the simplified inlet structure. As the drag force increases,
the acceleration of particle settlement decreases until the gravity is equal to the drag force and
the particle velocity remains constant. The particle velocity of riser Il in the lower part of the
riser is similar to that of the full-loop CFB. However, in the upper part of the riser, the particle
velocity is slightly larger than that of the full-loop CFB, which may be due to the fact that the
outlet elbow is replaced by the straight pipe and the particle flow is not prevented by the elbow.
The axial distribution of particle velocity in riser IV is most similar to that of the full-loop CFB.
In summary, the particle velocity is most influenced by the inlet structure, which is
concentrated at the bottom of the riser. The whole particle velocity in the riser is reduced by
simplifying the inlet structure, and the particle velocity in the upper part of the riser slightly
increases due to simplifying the outlet structure.
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Fig. 5. Comparison of axial particle velocity in full-loop CFB and different simplified risers.

3.2.3 Comparison of Pressure Drop

The pressure distribution inside the riser is critical for pressure balance of the CFB and plays
an important role to maintain stable gas-solid hydrodynamic. Fig. 6 shows the comparison of
the pressure in the different simplified risers and the full-loop riser. Since the pressure drop
inside the riser is mainly composed of the particle static pressure, the pressure drop is mainly
affected by the change of solids holdup. In the full-loop CFB, the pressure drop at the inlet of
the riser is higher because of the higher solids holdup, and the pressure drop at the outlet of
the riser is lower because of the lower solids holdup. The overall pressure drop in the riser is
about 45 kPa. The pressure drop in riser | is higher in the lower part of the riser and lower in
the upper part of the riser, which is mainly due to the non-uniform distribution of solids holdup.
The value of the overall pressure drop in the riser | is almost the same as the riser in full-loop
CFB. The solids holdup in riser Il, where the inlet structure is neglected, is smaller, which leads
to the increase of pressure drop. The pressure drop of riser Il is about 10 kPa larger than that
of full-loop CFB due to higher solids holdup. The outlet of the riser Il is simplified resulting in
a smaller solids holdup in the upper part of the riser than the full-loop CFB riser, and the
pressure drop is also 15 kPa lower than the full-loop CFB riser. It can be found that the
simplification of the outlet structure of the riser has greater impacts on the overall pressure
drop in the riser. The pressure drop distribution in the riser can be reasonably predicted by
retaining both the inlet structure and the outlet structure, as shown in Fig.6 (d).
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4. Conclusion

In this paper, the gas-solid flow of different simplified risers and the riser in a full-loop CFB are
compared under high density operation, and the influence mechanisms of the inlet and outlet
structures on the gas-solid flow characteristics in the riser are revealed.

The inlet structure in the riser mainly affects the gas-solid flow in the lower part of the riser.
When the feed pipe is ignored, the solids holdup at the bottom of the riser is predicted to
increase rapidly, which lead to higher solids holdup in whole riser. More clusters with larger
size are formed near the wall, and clearly core-annulus distribution can be predicted. The
pressure drop at the bottom of the riser also increases with increasing solids holdup. However,
the particle velocity decreases at the bottom of the riser, and particle velocity is smaller than
that of the riser in full-loop CFB after reaching stabilization.

The outlet structure of the riser mainly affects the gas-solid flow in the upper and middle parts
of the riser. It is difficult to achieve stable gas-solid flow in the simplified riser without the outlet
elbow in the model. The solids holdup decreases with increasing axial height, and the radial
inhomogeneity at the outlet decreases, which differs greatly from actual flow field. The
pressure drop inside the riser without the elbow structure greatly decreases, and the particle
velocity slightly increases in the middle of the riser. In contrast, the gas-solid distribution
obtained from the riser with feed pipe and elbow can be in good agreement with that of the
riser in the full-loop CFB. Therefore, the simplification of riser with feed pipe and elbow can be
used to represent the CFB riser during CFD simulations.
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Abstract

The drying characteristics and solid-phase reduction kinetics of nickel laterite were
investigated at both low and high temperatures. The results demonstrate a strong
correlation between the drying efficiency of nickel laterite ore and temperature,
with higher temperatures leading to faster drying rates. At 700 °C, the required
drying requirements can be met, and the maximum drying rate during different
temperature stages follows an approximately linear trend with temperature. A
kinetic study was conducted on the reduction of nickel laterite ore using semi-coke
as a reducing agent. Based on calculations of kinetic parameters, the weight loss
rate was modeled as a function of heating temperature, which was then validated
against experimental data. The results reveal that the reduction process consists
of three stages: the first stage (30 ~ 400 °C), the second stage (400 ~ 800 °C)
follows a nucleation and growth mechanism with activation energies of 38.59
kd/mol and 89.11 kJd/mol respectively, while in the third stage (800 ~ 1000 °C),
diffusion control dominates with an activation energy for nickel laterite in this stage
being 109.97 kd/mol.

Key words: laterite nickel ore, dehydration mechanism, kinetics, activation energy
1. Introduction

The exceptional properties of nickel, including its magnetism and ductility, make it
extensively utilized in various sectors such as stainless steel production, aerospace
engineering, and fuel cell technology within the military, industrial, and civil domains!'l. Nickel
in nature primarily exists in the forms of laterite nickel ore and nickel sulfide ore. Although
laterite70% of the total amount that can be mined, it only contributes to 40% of the available
nickel resources?l. In recent years, due to the gradual depletion sulfide reserves, low-grade
laterite nickel ore has emerged as the primary source for ferro-nickel production.

Fluidized reduction roasting of nickel laterite ore is a highly efficient method for smelting.
The water content of nickel laterite ore is very high, such that the free water and water of
crystallization can reach more than 25% (mass fraction). The high-water content will lead to
increased energy consumption in the high-temperature smelting process, and too much water
can prevent the production process from running smoothly. The study of the characteristics
and kinetics of the nickel laterite ore drying and reduction process is of great significance for
improving and innovating the nickel laterite ore smelting process. Many scholars have carried
out in-depth studies on the dehydration mechanism and solid carbon reduction kinetics of
laterite nickel ore. For example, PICKLESE! used the thermogravimetric method to study the
drying kinetics of nickel-containing limonite ore in the range of 44 ~ 228 °C and determined
the drying characteristic curve of the limonite dewatering process. Abdel-Halim et al.ll
elucidated the kinetics and mechanism of solid carbon reduction by analyzing the tail gas's
CO and CO2 fraction changes. The reduction process is dominated by gas reactions,
especially at low temperatures, and the Boudouard response is the key to controlling the
reaction rate. LIU et al.l investigated the effect of sodium sulfate on the non-isothermal
reduction kinetics of nickel laterite ores containing solid C. They determined the three-
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dimensional diffusion equation as a function of the mechanism in the early and intermediate
stages.

In recent years, different nickel laterite smelting processes, such as RK-EF and direct
reduction roasting!®, have been developed rapidly at home and abroad. Still, the systematic
study of the drying characteristics and reduction kinetics of nickel laterite is less, so it is
significant to study the drying mechanism of nickel laterite and its phase transition
characteristics. In this paper, the drying characteristics of nickel laterite ore are experimentally
investigated by high-temperature thermal balance, and the kinetics of the reduction process
of nickel laterite ore and semi-coke under non-isothermal conditions is also analyzed by
thermogravimetric analysis, which provides theoretical references for the optimization of the
pyrometallurgical smelting process of nickel laterite ore.

2. Materials and methods
2.1 Materials

The nickel laterite ore used in this paper has a chemical composition as shown in Table
1, with Ni content of 1.45% and Fe content of 24.30%, which belongs to the transitional nickel
laterite ore.

Table1 Chemical composition analysis of nickel laterite ore (wt %)

Composition Ni TFe Co SiO2 MnO Al2O3 CaO MgO Cr203

Content 145 2430 0.08  28.08 0.60 4.62 0.98 18.29 1.36

XRD and the results characterized the laterite nickel ore are shown in Fig. 1. The main
mineral compositions of this lateritic nickel ore are kaolinite, acicular iron ore, hematite, quartz,
and (nickel-bearing) serpentine. Serpentine and kaolinite are water-bearing silicate minerals,
and acicular iron ore contains water for crystallization. Therefore, the crystalline and structural
water content in this nickel laterite ore is high.

Intensity/(a.u.)

DSC/(W/g)

50 60 70 80 %
20/(°) Temperature/(°C)

020 30 40

Fig. 1. XRD analysis of nickel laterite ore Fig. 2. TG-DSC analysis of nickel laterite ore

The TG-DSC analysis of nickel laterite ore is shown in Fig. 2. It can be seen in the figure
that there is an apparent mass loss of nickel laterite ore with the increase in temperature,
which is caused by the removal of water. The DSC curve has three heat-absorbing peaks
and one exothermic peak. The removal of adsorbed water, water of crystallization, and
structural water requires heat absorption, so the heat absorption peaks appeared at 103°C,
269.5°C, and 586.7°C. The exothermic peak occurred at 822.3°C because the serpentine in
the laterite nickel ore was transformed into magnesium peridotite by a phase change, which
released a large amount of heat.

2.2 Methods

The flow of the high-temperature tube furnace thermal balance experiment system is
shown in Fig. 3, which consists of the furnace body, control system, measurement system,
gas distribution system, and record storage system. Before the experiment, the reaction
temperature was set to the desired temperature, and the furnace was turned on. After reaching
the temperature, the furnace chamber was purged with Nz at a flow rate of 4 SLM to displace
the residual air. After that, the crucible containing a certain amount of nickel laterite (about 2.5
g) was quickly pushed into the constant temperature zone of the furnace chamber. During the
experiment, an electronic balance was used to record the data in real time, and the experiment
was stopped when the electronic balance showed that the mass no longer changed and
stabilized for a while.
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Fig. 3. Schematic diagram of high-temperature tube furnace thermal balance experiment system

In this paper, thermogravimetric experiments were carried out to perform reduction kinetic
analysis. The specific experimental steps are as follows: firstly, the nickel laterite was placed
in a blast drying oven, and dried at 105 °C for four hours to altogether remove its adsorbed
water. To eliminate the influence of crystallization and structural water on the reduction
process, the dried nickel laterite ore was roasted in a muffle furnace at a constant temperature
(900 °C) for two hours. Finally, the roasted ore and semi-coke were thoroughly mixed with a
semi-coke content of 4%. About 5 mg of the sample was weighed into a crucible, and the
crucible was placed in a microcomputer differential thermal balance and heated up to 1000 °C
under the conditions of the N2 flow rate of 30 ml/min, and heating rates of 5 °C/min, 10 °C/min,
15 °C/min, and 20 °C/min, respectively.

3. Results and discussion
3.1 Low-temperature drying characteristic

Under the condition of N2 flow rate of 4 SLM, 120 °C, 150 °C, 180 °C and 210 °C were
selected as the drying temperatures to study the low-temperature drying characteristics of
nickel laterite ore. Fig. 4(a) shows the weight loss curve of nickel laterite ore in the drying
process. It can be seen from Fig. 4(a), with the increase in drying time, the wet base water
content of nickel laterite ore decreases and finally tends to be constant; with the decrease of
wet base water content, the drying rate of nickel laterite ore firstincreases and then decreases.
Low-temperature drying removes the adsorbed water, the process does not cause phase
change, and the drying curve is smooth and stable. With the increase in temperature, its
maximum drying rate also increases.

3.2 High-temperature drying characteristic

Under the condition of N2 flow rate of 4 SLM, 700 ~ 850 °C were selected as the drying
temperatures to carry out high-temperature drying experiments on nickel laterite ore. It can be
seen from Fig. 4(b) that, with the increase in drying time, the moisture content of the wet base
decreases. Before 300 s, the moisture content of the wet base changes faster, and the drying
rate is more significant; after 300 s, the moisture content of the wet base changes slower, and
the drying rate becomes smaller and finally tends to be constant. Under the same drying time
condition, the higher the temperature, the faster the water removal rate. When exceeding the
phase change temperature (822.3 °C), the moisture removal rate will significantly improve and
meet the drying requirements earlier.

@ —=— 120°C Log (b e 700°C

—e— 150°C ——750°C
—— 180°C
—v— 210°C

—4—800°C
—v—850°C

Mass loss/(g/g)
Mass loss/(g/g)

Fig. 4. Drying characteristic curve (a) Low-temperature (b) High-temperature

3.3 Drying kinetics analysis
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The drying process of nickel laterite ore was analyzed kinetically. Fig. 5 shows Ink versus
1/T for the nickel laterite ore drying process, where k takes the maximum drying rate constant.
It can be seen in Fig. 4 that the maximum drying rate increases with increasing temperature,
but the drying rate is not constant, so k is taken as the maximum value of the drying rate. The
results show that the maximum drying rate at different temperatures for both high and low-
temperature drying stages is approximately linear with temperature. The Arrhenius empirical
formulal” is commonly used to describe the relationship between chemical reaction rate
constants and temperature:

k = Aexp(-E, / RT) (1)
Taking logarithms on both sides of equation (1), we get:

E
Ink = InNA——2 2
nk = In = (2)

where K is the reaction rate constant, A is the pre-exponential factor, E; is the activation energy,
R is the gas constant (8.314 J/(K-mol)), and T is the temperature.

According to Equation (2), the slope of the straight line in Fig. 5 is derived as EJ/R, and
the activation energy of the low-temperature drying process can be found to be 7.5 kJ/mol,
and that of the high-temperature drying process is 10.53 kd/mol.

. = Low temperature condition
L 4 High temperature condition

55 R¥=0.985

IT(10%/K)

Fig. 5. Relationship between Ink and 1/T during drying
3.4 Reduction kinetics analysis

Throughout the reaction, the change in mass of the sample was recorded as a function
of time, and the conversion of semi-coke with nickel laterite reduction was expressed as
followsl®!:

a=T0 =M 1 00% (3)

m, —m,
where mq is the initial mass of the sample, m; is the mass of the sample at time t, and
M. is the final mass of the sample.

Fig. 6 shows the relationship between conversion rate and temperature at different
heating rates, from which it can be seen that the conversion rate is unaffected by the heating
rate, and the whole reduction process can be divided into three stages according to the
temperature intervals, which are the first stage (30~400°C), the second stage (400~800°C),
and the third stage (800°C~1000°C), in which the reaction rate is the fastest in the third stage.

0
—— 5°C/min
—— 10°C/min

804
— 20°C/min

First stage
Third stage

200 400 600 800 1000

Temperature/(°C)

Fig. 6. The relationship between conversion and temperature at different heating rates
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The following formula is derived by using the dynamic fitting method proposed by COATS
and REDFERNP. The differential kinetic equation can be expressed as:

da
E=k(T)f(a) (@)
Bringing Eq. (1) into Eq. (4) gives:
O('T‘:z Aexp(-E, / RT) f (@) 5)
The heating rate is B is a constant:
_ar

dt (6)
Combining Eq. (5) and Eq. (6) and integrating over f(a) gives:

B

ART? 2RT
(I——)exp(-
PE E (7)

where g(a) is an integral function of f(a). Taking the logarithm of both sides of Eq. (7), which
gives:

o[22 2m )
PE, . (8)

Eq. (8) shows that In[g(a)/T?] is approximately linear with 1/T.

)

Ea
9(@)= =

R

Common solid-phase reaction models include chemical reaction, diffusion, interface
reaction, and nucleation and growth models!'?. The fifteen kinetic mechanism functions were
used to validate and analyze the different stages. The relationship between In[g(a)/T?] and 1/T
can be obtained by combining with Eq. (8). The results are shown in Fig. 7. The validation
indicates that the first stage (30~400 °C) and the second stage (400~800 °C) have the most
significant correlation with the mechanism function A4, which is in line with the nucleation and
growth model, and its differential expression with is:

f(a)=1/(2a) 9)

The third stage (800~1000 °C) has the most considerable correlation with the mechanism
function D1, which is determined to be a one-dimensional diffusion reaction, in which the
diffusion is a velocity-controlled link, and its differential expression is:

f(a)=1/4(1-o)[-In(l—- )] (10)
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In(g(a)/T?)

Fig. 7. Kinetic model in reduction process

After determining f(a) for each stage, the activation energy E, for different stages can be
easily calculated from the slope of the fitted straight line. The results are shown in Table 2.

Table 2 Activation energy at different stages of the reduction process

Reaction stage First stage Second stage Third stage
Ea/(kJ-mol™) 38.59 89.11 109.97
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As the reaction proceeds, the activation energy of each reaction stage increases
sequentially, and the reaction rates of different stages are significantly different. For the first
stage of the reduction reaction, this stage of the reaction temperature is low. The temperature
limits the reaction of nickel-iron oxides and reductants. This stage of the reaction rate is low,
and the principal reduction of easily reducible oxides Fe;O3 and NiO reduction; the second
stage of the temperature is gradually increased, and the reaction rate is accelerated, but due
to the reduction of iron oxides is step-by-step, the stage of the reduction of FeO will be FeO
reduction, relative to the Fe>O3; and NiO. Fe;Os and NiO, FeO is more difficult to reduce.
Therefore, the activation energy of this stage is higher than that of the first stage; when the
reaction enters the third stage, the activity of FeO will be reduced, FeO will react with SiO; to
form silicate minerals, and serpentine phase change in this temperature range, decomposition
to form amorphous magnesium-iron peridotite, and at the same time, the surface of the mineral
will produce a layer of metallic iron, which will hinder the reduction reaction.

4. Conclusion

1) The water in laterite nickel ore mainly exists in adsorbed, crystal, and structural water. The
water content in laterite nickel ore is 35%, of which crystal and structural water are 7%.

2) High-temperature and low-temperature drying experiments show that the maximum drying
rate at different temperatures is approximately linear with temperature. 700 °C can meet the
drying requirements required by the experiment.

3) The reduction process of the laterite nickel ore can be divided into three stages: the first
and the second stage conform to the nucleation growth model, the kinetic equation of which
is (1-a) —1-1 = kt, and the chemical reaction is the speed control link of the process; In the
third stage, the kinetic equation is a? = kt, diffusion is the speed control link.
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Abstract

Fluidized bed reactor has been considered as one of the viable devices for the
oxidative coupling of methane (OCM) compared to traditional fixed bed.
However, particle clusters in fluidized bed affect flow behaviors of fluids, which is
not conductive to OCM reaction. In this study, the flow and reaction behaviors of
isolated particle and cluster model were studied by computational fluid dynamics
(CFD) method. The results showed that the obstruction caused by outer particles
resulted in a large volume of fluids flowing along cluster surface than through
inner pores, leading to the poor gas-solid contact and heat transfer efficiency
and the uneven distribution of products. The ethylene distributed continuously in
isolated particle model with a yield of 23.31%, while it mainly concentrated on
the upwind side in cluster model with a yield of 12.66%. This study provides
some guidance for revealing the inhomogeneous characteristics caused by
particle cluster on OCM reaction.

Keywords: particle cluster, oxidative coupling of methane, fluidized bed, gas-
solid two-phase flow, numerical simulation.

1. Introduction

As one of the fundamental raw materials in the chemical industry, ethylene is widely
utilized for large-scale production of various chemicals, including synthetic fibers, synthetic
rubbers, synthetic plastics, synthetic ethanol. Among the ethylene production of oil-based,
coal-based, and light olefins-based routes, the oxidative coupling of methane (OCM)
technology stands out by utilizing abundant and cost-effective methane as raw materials,
which contributes to the efficient utilization of natural gas resources like coal bed methane
and shale gas [1-4]. However, the excessive oxidation of methane, ethane and ethylene on
catalyst surfaces or in the gaseous phase produced the undesirable products, such as COy
and H»O [5]. These side reactions significantly limited the yield of desired products.

Traditionally, the OCM reactions were mainly conducted in a fixed bed reactor due to its
simplicity of operation and lower limitation on catalyst particles. However, this approach was
prone to local hot spots during such a highly exothermic reaction, leading to catalyst
deactivation and excessive oxidation [6]. Therefore, the fluidized bed with high fluidization
velocity and uniform temperature distribution was also employed for performing the OCM
reaction [7]. Worthily, the particles were readily gathered to clusters during gas-solid
fluidization processes, reducing the flow stability of particles and impacting the catalytic
efficiency of catalysts in reactions [8]. However, there are few studies on particle cluster
effect for OCM reactions. It is imperative to investigate the cluster effect of catalyst particles
on the OCM reaction in fluidized bed reactors.

In this study, computational fluid dynamics (CFD) were employed to investigate the
particle cluster effect on the OCM reaction. A local model of two-dimensional gas-solid
fluidized bed was established to analyze flow and reaction characteristics under isolated
particle model and particle cluster model with an aim to elucidate their influence on the OCM
reaction.

73



2. Model description
2.1 Governing equations

The continuity equation, momentum equation and energy equation of continuous phase
motion are shown as Eq. (1) to Eq. (3). To solve the turbulence of continuous species in
fluidized bed, the realizable k-¢ model is applied in this study.

.4v-(pi)=0 (1)
2 (o) + V(i) = -Vp +V+(7) + 9§ + Suen 2)
%( (e+%)J+V-£pV(h+%)]:V-[keﬂVT —;thjﬂeﬁ -GJ+ S, 3)

The mass conservation equation for gaseous space k (k = N2, CHs, O, C2Hs, CoH4, CO,
CO- and H20) are calculated as:

9 9 AR
g(ngij):gLDﬁj’gt};Sk (4)

J J
2.2 OCM reaction mechanism

The mechanism of OCM reaction presented by Nastaran was employed in this study,
which were characterized by the set of stoichiometric equations shown in Table 1 [9].

Table 1. The Nastaran kinetic models and parameters of OCM reaction [9].

. Koil Eail ' _
No. Reaction kmolm2s'  kJmol! n
1 CH4+0.2502—0.5C2He+0.5H20  4.04 x 108 33.22 0.83 0.46
2 CH4+1.502—C0O+2H:20 6.01 x 106  34.99 0.0072 0.7
3 CH4+202—C02+2H:20 1.11x10° 4247 1.12 0.7
4 C2He+0.502—C2H4+H20 6.32 x 10°  68.00 0.00028 1.49
5 C2H4+202—2C0+2H:20 3.25x10° 103.60 0.0000729 1.1
6 CO+0.502—CO2 4.50 x 10" 66.00 0.37 0.78
2.3 Geometrical modeling
_ Flow dirucliun_. Flow direction
|
g
Inlet § Outlet | | Inlet Outlet
0O O
g J 2
wirtual boundary / 3
)
1000 ] 000 jm
(a) Particle cluster model (b) Isolated particle model

Fig. 1. The geometrical model of local fluidized bed.

(a) Global mesh (b) Local mesh
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Fig. 2. The meshing of geometrical models.

As shown in Fig.1, the local 2D model of fluidized bed was established with a particle
cluster (or an isolated particle). Cluster was consisted of multiple layers of particles (13
particles in total) to approximate the actual clustering behavior of particles. In this study, it
was assumed that the physical structure of cluster was unchanged and the location of
cluster in fluidized bed was time-invariant to simplify the analysis. The unstructured
triangular grid was applied to meshing the geometrical models shown in Fig.2 and the grid
refinement treatment near cluster and isolated particle was considered.

2.4 Simulation and operating parameters

The SIMPLE algorithm was chosen for the pressure-velocity coupling scheme. For the
spatial discretization, the Least Squares Cell Based format, PRESTO format and second
order upwind format were selected for gradient, pressure and other terms, respectively. The
velocity-inlet, pressure-outlet, and no-slip walls were used for the boundary conditions. The
wall surface reaction model was enabled and the surfaces of each particle in cluster were
considered as the reaction surface. The detailed operating parameters were listed in the
Table 2.

Table 2. The detailed parameters of simulation.

Parameters Values Parameters Values
Feedstock N2, CH4, O2 Catalyst SnBaTiOs
Mixed gas density Impressible ideal gas Catalyst bulk density 1000 kg-m-
Particle diameter 20 uym Cluster diameter 120 ym
Inlet velocity 1~5 m-s™ Total pressure 1 atm

Inlet CH4/O2 2~5 Surface temperature  700~800C

3. Results and discussion
3.1 Model validation

As shown in Table 3, three different numbers of meshes were compared to keep the
balance between computation accuracy and efficiency. The net mass flow rate and CzH4
yield (the ratio of the molar concentration of product C>Hs4 to consumed reactant CH4) were
both used to check the accuracy of grid. The results showed that the net mass flow rate of all
three different number of grids were lower, which satisfied the mass conservation of fluids.
However, the CzH4 yield obtained from medium and fine mesh was accurate and similar than
coarse mesh model. Therefore, the medium mesh number (26,950) was employed for
subsequent studies to reduce the calculation time and computer memories.

Table 3. Grid independence verification.
Mesh quality Mesh number Net mass flow rate C:zHs yield

Coarse 16,363 2.73 x 10 kg-s™ 2.72%
Medium 26,950 8.82 x 10" kg-s' 12.70%
Fine 69,123 3.05x 10" kgs' 12.74%
= I:l simulated data
experimental data [9]
20+ ] calculation deviation: <10%
§ 15
5k
0
2 3 4
CH,/0,

Fig.3. Model validation (Running conditions: flow rate: 160 ml/min, temperature: 725°C, CH4/Oz2: 2~4).
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The accuracy of simulation results and experimental results was verified [39]. The
physical properties and flow conditions of gas-solid phase were set in accordance with the
experimental environment. The C2 yield obtained from the simulations and the experiments
was compared. As shown in Fig.3, there was a good agreement of simulated and
experimental data. The similar trend of C2 yield and the calculation deviation less than 10%
under different feed CH4/O> ratio were obtained, which demonstrated the accuracy of the
simulation results.

3.2 Flow field characteristics in two models

In this section, the flow characteristics in isolated particle and cluster model were
studied. As shown in Fig.4, the pressure distribution in two models was compared. A
negative pressure region near the tail of catalyst was both observed in two models due to
the obstruction of catalyst particles to gaseous phase flow. Compared to smaller diameter of
isolated particle (d,=20 um), cluster occupied the larger area (d.=120 um) of flow field space
to enforce more fluid to flow around it, leading to the wider area of negative pressure region.

Pressure/Pa -30-20-10 0 10 20 30 40 50 60 70  Pressure/Pa -30-20-10 0 10 20 30 40 50 6.(1 70

(a) Isolated particle model (b) Cluster model

Fig.4. Pressure distribution of isolated particle and cluster model.

As shown in Fig.5, the streamlines were parallel to the horizontal axis approximately
near the inlet, outlet and the wall in two models. However, most fluids near the center axis
flowed nonhorizontally to cross over the obstacle (isolated particle or cluster) due to the
disturbing effect of obstacle. In cluster model, moreover, the distribution of streamline was
more uneven than isolated particle model and a significant pair of vortexes near the cluster
tail were generated. Due to the higher pressure drag and body drag caused by particle
cluster, partial fluids flowed along the surface firstly and then attracted to the negative
pressure region located directly behind the cluster, eventually resulting the uneven
streamline distribution and the generation of tail vortex (called as Karman vortex). The
presence of vortexes consumed the kinetic energy of partial fluids, which led to the increase
of residence time of gaseous species.

(a) Isolated particle model (b) Cluster model

Fig.5. Streamline distribution of isolated particle and cluster model (inlet velocity: 5 m/s).

The temperature distribution of two models was shown in Fig.6. A higher temperature
region was generated at the surface of isolated particle and particle cluster due to the
exothermic character of OCM reaction. And there was a temperature band extended to the
downstream of particle in which temperature gradually decreased along the axis due to the
turbulence of fluids. In cluster model, the diameter of catalyst was larger, which led to the
increase of the range of high temperature band. In the interior of particle cluster, a local
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higher temperature region was appeared on the surface of No.10, indicating that the reaction
heat of OCM reaction was not completely removed. As mentioned above, the gaseous
phase mainly flowed through the surface of cluster instead of the interior, which led to the

poor effect of heat transfer, resulting in the appearance of local hot spots inside the cluster
[10].

Temperature/K 350 500 . 650 800 . ‘550 1100 Temperature/K 350 500 650 800 950 1100

(a) Isolated particle model (b) Cluster model

Fig.6. Temperature distribution of isolated particle and cluster model.
3.3 Reaction characteristics in two models

Mole fraction of C2ZH4  0.03 0.08 013 0.8 Mole fraction of C2ZH4 002 0.04 0.06 0.08 0.1 0.2

max: 23.31%

max: 12.66%

(a) Isolated particle model (b) Cluster model

Fig.7. Mole fraction of isolated particle and cluster model (working condition: inlet velocity: 5 m/s,
temperature: 700°C, CH4/O2: 2).
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2
C,H,y

3 3 .
inlet velocity/(m-s™) feed CH,/O, ratio

(a) Inlet velocity (b) Surface temperature (c) Feed CH4/O2 ratio
Fig.8. C2H4 yield of isolated particle and particle cluster under different working conditions.

In this section, the OCM reaction characteristics in isolated particle and cluster model
were researched. The mole fraction of C2H4 in two models under the working condition with
an inlet velocity of 5 m/s, a surface temperature of 700°C, and a feed CH4/O- ratio of 2 (the
mole fraction of N, was set as 0.4) were compared shown in Fig.7. For isolated particle
model, there was no obstacle for the contact of gaseous phase and catalyst particle,
resulting in the continuous generation and widely distributed range of CyHi (shown in
Fig.7(a)). However, there was a visibly discontinuous and sudden change of C:H4
distribution in cluster model due to the cluster effect of catalyst particles (shown in Fig.7(b)).
A large amount of C;Hs was produced on the left side of cluster, which was ted to flow and
separate from the surface of cluster than the inner pores of cluster affected by the flow
around particle cluster. The C2H, yield of 23.31% and 12.66% in isolated particle and cluster
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model were correspondingly calculated, which demonstrated the inhibition effects of particle
cluster on OCM reaction.

The C2H4 yield under different working conditions in isolated particle and cluster model
was compared in Fig.8. It was found that C2H4 yield in isolated model was significantly
higher than cluster model under different conditions. As mentioned above, the cluster of
particles was not conductive to the good contact of particles with fluids as well as heat
transfer. More gaseous species flowed along the surface of cluster, which were unable to
escape from the inner pores before the occurrence of excessive oxidation [10], eventually
leading to the uneven distribution of C2H4 and the decrease of yield.

4. Conclusion

The flow, heat transfer and reaction characteristics of isolated particle and particle
cluster models on OCM reaction were investigated by utilizing CFD methods. The main
conclusions are as follows:

(1) Particle clusters exhibited higher pressure drag and body drag in flow field, leading
to the formation of large-scale tail vortex consuming kinetic energy of fluids.

(2) A large volume of fluids flowed along cluster surface than through inner pores,
resulting in the untimely removal of reaction heat and the formation of local hot spots.

(3) The ethylene distributed continuously in isolated particle model, while it mainly
concentrated on the upwind side in cluster model. Under different working conditions, cluster
model exhibited lower C2H4 yield than isolated particle model.
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Abstract

NOx emission is one of the key factors restricting the development of coal-fired
circulating fluidized bed (CFB) boilers in China. It is found that the NOx emission
of CFB boiler body can reach the ultra-low emission limit, i.e. 50 mg/Nm3, when
the re-specification technology of the fluidization state technology is adopted and
the particle size of bed material is reduced to below 100 um. Further numerical
simulation revealed that the main mechanism was that the small bed particles
formed a large specific surface area, which enhanced the catalytic reduction
effects against to NOx in the dilute phase zone at the upper part of the furnace.
However, the same results were not observed in field tests of large CFB boilers
over 300 MW. In order to reveal the reason why the catalytic reduction mechanism
created by reducing the bed material size mentioned above fails in large boilers,
the dense phase zone structure of a CFB boiler of 300 MW with three circulation
loops was simulated numerically by using Euler-Euler approach based on the QC-
EMMS drag model and the method which divides the wide-size-distribution
particles into two solid phases.

Keywords: heterogeneity of dense-phase zone, ultra-low NOx emission, CFB
boilers, Eulerian-Eulerian simulation, QC-EMMS drag model

1. Introduction

China is aiming to decrease pollution from coal-fired thermal power plants by stipulating that
the NOx emissions concentration of coal-fired generating units must adhere to the ultra-low
emissions standard of below 50 mg/Nm3. Coal-fired circulating fluidized bed (CFB) boilers,
extensively utilized in the thermal power generation industry, provide benefits including
outstanding fuel flexibility, efficient load regulation capabilities, and reduced pollutant
emissions. Nevertheless, achieving ultra-low emission standards continues to be a substantial
challenge [1-3]. Tests on third-generation, energy-saving, coal-fired CFB boilers in China have
demonstrated that ultra-low emission limits can be achieved by reducing the bed material
particle sizes to below 100 upm (fine particle). This approach eliminates the need for an
additional denitrification device, allowing NOx emissions concentrations in the boiler to remain
under 50 mg/m3 across various loads and coal types [4, 5].

A preliminary theoretical analysis of the ultra-low emission mechanism has been conducted
in existing literature [6, 7]. (1) In the dense phase region at the bottom of the furnace, reducing
the bed material size diminishes mass transfer and enhances heat transfer within the bubbling
fluidization area. This reduction in bed material size decreases the contact area between coke
particles and oxygen, leading to reduced local overheating and, consequently, lower NOx
production. (2) The dilute phase region at the top of the furnace contains numerous particle
clusters. In these clusters, coke particles are enveloped, limiting their exposure to oxygen,
while the ash particles within the clusters act as a catalytic medium for NOx reduction.
Decreasing the material particle size promotes particle clustering, further reducing NOXx
generation. However, the limited field test data available do not conclusively validate these
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mechanisms through measured data. Therefore, these proposed mechanisms require further
investigation through high-fidelity numerical studies in full-size devices under operating
conditions.

With the rapid development of computer technology and numerical algorithms, the use of
experimental methods to study ultra-low emissions incurs a very high cost, leading to the
widespread adoption of numerical simulations in this research area [8-10]. Classical
homogeneous drag models do not adequately address heterogeneous flows, leading to the
development of models grounded in the Energy Minimization Multi-Scale (EMMS) theory for
predicting drag reduction. Utilizing EMMS theory, Chen developed sub-models for particle
cluster density and size within the QC-EMMS model [11], resulting in accurate local drag
predictions that aligned well with the traditional O-S model [12]. Given that variations in particle
size influence the particle clustering effect, the relevance of the gas—solid drag model under
specific working conditions needs to be evaluated. Previous research has successfully
integrated the QC-EMMS model into the Eulerian-Eulerian framework, achieving favorable
simulation results [7, 11, 13-15].

Numerical simulations revealed that the fine bed material technology proved successful in
industrial boilers with capacities below 182 MW [7]. However, it was ineffective in boilers
exceeding 300 MW, where NOx emissions continued to surpass the standard. This study
found that the reintroduction of fine particles from the return point led to fluidization
deterioration, which caused an oxidative atmosphere to dominate in the upper dilute phase
region and diminished the reducing atmosphere.

2. Models and conditions
2.1 Model setting

The governing equations, gas-solid drag model, chemical reaction model, and heat transfer
model are detailed in Reference 7.

2.2 Geometric model

Fig.1 illustrates the design of large and small capacity CFB boilers. Table 1 provides a detailed
comparison of their key operational parameters.

Table 1. Geometry and material settings

Parameter Unit | Bedl Bed2
Capacity MW 182 300
Srz:;s;}e)cnonal dimensions (width 10x52  31x98
Height, H 32 40.2
Lower conical section (axb) iy 6%x3.2 9.3x49
Coal feed height, H_ 1.8 2.26
Return material height, H;, 1.6 2.01
Airflow rate, G, (') 206706 485000
m*/h
Primary rate, G, 103353 242500
Coal feed rate, G, (vh) 20.27 165.1
coal
Fine/Coarse particle size (nm) 73,572
Fine/Coarse particle volume (%) 45,55
Excess air ratio (-) 152
. . Fluidization velocity, U, (m/s) 5
Fig.1. Small and large capacity CFB . o
. Average particle concentration,g, (-) 0.0076  0.0082
boilers =8 et
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3. Results and discussion
3.1 Axial concentration distribution of gas components

1.00 r . r 1.0 — T 1.0 . :
- : 182MW . 182MW
' l 0.9 | .
0801 300 MW 08 1 T 300MW | ——300MW
i 0.8 ]
70.601 706 ' 0
= 182 MW T = 0.7
N 0.404 4 <= 04 =
0.6
020 ] 0.2 sl
0.00 - v : 0.0+ - : 0. -
0005 0010 0015 00 04 08 12 000 008 016 024
NO (%) CO (%) CO (%)

Fig.2. NOx distribution Fig.3. CO distribution (Right is dilute phase)

As depicted in Fig.2, the NOx emissions from a 300MW unit significantly surpass the
established limits. The CO concentration and O2 concentration, illustrated in Fig.3 and 4,
respectively, exhibit an inverse relationship with the small bed curve. The pivotal point at
h/H=0.3 indicates a breakthrough in the dense phase area, resulting in lower oxygen
consumption and allowing more residual oxygen to enter the dilute phase region.

The distribution pattern of NOx, as shown in Fig. 2, reveals a decrease in peak height within
the dense phase region due to a dual effect. This includes reduced NOx formation because of
diminished oxygen consumption and enhanced reduction, as evidenced by higher CO levels.
Conversely, the dilute phase zone, characterized by an oxidizing atmosphere, shows an uptick

in NOx levels.
1.0+— —r—r—r—r—y 0.204 lL——— —
182MW —_— MW — [BZMW
0.81 - 0.16 SOMW 1% 3 N il
0 0.6 4 —~0.12 ] T06
= 0.4 = 0.08- = 041
0.2 0,041 0.2
0.0 0.00 T - W
0 5 10 15 20 25 50 22 R L
0, (%) 1416 01':‘0__,“ 20 22 CO, (%)
Fig.4. Oz distribution (Right is dense zone) Fig.5. CO2zdistribution

The CO:2 concentration, as illustrated in Fig. 5, directly correlates with the O:2
concentration, exhibiting a one-to-one relationship. A notable turning point occurs at
h/H=0.1 for both curves, attributed to the introduction of secondary air.

3.2 Reaction rate

Table 2. NOx generation and reduction reactions

Generation Reduction
R1:NHs3 + 1.2502 — NO + 1.5H20 R5:NO + CO — 0.5N2 + CO:z (fine particle)
R2:HCN + 1.2502 — NO + CO + 0.5H20 R6:NO + CO — 0.5N2 + COz2 (coarse particle)

Fig. 6 displays the NOx generation rate, revealing that the rates in the 300MW bed (R1 and
R2 reactions) within the dense phase area are lower than those in the 182MW bed, a
phenomenon resulting from uneven particle distribution. Conversely, the dilute phase area
exhibits higher rates, indicative of an "oxidizing atmosphere." These findings corroborate the
conclusions drawn from the analysis of Fig. 2.

Fig. 7 illustrates that the NOx reduction rate is inversely related to the generation rate, further
validating the conclusions derived from examining Fig. 2.
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Fig.6. NOx generation reaction rates R1 and Fig.7. Catalytic reduction reaction rates of
R2 coarse ash (R®6, left) and fine ash (R5, right)

3.3 Bubbling behavior

Fig. 8 clearly illustrates the presence of bubbles at various cross-sectional heights within the
dense phase zone, where the bubble locations correspond closely with the return pipe's

h=1.20 m
h/H=0.04

0.90/0.03

0.60/0.02 0.08/0.02

0.30/0.01

0.04/0.01

(b) 300 MW
£ (-) mm— u m
0 01 02 03 04 05
Fig.8. Correspondence between cross-sectional particle concentration distribution and return
pipe
The formation of bubbles arises from several factors: (1) The bubbles' presence aligns with
the zone where circulating ash from the return pipe accumulates, converting the initially
homogenous bed of coarse particles into a layered configuration of coarse and fine particles
across the width; (2) The smaller dimensions of the circulating ash lead to a terminal velocity
below the fluidization velocity, coupled with reduced resistance at this point, resulting in
penetration; (3) The stability of bubble locations, as depicted in particle concentration
animations across various sections; (4) As bed pressure decreases with height, bubbles
enlarge and claim a greater proportion of the cross-sectional area, intensifying cross-sectional
non-uniformity with elevation.

The bubble boundary is determined at a particle concentration threshold of &,.=0.18,
employing image processing techniques to delineate the bubble structure, as demonstrated
in Fig.9.
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Fig.9. Instantaneous bubbles and their threshold boundaries

The primary cause of elevated NOx levels in the large bed (300MW) stems from the uneven
distribution of particles within the dense phase zone, or even breakthrough events, leading to
the creation of an oxidizing atmosphere in the dilute phase area. This significantly lowers the
concentration of CO, the principal reactant for NOx reduction, despite the small size of
circulating ash particles. The catalytic effectiveness remains consistent with that observed in
smaller beds, preventing the achievement of ultra-low NOx emissions. Ultimately, the degree
of NOx emissions is contingent upon the non-uniformity of particle distribution in the dense
phase zone.

4. Conclusion

The study concludes that the heterogeneity of the dense-phase zone significantly influences
ultra-low NOx emissions in large CFB boilers. Specifically, it identifies the uneven particle
concentration distribution in the dense phase zone as the major contributor to excessive NOx
emissions in larger boilers. This uneven distribution facilitates the entry of more O- into the
dilute phase zone, creating an oxidizing atmosphere and substantially reducing the CO
concentration, which is crucial for NOx reduction. The study underscores the role of circulating
ash from return ports in creating large bubbles and altering the bed's homogeneity, which in
turn affects NOx emissions. These findings offer a crucial basis for addressing NOx emission
challenges in large-scale CFB boilers.
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Abstract

Circulating fluidized bed temperature swing adsorption (CFB-TSA) carbon capture
process using solid amine sorbents has become a widely recognized solution to
reduce stationary sources CO; emissions. The successful design and optimize of
the heat exchanger in the adsorber, desorber and cooler requires much
information of the bed-to-wall heat transfer characteristics of the solid amine
sorbent. However, the existing bed-to-wall heat transfer studies do not address
this type of novel particle. More so, guidelines for industrial heat exchanger design
based on solid amine sorbents is still lacking. Therefore, heat transfer
characterization of a novel solid amine sorbent in bubbling and turbulent flow
regimes is conducted in a large-scale CFB cold model unit, some guidance for the
design and optimize of the heat exchanger in the adsorbers, desorbers and
coolers are also given.

Key words: bed-to-wall heat transfer; solid amine sorbent; dense bed
1. Introduction

Circulating fluidized bed temperature swing adsorption (CFB-TSA) carbon capture process
using solid amine sorbents has become a widely recognized solution to reduce stationary
sources CO; emissions ['-3l. During the process, the sorbents selectively adsorb CO; from the
flue gas at in the adsorber at 30~70°C. Then, the CO-loaded sorbents are continuously
transferred to a desorber and heated to 80~120°C for CO, desorption. Finally, the desorbed
sorbents are sent to the cooler for and cooled to the desired for adsorption. The above cyclic
TSA process requires the study of bed-to-wall heat transfer characteristics of the sorbent in a
fluidized bed unit.

To date, there have been numerous efforts paid to investigate bed-to-wall heat transfer in gas-
solids fluidized beds. However, most of these studies associated with dense fluidized beds
(especially experimental studies) were conducted in fluidized beds with Geldart A or C
particles -6, Only a few published studies on bed-to-wall heat transfer in fluidized beds of
Geldart B particles can be found in literature. The only existing studies do not involve a
systematic study of the solid amine sorbents used for the CFB-TSA carbon capture process
[, This has resulted in a lack of fundamental data for industrial design and optimize of heat
exchangers in adsorbers, desorbers, and coolers. In addition, as a new novel particle, solid
amine sorbents have different physical property parameters from those of the common
particles such as FCC catalyst, silica and so on. Therefore, there is still lacking knowledge of
the flow and heat transfer characteristics of this kind of particle.

In this study, heat transfer characteristics of a novel solid amine sorbent in the bubbling and
turbulent flow regimes has been carried out systematically. Based on the experimental results,
guidelines for industrial heat exchanger design based on solid amine sorbents are given.
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2. Experimental Sections
2.1 Materials

The solid amine sorbent used in this study is a high spherical particle synthesized by an in-
situ polymerization method. Its average particle size is 572 ym, the bulk density and particle
density of the sorbent are measured to be 480 kg/m?® and 716 kg/m?3 respectively, so the
sorbent particle is categorized in Geldart’s group B. For more details about this sorbent, please
refer to our previous study 10,

2.2 CFB cold model unit

The heat transfer as well as hydrodynamic characteristics of this sorbent particle were
obtained in a large-scale circulating fluidized bed (CFB) cold model unit as shown in Fig. 1.
The air for fluidization was supplied by a Roots blower (1) and controlled by the globe valves
(3) and rotameters (4). The air passing through the riser (11) was distributed by a pre-lifter (12)
with a ring distributor (6) inside, and the air passing through the dense bed (7) was also
distributed by a ring distributor (6). Serval holes with a diameter of 3 mm were evenly opened
on the ring distributor (6) to realize the hole friction of 0.4 %. Solid circulating rate of the sorbent
was controlled by a rotary feed (5), which has been calibrated before the experiment. Particles
entrained from the column are collected by a cyclone (10) and returned to the dense bed (7).
The unit can realize the continuous operation of the sorbent particle under whole flow regimes
such as bubbling, turbulent and fast fluidized regimes.

Besides, some measuring points are set up on the unit to facilitate the measuring of heat
transfer and hydrodynamic parameters. Among them, hi-hs represent the axial installing
locations of the heat transfer probe (introduced in Section 2.3) and T1-T4 are the corresponding
bed temperature measuring points at axial center of the heat transfer probe. O4-O, represent
the axial installing locations of the optical fiber probes (introduced in Section 2.4).
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fiber probers; Ti-Ta: bed temperature measuring points)
Fig. 1 Schematic diagram of the large-scale CFB cold model unit.
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2.3 Measurement of heat transfer coefficient

The bed-to-wall heat transfer coefficients were measured by a heat transfer probe, whose
detailed structure is illustrated in Fig. 2. Ni-Cr heating wire was wound around a hollow
cylindrical ceramic core, and this assembly was inserted in a copper shell (outer diameter 0.02
m, length 0.12 m). Copper was selected here to guarantee an even wall temperature. The
annular space between the ceramic core and copper shell was filled with thermal grease to
increase heat conduction. The heating wire was connected to an adjustable voltage AC power
supply (STG-500 W). A T-type chip thermocouple was glued inside the copper shell. The
heater was supported and positioned at different axial and radial locations by a Teflon
supporting tube, and the supporting tube was connected to the copper shell wall by a threaded
flange and gasket which were used to avoid gas or particles leakage. All the wires connecting
heating wires and thermocouple wires were led through the ceramic core and then through
the support tube to outside. For each measurement, there is a corresponding T-type rod
thermocouple used to measure the bed temperature. The bed-to-wall heat-transfer coefficient
was calculated by

_ Qin _ ul )

Ay (Ty =Ty AT, —Tp)
Here, Qin (W) is the input flux of the heating wire, which is calculated by multiplying the voltage
U (V) and current | (A) obtained from the AC power supply. Aw (m?) is the contacting area
between the copper shell and the sorbent bed, i.e. the external areas of a cylinder two cones
of the copper tube. Ty (°C) and Ty (°C) is the temperature of the copper shell wall and bed
respectively, where T, is obtained by the T-type chip thermocouple glued inside the copper
shell wall, and Tb is the temperature of the T-type rod thermocouple inside the bed. In order
to ensure the representativeness of the data, a data acquisition program was used to record
the values of T, and T, for one minute at one second intervals when they reached stability,
and the average value of Ty and T, are finally used to calculate the bed-to-wall heat transfer
coefficient.
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Fig. 2. Schematic of the internal structure of the heat transfer probe.

The heat transfer characteristics in bubbling and turbulent fluidized regimes were performed
in the dense bed (7), where h was measured at four axial locations (h1-hs) and three radial
locations (r/R=0, 0.5, 0.9) in the Ug range from 0.07-1.05 m/s. All the above measuring points
are marked in Fig. 1.

2.4 Measurement of hydrodynamics

To explain the heat transfer phenomenon, local particle concentration ¢ (%) at the
corresponding measuring position of h was measured by optical fiber probes (Institute of
Processing Engineering, Chinese Academy of Science) at a sampling frequency of 5000 Hz.
This type of probe has been widely introduced by others. Prior to measuring, each optical fiber
probe was calibrated with the sorbent particles in the dense bed (7).

3. Results and discussion
3.1 Effect of superficial gas velocity

The effect of Uy on h at different radial locations were plotted in Fig. 3. It can be seen that in
the central region (i.e. /R=0-0.5), h first increases, then reaches a maximum value, and finally
decreases with the increasing Uy. Similar trends have been widely reported by others [56.11.12]
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which can be explained by the packet renewal theory ['3l. As expressed in Equation (2), the
packet renewal frequency f,, (the reciprocal of mean packet residence time 7,,) and the time
fraction of packet §,, on the probe surface are the two main hydrodynamic parameters
influencing h in our experiment. Qualitatively, f,, is positively related to the number of bubbles
on the probe surface, which increases as Uy increases. While &, is positively related to the ¢
on the probe surface, which decreases as Uy increases due to the increase in the proportion
of bubble phase. Under their counterbalanced effect on h, there exists an Uopt, before Uqyt, €
in the central region is relatively high, so the variation of h with the increasing Uy is mainly
controlled by the increase of f,, on the probe surface, which facilities increasing h. After Uopt,
however, ¢ in the central region has decreased to a relatively low level, so the variation of h
with the increasing Uy is mainly controlled by the decrease of 6,,, on the probe surface, which
results in the decrease of h.

Ky PoaC 1/2
h =26, [M] & frabpa (2)
A pa
In addition, for typical Geldart A particles (e.g. FCC catalyst), the Uqt for the optimal h is
located near the onset of the turbulent fluidization regime 21, For the coarser Geldart B particle
(e.g. the DRC-I used in this study), however, Uyt was found to appear within the bubbling
fluidized regime, which is consistent with previous publications on Geldart B particle ['3-13],

In the wall-side region (i.e. R=0.98), however, h monotonically increases with the increasing
Ug 11, which is different with that in the central region. Because unlike in the central region, ¢
in the wall-side region is always at a relatively high level in the tested U, range of this study
because particles in this region mostly move downward in a dense form, indicating that the
variation of h is dominated by f,,. As Uy increases, the faster downward speed of particles as
well as more bubbles in the wall-side region increase the f,, on the probe, thus increases the
h monotonically. However, there should also be a critical value of Uy, after which h in the wall-
side region begins to decrease. But due to different flow structures in the two regions, the
optimal h value in the wall-side region reaches later than that in the central region.
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Fig. 3. Effect of Uy on h at different radial locations at axial location of h1.

3.3 Effect of radial locations

The results in Fig. 3 also reveal another interesting phenomenon, that is, before the U; range,
the h value in the central region is higher than that in the wall-side region, while the above
phenomenon is opposite after the U; range. Therefore, three typical Ugs, namely Uy in fully
bubbling fluidized regime, at the onset of turbulent fluidized regime and in fully turbulent
fluidized regime are chosen to explore the radial profiles of h in Fig. 4, and the phenomenon
are further explained by the packet renewal theory ['3l,

In fully bubbling fluidized regime (Uy=5Ux) in Fig. 4(a), h is higher in the central region and
decreases as the location approaches the wall-side region. This is commonly found in previous
studies using Geldart A and B particles in the bubbling fluidized regime 515161 As mentioned
in Section 3.1, both §,, and f,, determine the value of h based on the packet renewal theory
(3. Among them, the varying trend of 6,, can be qualitatively determined by the ¢ in Fig 5(b)
because 6,, is positively related to €. And the varying trend of f,, can be qualitatively
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determined by the instantaneous ¢ signals in Fig 5(a), where the bubbles are comprised with
many steep troughs. In Fig. 5(a), there are more bubbles in the central region than those in
the wall-side region when Us=5Uny, indicating more packet renewal frequency f,, on probe
surface in the central region of the bed. Due to wall effect, it is difficult to form bubbles in the
wall-side region, which enables packets to stay on tube surface longer and become a
resistance of heat transfer. Therefore, h is higher in the central region and lower in the wall-
side region. In addition, h is distributed more evenly along the radial direction in the dilute
phase region such as locations hs and hs, because there are fewer particles in the dilute phase
region so that the wall effect is smaller.

At the onset of turbulent fluidized regime (Ug=9Uw) in Fig. 4(b), h in the central and wall-side
regions are numerically close, which means that the heat transfer in the same cross-section
of the bed is more uniform under this operation condition. By further increasing U, to the level
that the bed reaches fully turbulent fluidized regimes (Uy=15Uwy) in Fig. 4(c), h in the wall-side
region is even higher than that in the central region, which has never been reported before.
The above radial profiles of h in turbulent fluidized regime can also be explained by the packet
renewal theory ['3l. As shown in Fig. 5(a), although there are obviously more bubbles in the
central region at 9Ums and 15Unr, which indicates higher f,, on the probe surface. However,
this also results in a lower ¢ in the central region. Specifically, at the onset of turbulent fluidized
regime, € in the central region is 30.2% lower than that in the wall-side region, and in the fully
turbulent regime, this difference of € between central and wall-side region even increases to
61.8%. At this time, the variation of h in different radial locations is mainly controlled by 6,
rather than f,, on the probe surface. Therefore, the interesting phenomenon that h in the
central region is lower than that in the wall-side region appears in this study.
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Fig. 4. Radial profiles of heat transfer coefficient at different heights at different fluidized regimes: (a)
fully bubbling fluidized regime at 5Uny; (b) onset of turbulent fluidized regime at 9Unys; (c) fully turbulent
fluidized regime at 15Umnr.
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Fig. 5. Instantaneous (a) and average (b) particle concentration measured at the axial location hz at
different radial positions and superficial gas velocities

4. Conclusion

This study systematically investigated the bed-to-wall heat transfer characteristics of a solid
amine sorbent under bubbling and turbulent flow regimes. The following major conclusions
can be drawn:
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1. In the central region, the optimal h of the Geldart B sorbent particle used in this study lies
within the bubbling fluidized regime, unlike typical Geldart A particle (e.g. FCC catalyst) whose
optimal h is located near the onset of turbulent fluidized regime. Due to the different flow
structures, the optimal h value in the wall-side region reaches later than that in the central
region.

2. Due to the counterbalanced effect of §,,, and f,,, h is higher in the central region and lower
in the wall-side region in bubbling fluidized regime. While the above phenomenon is opposite
in turbulent fluidized regime.

3. Industrially, high and uniform heat transfer coefficients can be obtained by controlling the
operating gas velocity near the onset of turbulent fluidized regime.
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Abstract

This paper analysis the effect of gradually shrinking and expanding tube as heat
exchange tube in moving bed heat exchanger using discrete element method and
compare with same volume cylindrical tube heat exchange tube. Through the
analysis of contact force and granular flow condition, we find that this kind of tube
may not have better granular flow conditions than cylindrical one under this
condition. We shall do some further analysis under different conditions in the
future to verify whether GSE tube is suitable for MBHE.

1. Introduction

High temperature solid slag, which mostly in micron-level, millimeter-level and centimeter-level,
is widely produced as a by-product in many kinds of industry such as iron and steel making,
coke industry, chemical industry and so on. Because of that, if we use a method to recover
these waste heat and put them into good use, it can not only save considerable amount of
energy, but also avoid environmental pollution caused by waste heat emissions [1~3].

Based on above reason, many kinds of waste heat recover methods are opened up and further
developed in recent years, these methods can roughly be divided into two parts: wet methods
and dry methods. Wet methods, mostly use water to quenched slag, are developed and used
much earlier than dry ones because of its lower cost, simpler device (mostly only need a
container and some tubes as the inlet and outlet of material) and developed technology so far.
But compare with dry methods, water quenched method also have lots of water needed and
smaller applicability (we may need an extra purifier system if we use water to cool down some
nitrogen-containing slag or sulfur-containing slag in order to eradicate toxic and corrosive by-
product produced during water quenched process). Because of that, dry methods gain more
and more concerned in recently years with the development of technology [4].

Dry methods to recover waste heat from high temperature slag, for example, atomization by
rotary cup, rotary disc or rotary drum [5~9], circulating fluidized bed [10~12], often have higher
established cost and more complex system, however, the technology development already
make some dry methods have even higher efficiency. Other methods, which may too fuzzy to
be divided into these two parts, are also developed to recover the waste heat such as chemical
methods [13].

Moving bed with heat exchanger system, (i.e. MBHE) one kind of dry method, is widely used
to recover waste heat from high temperature solid slag as its simple structure, satisfactory
efficiency, easily controlled system, sustainable working and other characteristics [14]. Many
researchers put their effort to work on different aspects, like heat exchange efficiency, slag
shape and size, tube ratio, flow speed, friction constant, tube arrangement method [15] and
S0 on, and achieve some improvements.

There are several experiments and simulation around the shape of tube and angle of horizonal
tubes MBHE. Tian et.al [16] research the influence of hexagonal tube on the granular flow and
heat exchange efficiency, the result show that the hexagonal tube indeed has influence to both
compare with circulate tube or ellipse tube but depends on the angle of above and bottom of
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the tube, bigger angle lead to better upper flow and heat exchange condition, smaller angle
lead to better lower condition. The same research team also design an elliptical-like heat
exchange tube [17], the result shows that the elliptical-like tube has better granular flow
condition and heat exchange efficiency than circular tube and has better flexural capacity than
both circular tube and ellipse tube. Some more active methods are also researched like import
oscillation or rotary rod to try to improve the efficiency of MBHE [18,19], but these methods
face a same problem: part of recover energy is used to drive these devices work.

Guo et.al [20] research the influence of oblique single tube on the distribution of motion and
temperature decline, the result shows that the higher region at upper of oblique single tube
has better granular flow condition, meanwhile, slag at the lower region are squeezed or even
stun in the acute angle between tube and wall. Based on above and our preliminary study
about hopper shape which will be mentioned below [21], a gradually shrinking and expanding
(GSE) tube is designed and analyzed using discreate element method.

2. Tube design and simulation setting
2.1 Tube design

The traditional tube can treat as a rotating body of rectangle, The gradually shrinking and
expanding shape of tube is also can treat as a rotating body by a 2D face, but one of long
edge is replaced by an arc of an ellipse, the process is as Fig.1 shows:

Use this type of tube, right angles between tube and wall are replaced by obtuse angles,
especially top area of the tube, which matters the granular stagnation. In our inference, this
shape can make the flow channel much like cylindrical instead of rectangular hopper and
orifice, the vertical view of tube distribution inside is shown in Fig.2. Worth to be noticed, GSE
tube is quite different from converging-diverging tube because GSE tube’s target is not to
change the flow condition of the inside fluid, but to change the shape of outside granular flow
channel.

In detail, compare with the cylindrical tube, GSE tube cannot provide a radical force except
center of tube, besides, but also only obtuse are exist angles at the connection area between
tube and wall, which may means less quantity sum of force provided by tube and wall. in
another word, stable structure will have less possibility to form in the granular flow.

Fig.1 Gradually shrinking and expanding tube construct process
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(a) (b)
Fig.2 vertical view of two kind of moving bed((a): GSE tube (b): cylindrical tube)

SISO
OSNONNNN

LTI 7

B

Fig.3 connection area of two kind of moving bed (red arrow: total force provided by other
slag, blue arrow: force provided by wall and tube, orange arrow: total force provided by wall
and tube, equal value to the red one but in opposite direction)

We also set a control group which use cylindrical tube with the same volume as GSE tube.
The details of these tubes are listed in

parameters of two kind of tube and distribution method

Parameter name Gradually shrinking and Cylindrical tube
expanding tube
Width of moving bed(m) 0.200
Length of ellipse long 0.400
axis(m)
Length of ellipse short 0.012
axis(m)
Height of ellipse 0.027
center(m)
Diameter of tube(m) 0.035*
Volume of tube(m?3) 1.457*104*

(*: approximately value)
2.2 Simulation by discrete element method (DEM)

We use EDEM simulator to verify the actual influence of GSE tube, which is widely used in
many researches [16,18,22] . Use Newton’s second law to solve the particle motion in each
time step, which consider the gravity and the interaction force between contacting force. The
basic equation of each particle’s translational and rotational motion are shown in eq.(1) and
eq.(2) [22,23] :

dvi

miEZFg—*_Z;}:anij (1)
dw;
Iid—tl = +X7-1Tyj (2)
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Where m;, v, I, w; are respectively the mass, velocity, rotational inertia and angular velocity of
particle i, Fq is the gravity force, Fn; and T; are the radical force and moment of force from
particle j to particle i, where T; can be calculated by the following method:

Tij =nn; X Ftij (21)

Where Fyjis the tangential force from particle j to particle i, r; is the distance between contact
point and particle center, n; is the unit directional vector. The calculation method of F, and F;
can be find in reference [22~24].

2.3 MBHE parameters setting

In order to imitate the gravity-driving moving package bed, we use a plane under the tube
distribution area to brace pellets and keep them moving downward in a constant velocity, the
velocity of plane is 2mm/s [16], tubes are staggered arranged in five horizontal layers, which
is shown in Fig.4. Based on above setting, moving bed can be divided into two areas: tube
arranged area and side area(two area are distinguished by vertical. Simulation pellets’
parameters are same as Table.2, which is similar to alumina pellets’ parameters, tubes’
parameters are set as Table.1. Other parameters are listed in Table.3.

To verify the impact on the uniformity of granular flow in GSE tubes, besides common analysis,
we also mark a thin layer of particles to help us confirm the disturbance in the process, and a
parameter @ is defined by the following equation:

_ =1 Ay;
n

Ayi is the vertical distance between the bottom marked particle and marked particle i in tubes
arranged area. Because the particles in side area have similar vertical velocity in GSE tube
MBHE and traditional cylindrical tube MBHE, parameter ¢ can describe the uniformity very
well of granular flow, so that lower ¢ means better flow condition.

Table.2 simulation parameter setting in MBHE:

Parameter name value

Pellets quantity 30000
Initial package height(m) 0.65
Pellets density(kg/m?3) 3600
Pellets diameter(m) 0.01
Poisson’s ratio 0.22

Young’s modulus 1.64*10"

Wall friction angle(°®) 5.2
Internal friction angle(°) 1.6

Table.3 Other parameters setting in MBHE

Parameter name Value
Width of moving bed(m) 0.200
Length of moving bed(m) 0.400

Distance between two tube centers in
0.100

same layer(m)

Distance between two tube layers(m) 0.100
Total number of particles 50000

Number of marked particles 500
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3. Result and discussion

First of all, considered the particle exchange between tubes arranged area and side area, we
count the change rate of total marked particle quantity in tubes arranged area by time
advancing, this value is within the range of 940 to 1120, which means that the error caused
by particles exchanging is acceptable. And we choose the central tube in the third layer as the
count tube, which is at the central of tube displacement area.
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Fig.5 The vary of average axial component of total tube force along the time in GSE tube
MBHE

3.1 Contact force between pellets and tubes or walls

To verify the propose our make above, the average axial component of normal force between
each particle and two kinds of tubes are counted and summed, without doubt, the vary of force
along the time in GSE tube MBHE are shown in Fig.5:

It can be clearly seen that an axial force appears and slowly decreases with the granular flow
progress (because the total number of particles is a constant value), besides, without doubt,
the number in cylindrical tube MBHE is nearly zero(the biggest value is less than 10-14N,
because normal kind of tube can only provide radical force. From Fig.5, we can realize a small
angle can obviously change the force distribution.

The total force at same time in two kinds of MBHE are counted, but because of the outer
surface area difference between GSE tube and cylindrical tube, the numbers of contact
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particles in each time is different, for this reason, we count the average force on each particle,

which is calculated by the normal force divided by the number of contacting particles. The
result is shown in Fig.6.

We can see from Fig.6 that most of times, each patrticle in GSE tube MBHE stand more normal
force from tubes than normal cylindrical one as we proposed.
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Fig.6 The average force between the tube and each particle in two kinds of MBHESs at
certain time

However, bigger normal force may also become a reason lead to poor flow condition, which
means more static and sliding friction forces between particles and tubes. The average normal
force between wall and each particle around the tube are shown in Fig.7:

Unfortunately, it is hard to say GSE tube can really decrease the normal force between the

wall around the tube and each particle from Fig.7, which means GSE tube MBHE don’t have
less quantity sum of force.
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Fig.7 The average force between the wall around the tube and each particle in two kinds of

MBHEs at certain time
3.2 Granular flow analysis
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We compare parameter ¢ changes over time in GSE tube MBHE and normal cylindrical tube
MBHE to judge whether GSE tube MBHE has more uniform flow conditions. The result is
shown in Fig.8.
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Fig.10 @ changes over time in two kinds of MBHEs

Fig.10 shows that the ¢ in GSE tube MBHE is bigger than the cylindrical one, which explains
that GSE tube MBHE has even more ununiform flow conditions than the cylindrical one from
the beginning to the end.

4. Conclusion

In this research, we design a gradually shrinking and expanding tube moving bed heat
exchanger, analysis particle contact force and granular flow conditions in this MBHE by
comparing with traditional cylindrical tube MBHE, the conclusion are as follows:

1. The GSE tube can provide a component of normal force along the axial of tube, based on
this the average total normal force is bigger than cylindrical one, but the normal contact
force between the wall around the tube and each particle don’t decrease obviously.

2. The flow condition in GSE tube MBHE is worse than cylindrical one, we think the reason
led to this result is bigger normal force cause bigger friction force between tubes and
pellets.
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Abstract

In cyclone separators, the ash bands were frequently observed on the wall surface,
which were formed by the separated particles and rotated down. The particles
move downward along the wall, interacting strongly with each other and the wall.
Hitherto, movement parameters have been indirectly obtained, making it difficult
to clearly describe the microscopic behavior of particle movement near the wall.
In this paper, the collision and motion of particles within the ash band of a cyclone
separator are studied experimentally. The experiments were conducted on a ¢160
mm cyclone at inlet velocity of 12, 16, 20 m/s and inlet concentration of 30, 50, 70
g/m3, with catalyst serving as experimental particles. The particle velocities were
measured using the High-speed Particle Image Velocimetry (HPIV) method. The
experimental results indicate that the particle velocity inside the ash band exhibit
a significant reduction than the particle velocity outside the ash band, due to the
aggregation of particles obstructed the airflow. As the ash band moves downward,
its thickness increases due to the decrease in flow velocity and the accumulation
of particles. Additionally, this study pioneers the establishment of a particle
collision model within the ash band. Intriguingly, the results uncover a relationship
between particle velocity pulsation and ash band concentration. Notably, smaller
particle pulsation velocities corresponded to higher concentrations. The reliable
data on particle movement and collision are essential to understand the gas- solid
two-phase flow behavior inside the cyclone and improve its separation
performance.

Key words: Cyclone separator, Ash band, Particle dynamic, Particle collision
1. Introduction

Cyclone separators utilize centrifugal force to separate gas and solid particles, providing
advantages such as low operating costs, ease of maintenance, and high separation
performance[1, 2]. In industrial settings, cyclone separators employed in fluidized bed reactors
frequently generate ash bands as a result of particle aggregation, which can negatively impact
separation efficiency and equipment lifespan[3, 4]. Studying the motion and collision of
particles within the ash band is crucial for enhancing the performance of the cyclone separator.
However, the complex flow field inside the cyclone separator restricts the availability of
methods and studies for measuring particle motion and collisions within the ash band.

Computational Fluid Dynamics (CFD) offers an effective alternative method for studying the
gas-solid two-phase flow field in cyclone separators. Numerous researchers have utilized
different models to compute and analyze the characteristics of the flow field [5, 6]. However,
in the near-wall region of a cyclone separator, the kinematic characteristics of the ash band
deviate from those of the conventional advection and cyclonic fields. This is attributed to the
effects of airflow trailing forces and mutual collisions between particles and the wall, as well
as between particles themselves. Currently, there remains a dearth of studies on modeling
the motion and collision of particles within the ash band on the wall.

99



To effectively observe and measure the motion and collision of particles within the ash band,
a method is required that can accurately visualize it. High-speed cameras have the capability
to measure instantaneous displacement changes over very short time periods. Hence,
measurement points were experimentally arranged at various locations inside the cyclone
separator in this study. This paper analyzes the change in thickness of the ash band and its
mechanism by measuring the velocity change of particles both inside and outside the ash
band, as well as the movement of the ash band. Additionally, a collision model for particles
within the ash band is established to correlate particle velocity pulsation with the concentration
of the ash band. Ultimately, this study proposes a model for characterizing the motion and
collision of particles within a cyclone separator.

2. Experiment
2.1 Experimental setup

Fig. 1. presents the structure and geometrical parameters of the cyclone separator used for
the experiments.

Parameter Value

D (mm) 160

axb (mm) | 100=50

DD 0.5

DJD 0.44 1 .
SID 0.75

HID 1.63

HJD 2

Fig. 1. Cyclone separator structure and dimensions schematic diagram

The high-speed camera system comprises a high-speed camera (Photron FA-X2) and three
DSLRs (Canon EOS 60D). lllumination is provided by a 144w LED lamp, with a soft board
featuring a white background positioned between the light source and the subject to minimize
shadows and reflections while ensuring uniform lighting. Figure 2 illustrates the setup of the
experiment, showing the arrangement of the high-speed camera unit and the pressure
monitoring device.

-
Fig. 2. Experimental high-speed camera distribution
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2.2 Experimental method

The High-speed Particle Image Velocimetry (HPIV) method[7] employs a high-speed camera
to capture consecutive frames of images. A correlation algorithm is then utilized to identify the
displacement of particles in the image. Subsequently, the velocity of the particles is calculated
based on the displacement and the time interval between the two neighboring frames, as
depicted in equation (1):

Iy
V =— 1
POt M
In the equation, v, represents the particle velocity, I, denotes the particle displacement, which
is derived by converting the particle displacement and pixel scale between two frames in the
viewport, and At signifies the time between two frames. Fig. 3. illustrates the positions of the
particles in two consecutive frames (at times t1 and t) in the recorded image. When employing
the HPIV measurement technique, the projected velocity of the particles is determined based
on the particle displacements within the viewport.
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Fig. 3. HPIV velocity measurement schematic

3. Results and discussion
3.1 Particle motion in the ash band

Fig. 4. illustrates the tangential particle velocity and axial particle velocity distributions on the
wall. The plots were obtained by the HPIV method using a catalyst at the inlet gas velocity
Vin=16 m/s and particle concentration Ci»=30 g/m3. The data in Fig. 4(c) were extracted from
the corresponding positions of each pixel in the velocity distribution plots shown in Fig. 4(a)
and Fig. 4(b). The particle velocity distribution shows that the tangential velocity is lowest in
the center region of the ash band and significantly higher in the edge region of the ash band,
showing a significant non-uniform distribution. In addition, there is a large difference in particle
velocities within and outside the ash band, with relatively small variations in axial velocities.

(©

—=— Tangential velocity
—=— Axial velocity

 (Centerline) -

Fig. 4. Particle tangential and axial velocity along axial height

In the ash band, particles densely accumulate near the wall, restricting their movement and
reducing velocity. Once away from the wall, gas no longer rubs against it, allowing particle
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spacing to increase and gas velocity to rise until it surpasses particle velocity within the ash
band. While directly measuring band thickness is infeasible, observing its gradual narrowing
along motion and the decrease in flow velocity suggests a necessary increase in thickness to
maintain mass flow stability. Additionally, particles surrounding the band are drawn into it
during downward movement, increasing particle count and band thickness, as demonstrated
in Fig. 5.

@ i & 1 (b)
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The ash band thickened and narrowed

along the direction of movement

Fig. 5. Variation of the thickness of the ash band along the direction of movement

3.2 Particle collision model

In the ash band, particles can collide due to velocity pulsations, forming a potential collision
area. These particles occupy a specific region, and the presence of a second particle can alter
their positions upon collision. The maximum space occupied by a particle during a period in
an ideal flow is termed the potential collision region. Fig. 6. demonstrates that by determining
the size of the potential collision region, the local concentration of particles within this area can
be estimated.

(a) (b) (c) (d)

Fig. 6. Model of particle collisions
The following equation is proposed to calculate the change in interparticle distance AL due to
velocity pulsation during particle advection motion.
AL:2><AVp><At (2)

where AV, is the amplitude of the main frequency of the velocity pulsation and At is the particle
collision interval time. The volume occupied by the particles can be calculated using this
equation, considering them as an equivalent cube.

V'=(d+2aLY (3)
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According to Eq. (4), the local solidity of the particles due to velocity pulsations can be

calculated.

0. 006

zd?

d3

v

T6V 6(d+2aL)

o
=3
S
&

0. 004

0. 003

0.002

Velometric solid concentration, C,
=
=
=
T

0. 000 1 1 1 1

Cin=100g/m3

—C,

V;,=20m/s 4

(4)

w
T

Particle velocity, V,, (m/s)

0.000  0.001  0.002 0.003 0.004
T(s)

0. 005

0. 006

VP

C,=100g/m®  V,=20m/s

0
0.007 0. 000

0.001  0.002 0.003 0.004 0.005 0.006
T(s)

0.007

Fig. 7. Time-series signals of Cy and V;: (a) Instantaneous concentration, (b) Instantaneous

velocity.

Fig. 7. illustrates the instantaneous values of particle concentration and velocity, with the
measurement point situated at Z = 430 mm, and inlet concentration Ci»=100g/m? along with
inlet gas velocity Vin=20m/s. Spectral analysis of the particle velocity data from Fig. 7(b). yields
the particle velocity main frequency =1389 Hz, corresponding to an amplitude of 0.213m/s,
as shown in Fig. 8. By substituting these parameters into Eq. (4), the calculated solids content
is 0.0028, which deviates by 12.5% compared with the mean value of particle concentration
C.,=0.0034 obtained from the actual measurement in Fig. 7(a). Despite some error in this
calculation model, it still reveals a trend: the concentration of the ash band is correlated with
the particle pulsation velocity, suggesting that the smaller the particle pulsation velocity, the

higher the concentration.
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Fig. 8. Amplitude of instantaneous velocity of particles

4. Conclusion

The focus of this paper is on investigating the motion and collision model of particles within
the ash band of a cyclone separator, encapsulated in the following three elements:
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(1) The distribution of particle velocities within the ash band of the cyclone separator
demonstrates significant non-uniformity, with tangential velocities lowest at the band's
center and highest at its edges. Additionally, particles densely accumulate near the
sidewalls, constraining their movement and reducing velocity, while gas velocity increases
away from the wall until surpassing particle velocity within the band.

(2) The observed dynamics suggest that to maintain mass flow stability in the cyclone
separator, there is a need for an increase in the thickness of the ash band. This increase
is facilitated by the inward movement of particles during descent, reinforcing the band's
structure.

(3) Data analysis was employed to model particle collisions within the ash band. Spectral
analysis of particle velocity data shows a relationship between particle pulsation velocity
and the concentration of the ash band. This suggests that lower pulsation velocities are
associated with higher concentrations.
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Abstract

The circulating fluidized bed oxy-fuel combustion has been extensively
studied as a highly promising means to reduce CO: emissions. Compared to
conventional air combustion, oxy-fuel combustion atmosphere contains more
hydroxyl group which is mainly from H.O contained in recycled flue gas. The
significant difference in atmosphere necessitates a reconsideration of various
chemical reactions during the oxy-fuel combustion process. To further clarify the
influence of the hydroxyl group on NO heterogeneous reduction over char, the
pathway mechanism was studied using density functional theory (DFT). The
results show that the hydroxyl group affects the NO reduction over char through
two different pathways. For the first pathway, termed "Adsorption-only," the
hydroxyl group merely adsorbs onto the char surface as a surface functional group.
Contrastingly, for the second pathway, named "Modification”, the hydroxyl group
engages in reactions with the char, inducing a redistribution of active sites on the
char surface. Kinetics calculations and pathway analysis reveal that the
"Adsorption-only" pathway not only fails to facilitate NO heterogeneous reduction
over char but also imposes an inhibitory effect on the process. Conversely, the
"Modification" pathway substantially enhances the reduction process.

Keywords: Circulating fluidized bed, oxy-fuel combustion, Heterogeneous
reduction of NO, Density functional theory, hydroxyl group, char

1. Introduction

Circulating fluidized bed oxy-fuel combustion, as a highly promising method for clean,
efficient, and low carbon emission, has been extensively studied. Due to the presence of flue
gas recirculation, the levels of H,O and CO: in the oxy-fuel combustion atmosphere are higher,
which represents a significant difference from traditional combustion methods. Therefore, a
reevaluation of the various chemical reactions during the combustion process is necessary [1-
3]. NO is one of the major pollutants from fossil fuel combustion, and controlling NO emissions
is key to achieving clean and efficient combustion of fossil energy. During combustion, the NO
heterogeneous reduction by char accounts for a significant portion of total NO reduction [4, 5].

The influence of the reaction atmosphere on the concentration of oxygen-containing
functional groups on the carbon surface cannot be neglected during oxy-fuel combustion [6,
7]. Previous research has demonstrated that water molecules can decompose into hydrogen
atoms and hydroxyl radicals at high temperatures, and the resulting free hydroxyls adsorb
onto the char surface to form oxygen-containing functional groups [8]. Yue et al. [9, 10] further
demonstrated by Fourier transform infrared spectroscopy (FTIR) that the concentration of
hydroxyl groups on the pyrolyzed char surface increased significantly in the presence of H20
in the atmosphere. In their kinetic simulation calculations, Hong [11] revealed that the
presence of both HO and O in the atmosphere promotes reaction (1), resulting in a drastic
increase in the concentration of hydroxyl radicals in the atmosphere.
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H0+-0 =2 «OH (1)

Before the gas-solid reaction can occur, hydroxyl groups in the reaction atmosphere must
first be adsorbed onto the char surface. A critical aspect of understanding how hydroxyl groups
affect the NO heterogeneous reduction on char is clarifying the adsorption process of these
groups and their subsequent behavior on the char surface. Unfortunately, existing research
has not focused specifically on this subject. Therefore, this paper analyzes the hydroxyl group
adsorption process on char using quantum chemical calculations, kinetic analysis, pathways
analysis and discusses the impact of its different subsequent behaviors on the NO
heterogeneous reduction over char.

2. Computation and methods

This paper employs the zigzag char model with seven aromatic rings (Fig. 1) for research,
whose practicality and scientific validity have been widely verified by scholars [12-13]. In terms
of computational level, the combination of B3LYP-D3/6-31G(d) is chosen, which offers
advantages such as low spin contamination, robustness, and broad applicability, effectively
balancing accuracy and computational expense in calculations [14]. On the other hand, the
def2-TZVP basis set is selected for single-point energy calculations, as these calculations are
more sensitive to the choice of basis set. The thermodynamic parameters of each structure at
different temperatures were calculated using the Shermo program [15].

Fig. 1. Possible reaction pathways after IM1 structure

The transition state theory (TST) was used in the reaction kinetics analysis, with the
formula for calculating the reaction rate constant of elementary reactions as:
E)An AG®”

kB_T( exp(_
h PR KgT

k(T)=0' )

In where, AG®” is standard-state activation free energy. kg is the Boltzmann constant.

h is the Planck constant. T is the thermodynamic temperature. R is the universal gas
constant. o is the reaction pathway degeneracy, which is generally 1 for large molecular
systems.

3. Results and Discussions
3.1 The NO heterogeneous reduction over char surface

During the theoretical analysis, an interesting phenomenon was observed that the
hydroxyl group adsorbed on the char surface may behave differently, implying that the
chemical reactions could proceed via different mechanisms once the hydroxyl group is
adsorbed on the char surface. Fig. 3 illustrates two different reaction pathways after hydroxyl
group adsorption on the char surface, denoted as pathway 1 and pathway 2, respectively. In
this paper, the notation used to represent various species in the chemical reactions is as
follows: “R” denotes the reactants, “P” represents the products, “IM” is used for intermediates,
and “TS” indicates the transition states. This notation will be consistently employed throughout
the document to maintain clarity and consistency in describing the chemical processes under
discussion.

In pathway 1, the hydroxyl group is adsorbed on the char surface only as a surface
oxygen-containing functional group and does not participate in the generation of products.
After the reaction product N2 is desorbed from the char surface while the hydroxyl group
remains intact, this mechanism is referred to as the “Adsorption-only” mechanism for ease
of description in subsequent discussions. The chemical equation for the “Adsorption-only”
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mechanism is R + 2NO + « OH — N2 + |-P. The rate-determining step of the total response
is the elementary reaction I-IM4 — |-TS2 — I-IM5, corresponding to the process of formation
of the N-N structure on the char surface. The energy barrier for this process is 330.00 kJ/mol.
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Fig. 2. Possible reaction pathways after IM1 structure

In pathway 2, the hydroxyl group reacts with char following adsorption. This reaction
destroys the surface structure of the char and alters the subsequent processes of adsorption
and reduction of NO molecules. This mechanism, hereafter termed the “Modification ”
mechanism for simplicity, is discussed in more detail in the following sections. The chemical
equation for the “Modification” mechanismis R + « OH + 2NO — CO + II-P2 + N,. The
rate-determining step of the chemical reaction is II-IM9 — II-TS8 — II-P2, with the highest
energy barrier of 100.59 kJ/mol, corresponding to the desorption of N, from the char surface.
In addition, the energy barrier for the adsorption of the second NO molecule onto the char
surface is 91.77 kJ/mol, which is close to the energy barrier of the rate-determining step.
Therefore, this aspect is further analyzed in the subsequent kinetic analysis.

In addition, chemical reactions in an atmosphere devoid of hydroxyl groups were also
calculated, referred to as pathway 3. In an environment devoid of hydroxyl groups, the
chemical equation representing the heterogeneous reduction of NO on the char surface can
be expressed as R + 2NO — N; + III-P. The rate-determining step of the total response is III
-IM3 — TMI-TS2 — II-IM4, corresponding to the formation process of N-N structure on the
char surface, with an energy barrier of 195.36 kJ/mol.

3.2 Kinetic analysis for different reaction mechanisms

Reaction kinetics analysis, which quantitatively calculates rate constants indicative of the
rates at which chemical reactions occur, is a crucial method in analyzing chemical reactions.
In this section, the rate constants for several key elementary reactions and rate-determining
steps in Pathways 1, 2, and 3 are calculated to elucidate the role of the hydroxyl group in the
heterogeneous reduction of NO on the char surface. The formula for calculating the chemical
reaction rate constants of elementary reactions is given in equation in Section 2.

As outlined in Sections 3.1, the energy barriers for the rate-determining steps in the
“Adsorption-only” mechanism, the “Modification” mechanism, and the absence of hydroxyl
groups in the atmosphere are respectively identified as 330 kJ/mol, 100.59 kJ/mol, and 195.36
kd/mol. From an energy barrier perspective, the presence of hydroxyl groups in the reaction
atmosphere leads to divergent outcomes. Specifically, the “Adsorption-only” mechanism
increases the reaction energy barrier, thereby inhibiting the reduction reaction, while the
“Modification” mechanism reduces the energy barrier, thus promoting NO heterogeneous
reduction on char.

To more clearly compare the effects of different mechanisms on chemical reaction rates,
Fig. 3 illustrates the variation of the rate constants for the rate-determining steps of pathways
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1, 2, and 3 with temperature in the range of 600-1800 K. As observed in Fig. 3, the rate
constants k for all three chemical reactions increase with temperature, suggesting that higher

temperatures enhance these reactions. Notably, at approximately 1200°C, the rate constant

curves of two elementary reactions with higher energy barriers in the “Modification”
mechanism intersect. This indicates a potential shift in the rate-determining step at this

temperature. Below 1200°C, the reaction rate of the elementary reaction 1I-IM9 — 1I-TS8 — II-
P2 is lower, making it the rate-determining step of the chemical reaction, which corresponds
to the desorption of the product N2 from the char surface. Above 1200°C, the elementary

reaction II-IM7 — 1I-TS6 — II-IM8 becomes slower, indicating that this process is now the rate-
determining step, corresponding to the adsorption of the second NO molecule on the char
surface.

Analysis of kinetic curves reveals that within the studied temperature range, the order of
reaction rates for the three chemical pathways is as follows: “Modification” mechanism >
chemical reactions in the absence of hydroxyl groups in the reaction atmosphere >
“Adsorption-only” mechanism. This indicates that how hydroxyl groups in the reaction
atmosphere affect the heterogeneous reduction of NO on the char surface is determined by
their behavior on the char surface. The “Modification” mechanism enhances the reaction, while
the “Adsorption-only” mechanism inhibits the chemical reaction.

1H=IMT — [[-T56 — [l-IME
1=IM9 = [I-TSE = 11-P2
T1-IM3 = [1-TS2 = 111-1M4

s 06 0.8 10 12 1.4 1.6 1.8
10006 T (1/K)

Fig. 3. Reaction rate constants for rate-determining steps
3.3 Chemical reaction pathway analysis for different mechanisms

In this section, the formation process of the N-N structure on the char surface, which is a
crucial precursor to the reduction product N2, is analyzed in three pathways. This analysis is
essential for understanding why the "Modification" mechanism effectively facilitates chemical
reactions. As illustrated in Fig. 4, for the process transitioning from NO adsorption on the char
surface to the formation of the N-N structure, both the “Adsorption-only” mechanism (pathway
1) and the reaction in the absence of hydroxyl groups (pathway 3) involve three similar

elementary reactions. Specifically, pathway 1 proceeds through I-IM2 — I-IM3 — I-IM4

— I -IM5, while pathway three follows M-IM1 — II-IM2 — II-IM3 — II-IM4. Firstly, two NO

molecules are adsorbed on the char surface in turn, then the N atoms of the two NO molecules
approach each other to form covalent bonds, and finally, the N-O bond of the second NO
molecule is broken and the N-N structure is formed on the char surface. However, in the
“Modification” mechanism (pathway 2), the above three steps can be completed by only one
elementary reaction (pathway 2: I[I-IM7 — [I-TS6 — |I-IM8). In terms of reaction pathways, the

“turn three to one” phenomenon in the “Modification” mechanism greatly shortens the
pathway of N. production.
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Fig. 4. The three reaction pathways from NO adsorption to N-O bond breakage

To clarify the "Turn three to one" phenomenon in the "Modification" mechanism, spin
density contour maps for relevant structures in the three pathways were calculated and drawn,
with a contour value of 0.1, as shown in Fig. 9. The spin density is the difference between the
densities of a and 8 electrons in the molecular system, which can reveal the distribution of
unpaired electrons in the molecular system and help us better understand molecular
properties. The green region in the figure represents a positive spin density, while the blue
region represents a negative spin density. As shown in Fig. 5, unlike the other two
mechanisms, in the "Modification" mechanism, there are unpaired 3 electrons on the N atoms
on the char surface, which are distributed on p orbitals perpendicular to the molecular axis.
Therefore, during the adsorption process, the N13 atom in NO can combine with the N11 atom
on the char surface to form an N11-N13 covalent bond. This is key to the above "Turn three
to one" phenomenon and crucial for the "Modification" mechanism to shorten the chemical
reaction pathway.
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Fig. 5. Iso-surface maps of spin density for three structures
4. Conclusion

In this study, DFT was employed to investigate how hydroxyl groups in the reaction
atmosphere can influence the reduction reaction through various mechanisms. Notably, these
mechanisms have been found to have contrasting effects on the chemical reaction. The
detailed conclusions of this research are summarized as follows:

1. Hydroxyl groups in the reaction atmosphere can affect the NO heterogeneous reduction by
two different mechanisms. The first mechanism is named the “Adsorption-only” mechanism,
in which the hydroxyl groups are adsorbed on the char surface only as surface functional
groups. The second mechanism is called the “Modification” mechanism, in which the hydroxyl
group reacts with the char, and new active sites are released on the char surface.
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2. Kinetics analysis shows that the “Adsorption-only” mechanism not only fails to promote the
NO heterogeneous reduction on char but also has an inhibitory effect, while the “Modification”
mechanism significantly promotes the heterogeneous reduction of NO by char.

3. The “Modification” mechanism significantly shortens the chemical reaction pathway. From
the adsorption of NO to the formation of the N-N structure is the critical process in the NO
heterogeneous reduction on the char surface, and three elementary reactions are required to
complete this process in other mechanisms. In the “Modification” mechanism, however, the
electron distribution is changed, and only one elementary reaction is required to complete the
above process.
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Abstract

Given the disparity between the demand for development in electromagnetic induction
heating and the current inadequacies in heat storage/release media, a novel electrothermal
energy storage technology (ENST) is proposed. This technology integrates electromagnetic
induction heat storage with moving bed heat release (EIHS-MBHR), featuring an
electromagnetic induction coil for heating, millimeter-grade steel pellets for heat storage and
release, and a particle moving bed for cooling. To further explore the performance and
characteristics of the system operating in a continuous mode, a simulation approach base on
CFD-DEM is established. A simplified quasi-2D geometry model with a thickness of 15 mm,
a width of 84 mm, and a height of 522 mm, is constructed. Under the conditions of an initial
particle temperature of 300 K, heating frequency of 50 kHz, magnetic field strength of 0.1 mT,
and a controlled particle descent velocity of 2 mm/s, the stability of heat and mass transfer is
analyzed in detail. The results suggest that the system requires a buffer period to achieve a
steady state for heat and mass transfer. Following this, a quasi-stable state can be attained,
with persistent minor fluctuations observed in the heat transfer results. According to the
simulation, the system exhibits significant advantages, particularly in terms of its rapid
heating capability (about 6 K/s) and competitive heat and mass transfer performance (91.3
W/m?/K). Additionally, the characteristics of the main physical field distributions in the system
are elucidated. This study provides an initial demonstration of the effectiveness of the
proposed approach and offers valuable insights into the advanced improvement and
development of the ENST system.

Key words: Electrothermal energy storage technology, electromagnetic induction, tubular
moving bed heat exchanger, CFD-DEM, exploratory investigation

1. Introduction

Power-to-heat technology combined with thermal energy storage (P2H-TES), also
known as electrothermal energy storage technology (ENST), represents a newly emerging
innovation that facilitates the transformation of surplus electricity into storable and usable
thermal energy (Meha et al., 2020). Herein, to our knowledge, the excess electric power
primarily arises from sources such as unused renewable energy (Yang et al., 2018),
needless electricity generated to meet the heating demand (Hu et al., 2023), and surplus
electricity beyond the power demand (Yong et al., 2022). Through the implementation of
ENST, it is indeed possible to effectively manage this surplus electricity and further prevent
any adverse impact on the power grid or potential damage. Meanwhile, in China, coal-fired
power plants are considered a vital component of the electrical power systems. Considering
ENST’s additional role in peak shaving, frequency regulation, enhancing the operational
flexibility of coal-fired power plants, etc. (Miao et al., 2023), this technology has garnered
significant attention.

Generally, a ENST can be characterized by its three key elements, which are the PtH
equipment, the medium used in the heat storage and release cycle, and the heat-to-x (HtX)
equipment. For instance, in the field of built environment, a heat pump or an electric boiler,
as a PtH equipment, is commonly employed to convert electricity into heat. The medium can
be water or air, and an indoor heat exchanger can be considered as a HtX equipment (Maruf
et al.,, 2022). However, in the industry, the term HtX equipment usually refers to heat-to-
power (HtP) equipment or heat-to-product (HtPro) equipment (converts thermal energy into
chemical energy), aimed at maximizing economic benefits, rather than only supplying heat
demands (Erro et al., 2024). An illustrative example involves the application of steam
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turbines, utilizing steam Rankine cycles, to facilitate the conversion of heat into electricity
through connection with an electric generator.

When it comes to industrial PtH equipment, the main heating forms include resistance
heating, inductive heating, high-frequency heating, magnetic direct current heating, and
electrical infrared heating (Maruf et al., 2022). Among these forms, the inductive heating type
has attracted much attention due to its unique advantages, such as relatively uniform
heating, rapid heating response, free of impurities introduced (Bio Gassi et al., 2022).
Regarding the media used, they can store and subsequently release heat in various forms
such as sensible heat, latent heat, or thermochemical heat. Although the amount of sensible
heat storage is limited, it is still a preferred choice in industrial applications due to its mature
technology and safe operation. Common heat storage/release media include solid particles,
such as desert sand, rocks, gravel, and firebrick, as well as liquid materials, such as molten
salts and conduction oil. Nevertheless, these media cannot be directly heated through the
electromagnetic induction effect due to their material properties, leading to an unresolved
mismatch. Based on these, there is great promise in developing a novel ENST by integrating
an inductive heating approach, an electrically conductive material, and a suitable heat
release method.

In this work, an innovative ENST design, which combines electromagnetic induction
heat storage with moving bed heat release (EIHS-MBHR), is proposed firstly and features an
electromagnetic induction coil for heating, millimeter-grade steel pellets for heat storage and
release, and a particle moving bed for cooling. Given this, a numerical simulation method
based on combined approach of computational fluid dynamics and discrete element method
(CFD-DEM) is established to study the operation mode of simultaneous heat storage/release
and further explore the feasibility of this conceptual ENST. This study aims to provide some
meaningful insights into advanced improvement and development of the ENST system.

2. EIHS-MBHR system

Firstly, as shown in Fig. 1a, the system primarily comprises an electromagnetic
induction heater, a hot bulk storage unit, a tubular MB heat exchanger (MBHE), a cold bulk
storage unit, a material carrier, an AC power supply, an inverter, and a temperature
controller. The bed materials, such as millimeter-grade steel pellets, are lifted by the carrier
and then fed into the heater through its top inlet. Subsequently, the converter transforms the
excess electricity into a higher frequency form before connecting it to a multiturn coil
wrapped around the heater. As a result of the electromagnetic induction effect, the particles
are heated by eddy currents, and their temperature is consistently maintained at a high level
(>600 °C) through the PID control mechanism of the temperature controller. After the heating
process, the high temperature particles are transferred to the hot bulk storage unit for a long
time with little heat loss. If required, the hot particles can be directed into the tubular MBHE
for heat release, immediately transferring their sensible heat to the working medium (water
or steam) flowing in tube banks. In the tubular MBHE, the particles are driven by their gravity
and move slowly at a set descent velocity (mm/s), which can be controlled by a discharging
device such as a screw discharging machine. The heated medium can be utilized for further
electricity generation or other purposes. Afterward, the colder particles descend into the cold
bulk storage unit to await being lifted back into the heater, thus completing the material cycle.

In more detail, as illustrated in Fig. 1b, an implementation example is provided. The
rectangular cross-section design is adopted for both the El heater and the tubular MBHE for
easily feeding and discharging of granular materials. This also aids in simplifying the
geometry model utilized in simulation to a quasi-2D form. Furthermore, the operation modes
of this system include continuous mode and semi-continuous mode. The specific operation
mode is determined by the particular application scenario. The continuous mode refers to an
operation approach of continuously supplying surplus electricity with a stable heat output.
This mode is suitable for the cases where there is a high heat demand, such as during cold
winters. The cogeneration units generate electricity at the expense of negative returns to
meet heating needs. Therefore, it is feasible to establish an ENST system working in
continuous mode, which contributes to the heat-electricity decoupling of generator units. As
for the semi-continuous mode, it is a relatively common method to solve the time-space
mismatch between the electricity power and its demand. For instance, it is appropriate to
store a certain amount of solar energy in the form of thermal energy during the day. This
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helps mitigate the inherent volatility and instability of solar energy and prevents power
rmal energy as electricity.

.....

L = $ Topg—7x |
Fig. 1 The diagram of a ) the EIHS-MBHR system and b) an implementation example of it.
1-AC power supply; 2-Frequency converter; 3-Temperature controller; 4-stop valve; 5-El coil; 6-insulating barrel; 7-Inner
insulation layer; 8-MBHE; 9-Heat exchange tube; 10-Particle lifting device; 11-Feed water pump; 12-Outer insulation layer; and

13-Electromagnetic shield.

3. Methods
3.1 Numerical method

In this section, the employed CFD-DEM as well as its heat transfer sub-models,
including contact heat conduction (Chaudhuri et al., 2006), gas film heat conduction (Musser,
2011), heat radiation (Van Antwerpen et al., 2012), heat convection (Gunn, 1978), El heating
(Tanabe, 2021), and artificial softening correction (Zhou et al., 2010), are introduced. CFD-
DEM combines the Eulerian and Lagrangian frameworks to respectively describe the
behaviors of fluid and particle phases, and therefore, it consists of continuous phase model
and discrete phase model. The conservation equations of mass, momentum, and energy in
continuous phase model are detailed in ANSYS Fluent Theory Guide Release 2022 R1,
while the motion model, contact model (no-slip Hertz-Mindlin model), and temperature
update model can refer to EDEM 2020.2 Documentation. The Gidaspow drag model is used
to characterize the gas-solid interaction. The sub-models are derived from existing literature
and their applicability has been demonstrated by the researchers. The detailed equations for
these sub-models can be found in the original research papers.

3.2 Simulation settings

As shown in Fig. 2, a simplified quasi-2D model with a thickness of 15 mm, a width of 84
mm, and a height of 522 mm, is constructed, including a prefeed zone, an El heater (200
mm), two velocity control zones (10 mm), and a tubular MBHE with 6 aligned tubes (outer
diameter: 34 mm, tubes 1-6, 252 mm). The CFD grids are provided with no grid
independence test performed, due to the adoption of the unresolved form of CFD-DEM (Qiu
et al., 2020). However, a mesh partitioning strategy that refining the grids as much as
possible is used to ensure the proper resolution of the flow field. Besides, the main

simulation parameters and operation conditions are listed in Table. 1.
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Fig. 2 The diagram of the geometry model of the EIHS-MBHR system, with CFD grids presented.
Table. 1 The main simulation parameters and operation conditions.

Name Value Name Value
Particle material 304 Ss;c:;rlmless Particle diameter mm 9.0
Wall material 20# steel Heating frequency Hz 5.0x10*
Environmental permeability H/m 41rx107 Contact pair Steel to steel
Material I_'lgat conductivity 16.27 Effective r_nagne_tlc induction 1.3x104
coefficient W/m/K intensity
Particle specific heat capacity 500.0 Gas film thickness mm 0.9

Jkg/K
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Particle emissivity 0.8 Wall emissivity 0.5
Particle roughness m 2.5x10 Wall roughness m 2.5x10
Descent velocity of particles in NaN/2.0

zones 1 and 2 mm/s
CFD time step 5.0x10* DEM time step 5.0x10°

Particle initial temperature K 300.0

4. Preliminary results and discussion
4.1 Stability of heat and mass transfer

In our simulation, the initial temperatures of both the particles and air are set to 300 K.
Therefore, there is a necessary buffer time for the EIHS-MBHR system to reach a steady
state for heat and mass transfer. Fig. 3 presents the over-time evolutions of average particle
temperatures in velocity control zones 1 and 2 (ATP-o01 and ATP-02), along with the average
temperatures of particles and air across the entire simulation domain (ATP-all and ATA-all).
The results illustrate that, when considering the stability of the parameters related to
temperature, the system reaches a quasi-stable state, with consistent minor fluctuations
observed, after approximately 240 s, which can be referred to as the so-called buffer time.
The buffer time is basically consistent with the required time for the movement of particles at
the inlet of the El heater to the outlet of the tubular MBHE, which can be calculated by the
equation t = lg;_yp/Vaescent = (200 + 10 + 252 + 10)mm/2mm/s = 236s.This also suggests
that the startup time for continuous operation of the EIHS-MBHR system can be estimated
approximately using the aforementioned method.

After the buffer time, the system experiences fluctuations, as evidenced by the
temperatures in Fig. 3 and the total heat fluxes of tube walls in Fig. 4. Additionally, as shown
in Fig. 4, fluctuations in heat flux results are much more dramatic than the temperatures. The
phenomenon of system fluctuations may be attributed to several aspects: 1) the randomness
of particle motion in particle-fluid-wall heat transfer system; 2) the volatility of particle-wall
contact in particle-fluid-wall heat transfer system; 3) the random particle feeding mode; and 4)
the quasi 2D bed setup. Meanwhile, the presence of fluctuations implies that achieving
complete stability in the heat and mass transfer of particles and air in the EIHS-MBHR
system is challenging compared to that of pure air. This usually requires a large amount of
computational resource and is also time-consuming. It is imperative to establish stability
criteria to determine whether the system has attained the so-called quasi-stable state. This
study mainly adopted the heat transfer results, such as the parameters shown in Figs. 3 and
4, as the bases of stability criteria. In other words, the system can be deemed stable if all
parameters remain relatively constant. Data obtained after system stabilization can then be
utilized for stable-state analysis, whereas data collected before stabilization can be
employed for dynamic analysis. As for the heat and mass transfer capacity of the proposed
system running in continuous mode, it can be also inferred according to the results
presented in Figs. 3 and 4. Under the studied operation conditions, the particles can be
heated to 648.4 ‘C with a temperature rise of about 600 K, which demonstrates the rapid
heating ability of the El heater (about 6 K/s). Besides, once the particles release their
sensible heat to the tubes, the average temperature of the particles decreases to 582.8 C,
marking a temperature decrease of 65.6 K. According to the equation Zeff = ¥.5_, HF; /(6 X
3ndypeliupe X At) = 91.3 W/m? /K, the average effective heat transfer coefficient of the
system can be obtained. Given this, it can concluded that the heat transfer capacity of this
system is also competitive compared to that of current technologies.

4.2 Characteristics of physical field distributions

Fig. 5 illustrates the distributions of particle temperature and velocity vector in the XY
cross section, and the data of simulation time 256.6 s is adopted to ensure a certain
representativeness. It can be found in Fig. 5a that in the zone of the El heater, the particle
temperature is continuous increasing, with a max value of 993.16 K. Particles at the same
height exhibit similar temperature levels, due to the uniform El heating and the high thermal
conductivity of particles. Meanwhile, the particles in the zone of the tubular MBHE presents
an obvious heat release mode, and their temperature decreases as they descend, reaching
a minimum value of about 619.3 K. However, evident temperature boundary layers are
observed near the tubes, indicating a higher heat transfer intensity in these regions. This
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leads to a non-uniform distribution of particle temperature in the tubular MBHE. Fig. 5b
reveals that particles exhibit integral flow in the El heater, while they demonstrate a semi-
integral flow, characterized by relatively significant differences in particle velocity at the same
height, in the tubular MBHE, particularly near its outlet.

|||||

Total heat flux of tube wall /W

Fig. 3 Evolutions of the average temperatures Fig. 4 Evolutions of the total heat fluxes of tube
over time. walls over time.

Regarding to air, Fig. 6a shows that a state of tightly packed particles can be found in
the El heater, while a relatively looser state is observed in the tubular MBHE. In the MBHE,
there are several areas below the tubes characterized by large air volume fractions, which
refer to the so-called void zones. The presence of the void zone results in weakened heat
transfer. However, a reasonable distance between two vertically adjacent tubes can alleviate
this issue, as evidenced by the phenomenon that the void zones below tubes 5 and 6 are
significantly larger than those above. As depicted in Fig. 6b, the air exhibits limited mobility
with velocities ranging from 0 to 0.03 m/s, primarily due to the absence of driving forces
other than natural convection. Furthermore, the result in Fig. 6¢ suggests the existence of
the fluid temperature boundary layers around the tube 3|m|Iar to the flndrngs in F|g Sa

) Adr volume fros b Adr velocity magnib ) A temperat

o (ms)

w443

Fig. 5 The diagrams of a) berticle temperature Fig. 6 The contour plots of a) air volume fraction,
distribution and b) particle velocity vector. b) air velocity magnitude, and c) air temperature.

5. Conclusions and perspective

To address the mismatch between the application of electromagnetic induction heating
and the unsatisfactory properties of current media used in the heat storage and release
cycle, this work proposes a novel ENST. The ENST is characterized by an electromagnetic
induction coil for heating, millimeter-grade steel pellets for heat storage and release, and a
particle moving bed for cooling. Subsequently, an exploratory investigation is conducted
using the established simulation approach base on CFD-DEM, with the purpose of clarifying
the performance and characteristics of the EIHS-MBHR system operating in a continuous
mode. The main conclusions are as follows:

1) The system requires a buffer period to reach a steady state for heat and mass
transfer. After the buffer time, a quasi-stable state is obtained, with persistent minor
fluctuations observed in heat transfer results. According to the simulation, the system
exhibits significant advantages, particularly in terms of its rapid heating capability and
competitive heat and mass transfer performance.

2) The subsequent analyses illustrate the characteristics of physical field distributions.
The particle semi-integral flow and the temperature boundary layers around the tubes for
both particles and air are found in the tubular MBHE. Additionally, the observed void zone
below the tubes leads to weakened heat transfer and can be influenced by the distance
between two vertically adjacent tubes.

This study offers valuable insights into the advanced improvement and development of
the ENST system. However, the work presented in this paper is still limited and requires
further improvement in certain areas. In our future work, conducting proper experimental
verification is necessary to ensure the reliability of the simulation results. Besides, more and
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wider operation conditions, as well as the operation mode, need to be further explored to
match the practical applications.
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Abstract

The identification of combustion imbalances during operation of any boiler is not
only crucial, but also beneficial, because unbalanced combustion may have
negative effects on boiler efficiency and emissions, and even increase corrosion-
erosion of boiler parts. In this paper, we use machine learning -based classification
methods to create models representing different conditions in the fuel feed of a
Circulating Fluidized Bed (CFB) boiler firing clean and contaminated biomass. We
then use these models to demonstrate the combustion balance in the process
using a separate data set. The methods based on data and machine learning that
are demonstrated in this paper can be applied to on-line type of diagnostics tools
and can thereby assist in achieving the targets of minimized operating costs,
maximized availability, and minimized emissions.

1. Introduction

Today, biogenic residues, such as forestry or agricultural waste, can provide a carbon-neutral
and secure energy supply [Karras et al., 2022]. Unfortunately, these fuels often cause some
variability in combustion due to their non-homogeneous characteristics. Fuel moisture,
elemental composition and particle size distribution tend to fluctuate, and therefore operating
a stable and undisturbed combustion process using biomass or waste as fuel requires special
attention [lkonen et al., 2023]. In addition, the varying quality of fuel, possibly added to
unbalanced fuel feeding, may induce unbalance in the combustion process, which may lead
to inefficient combustion, increased emissions, and unnecessary wear of critical parts in the
boiler.

The identification of combustion imbalances in a CFB is theoretically feasible through various
approaches under ideal conditions [Jiang et al., 2023]. For instance; 1) employing sensors to
measure temperature fluctuations or differential temperatures within the fluidized bed allows
the identification of combustion irregularities; 2) irregularities in gas composition may provide
indication of non-uniform combustion, for example monitoring the changes in emissions, such
as NOx and CO, can assist in detecting anomalies in combustion balance; 3) utilizing pressure
sensors aids in identifying irregular variations and fluctuations that are indicative of combustion
imbalances; 4) certain chemical compounds in the bed material composition may unveil signs
of agglomeration or sintering, thus providing indirect evidence of combustion irregularities; 5)
variation of O2 levels within the different parts of combustion chamber can reveal areas of
incomplete combustion; and 6) elevated carbon levels in collected ash may be a sign of
incomplete combustion. However, it is often so that the measuring abilities in a commercial
boiler are limited, which prevents at least some of the mentioned ways of monitoring.

Sumitomo SHI FW (SFW) has developed advanced process diagnostics tools for fluidized bed
combustion processes for over 20 years. Recently, the focus has been in finding online
diagnostics methods to ensure high availability and efficiency even with ever worsening fuel
quality [Ikonen et al., 2023]. When burning low quality solid fuels, management of bed material
quality (particle size distribution and chemical composition) is critical to ensure a stable
process without disruptions like blockages in the hotloop of a Circulating Fluidized Bed (CFB).
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The measurable quantities that could be used, in combination with some advanced analytics,
to detect signs of an evolving blockage in the hotloop include pressure and temperature in the
wall seal and external heat exchanger parts. These analytics can trigger remedial actions
before the problem evolves to a point of no return, where an unplanned shutdown cannot be
prevented anymore.

In addition, it is important to maintain the balance in combustion to maximize the efficiency
and reduce the risk for the material loss of structures like furnace walls, heating surfaces etc.
The purpose of balance management is to diagnose potential lateral unbalance of combustion
inside the furnace, and propose operating instructions to correct this unbalance, for example
by adjusting fuel feeding between single feeding points. The unbalance can be detected by
analyzing relevant data collected from the process, for example the temperature of flue gas
and steam, and oxygen content of flue gas.

In this paper we show that methods based on data and machine learning can be very helpful
to improve the balance and availability of the CFB process. The benefits include, for example,
savings in operation cost and reduction of maintenance costs.

2. Materials and methods
2.1 CFB boiler and fuel balancing tests

The methodology presented in this paper is tested by real operational data from a CFB boiler
designed for combined heat and power production. The boiler unit is a CFB boiler designed
by Sumitomo SHI FW for wood-based fuels such as clean wood, recovered wood, and
demolition wood collected from both households and industry (See Fig. 1).

FURNACE

BW

¢<—=FFR4

¢—=FFR 3
= FFR2
= FFR1

Fig. 1. Simplified presentation of the CFB boiler. FW = Front Wall, BW = Back Wall. Labels FFR 1,
2, 3, and 4 represent the fuel feeding points of the boiler.

Fuel tests were conducted onsite to simulate combustion imbalances. Other variables were
set to normal operating conditions. Boiler load was also kept at a relatively constant level,
avoiding any drastic changes. The fuel test was organized so that the Fuel Feeding Rates
(FFR) in the fuel feeding lines were changed manually in the boiler and data was collected.
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A baseline measurement (i.e., boiler running on maximum load with uniform fuel feeding) was
conducted first for reference. During the tests, baseline test and four variations of fuel feeding
settings were measured as follows (Fig. 1):

— Baseline, uniform feeding with all feeding points #1- #4
— Fuel feeding cut off to feeding point #1

— Fuel feeding cut off to feeding point #2

—  Minimum fuel feeding to feeding point #3

— Minimum fuel feeding to feeding point #4

2.2 Data

The core process data used here comprised 344 measurement points over a span of
approximately 4 months, including data from the fuel test. As training data for the classification
models, the data collected from the fuel test period was utilized as labelled data with the label
being combustion balanced at the reference scenario and imbalanced towards left and right
as described above.

2.3 KPI selection methods

Manual analysis of a dataset consisting of hundreds of signal sensors may be extremely
laborious. Therefore, it is useful to reduce the dimensionality of the dataset first using
automated statistical methods. Principal component analysis (PCA) is a widely used statistical
method for reducing the dimensionality of data. It aims to simplify complex datasets by
identifying the most significant directions of variation and transforming the data onto a new
coordinate system aligned with these directions [Labrin & Urdinez, 2020; Mackiewicz & W.
Ratajczak, 1993]. This process efficiently decreases the number of variables while preserving
the most important information.

2.4 Classification models for combustion balance

Support Vector Machines (SVM) are supervised learning models used for classification and
regression tasks. In this paper, SVM was used to classify the data points into their respective
cases based on the values of the selected KPIs. The objective of SVM is to find the optimal
hyperplane that splits the data points into separate classes, meanwhile maximizing the
boundary between the classes. Various kernel functions can be used to achieve this objective,
such as polynomial, Radial Basis Function (RBF), linear, and sigmoid.

The basic SVM classification does not allow interpretation of clusters as a probability
distribution. However, the result of SVM’s hard classification can be transformed to soft
classification consisting of class probabilities using Platt scaling, which is a way of
transforming the outputs of a classification model into a probability distribution over classes
[Platt, 1999].

3. Results and discussion
3.1 Selected KPIs

Data from the fuel test period were fed into the Principal Component Analysis (PCA) to derive
various metrics aimed at identifying the most varying tags. The evaluation included standard
visualizations of PCA such as scree plots, cumulative variance plots, component loadings
plots, and data such as the eigen values for all principal components. PCA returned 191
principal components with varying weights of component loadings. These graphs and data
were examined to recognize the tags that PCA deemed most significant. Eventually, 24 unique
tags were selected finalized based on this analysis. In practice, this is the set of tags that the
PCA indicates to contain maximum information and variation in the whole data set.
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The set of tags preselected by PCA were finally screened by process experts for additional
interactions that could not be identified by basic machine learning method. Experts screening
require an understanding of the boiler process and studying the data behavior over the entire
test period to distinguish between tags with an insignificant effect from the fuel test and
potential KPIs. Finally, based on the manual screening, seven KPIs were chosen for the actual
classification task. The seven KPIs selected represent key indicators of combustion imbalance
and therefore are used with ML models for class prediction.

The effect of combustion imbalance on the NOx emission is one interesting point to raise up.
An example of this can be seen in Fig. 2. The values in the figure have been normalized. It is
remarkable that the NOx emission, in this case, can be as much as 30% higher when
imbalanced, compared to balanced combustion.

NOx Emission
1

0,9

NOx Emission (-)

1 0,8 0,6 0,4 0,2 0 0,2 0,4 0,6 0,8 1
Left Fuel feed balance Right

Fig. 2. Example of an emission KPI which changes with the balance in fuel feed during the fuel test.

3.2 Constructing the classification model

Separate training and testing data sets were created from the collected dataset, with 80% of
the data going to the training set and the remaining 20% going to the testing set.

SVM classification of the fuel test data was tested with three kernel types. The SVM method
based on RBF kernel emerged as the best choice for KPI-based classification analysis of CFB
boiler data, using the selected KPIs. The summary of classification results using different
kernel types can be seen in Table 1. The reported accuracy, precision, recall, and F1-score
metrics for classification (See [Hossin & Sulaiman, 2015] for details) were used for
discriminating the results and obtaining the optimal classifier.

Table 1. Summary of classification results.

Case | Precision | Recall | F1-score
Kernel: Polynomial
Accuracy 1
Macro Avg.’ 1 | 1 | 1
Kernel: Gaussian RBF
Accuracy 1
Macro Avg.’ 1 | 1 | 1
Kernel: Sigmoid
Accuracy 0.97
Macro Avg.’ 097 | 098 | 0.97
"The metric is calculated independently for each class, and then
the average is calculated across all classes.
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Based on the results we can see that all the developed SVM classification models have been
successfully validated using new data. The ability of these models to successfully and correctly
predict classes using new data suggests they are applicable for combustion balance detection.

In this study, we utilized a training dataset consisting of five cases in our Machine Learning
models. The output of these models was transformed into soft classification using the Platt’s
scaling method, which provided prediction probabilities for every test data point across all
cases to improve the prediction accuracy. RBF was eventually chosen as the kernel function.

The created classification model was then used to classify another, independent dataset that
was totally outside the span of training data. An example of this can be seen in Fig. 3. The
results show that, even if the ratio of measured fuel flows remains approximately the same,
some fuel imbalance is detected by the classification model indicating that there is occasional
unbalance in the combustion process.

‘ Probability_Class_1 Probability_Class_2 Probability_Class_3 Probability_Class_4 Probability_Class_5 ‘
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Fig. 3. Example period in which the classification model is used to estimate the combustion balance:
soft classification showing the class probabilities above, and the fuel feed into the boiler below (the
values are normalized).

4. Conclusion

In conclusion, we have studied the use of ML techniques to analyze CFB boiler data using
KPIs describing the combustion balance in the boiler. By the study, some useful and important
insights into the operational dynamics and combustion balance in CFB boilers have been
gained. The SVM classification method, particularly with the RBF kernel, emerged as the
preferred choice due to its robustness, generalizability, and ability to identify complex patterns
in high-dimensional data.

Despite the promising results, the study has some limitations to be considered. One of the
most crucial ones is the reliance of the classification model on a specific dataset with potential
gaps in capturing all operational scenarios. Furthermore, the training dataset for the SVM
model was quite small in this case, which highlights the importance of ongoing development
in this area. Therefore, future development will concentrate especially on expanding the fuel
test and thereby the training dataset, and on fine-tuning the parameters of the machine
learning algorithm.

By correct remedy actions, like balancing the fuel feed or adjusting the combustion air flow, it
would be possible to correct a detected combustion imbalance. It is easy to see some benefits
achieved by this kind of improved balance control. During boiler imbalance, the emission levels
can easily rise (See Fig. 2) and peak up due to inefficient combustion. In addition, boiler
efficiency can decrease, which increases fuel costs. Boiler imbalance may also lead to
material loss of critical boiler parts, which may cause unplanned shutdowns. That can be
extremely costly, possibly 100k€ per day for a typical mid-size boiler.

In a summary, this study has offered valuable insights into the use of ML techniques for
analyzing the imbalance in a CFB process and has proven it's applicability for on-line process
performance diagnostics tools, setting the basis for future development in the field and
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contributing to continuing efforts to optimize energy production, and in the meantime reducing
its environmental impact.
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Abstract

During fluidization of dielectric particles, particle-particle and particle-wall
collisions tend to generate electric charge transfer (tribocharging) and electrostatic
interactions. The accumulation of electrostatic charges can cause particles
agglomeration and the formation of particle layers stuck on the walls (sheeting),
leading to severe and costly issues. The underlying processes are not fully
understood, as various aspects appear counterintuitive and are debated. One of
these is the role of polarisation, whose attractive contribution to the electrostatic
force can, under certain conditions, lead to particles charged with the same
polarity attracting instead of repelling one another. Current implementations of
tribocharging and electrostatic interactions in DEM fail to account for the effect of
polarization and are unable to capture the broad variety of behaviours that
charged particles can exhibit. In this contribution, a new model of tribocharging
and electrostatic interactions for DEM is presented, in which interactions including
both net and polarization-induced charges are accounted for. The required
formalism is introduced, and the assumptions discussed. Model verification is
carried out against theoretical trends for individual charged particles with the same
polarity and for charged-neutral inter-particle interactions. Then, results of
extended CFD-DEM simulations implementing the above model are illustrated
and discussed for fluidized systems.

1. Introduction

Gas-solid fluidization technology is widely used in various applications such as
heterogeneous gas-solid reactions, drying, mixing and coating. Without specific measures,
the frequent contacts between fluidized particles and between the particles and the column
inner walls yield the transfer of small electrostatic charges, which in time can lead to charge
build-up. High charges on particles or walls give rise to a variety of electrostatic issues, like
particle agglomeration, segregation, wall adhesion or, in extreme cases, significant
electrostatic discharges, spark formation and even explosions. As an example, in reactors
where gas-solid polymerization takes place, agglomeration of particles is known to be the main
cause of the “sheeting” phenomenon [1-4]. As charge builds up, particles accumulate on the
walls and, because of the exothermal nature of the reaction, melt in growing layers. At some
size, these then dislodge from the column wall and fall on the distributor plate, resulting in
prolonged shut down periods, production losses and high maintenance costs [5].

According to the classical “condenser model” [6], charges are exchanged between different
materials in contact, with the direction of the charge transfer being dictated by the materials’
work functions, i.e. by their relative position in the tribological series. Theoretically, this means
that when a given particulate solids is fluidized in a column of a given material, all the particles
charge with one polarity and all the walls with the opposite polarity. Consequently, following
Coulomb’s law, the particles should repel each other and do not form agglomerates. This
results from considering each particle with their associated net charge. Several experimental
observations contrast with the above theoretical result. Some researchers related the
attractive nature of some contacts to the “bipolar charging” phenomenon [7], i.e. the largely
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unexplained fact that a fraction of the smallest particles tend to charge with different polarity
than the rest of the solid particles.

Particles of insulating or dielectric materials are characterized by another phenomenon with
potentially relevant implications, named polarization of their surfaces. It can arise as a result
of microscopic interaction between close charged particles or from an electric field acting on
a larger scale. As will be shown below, accurate theories of finite-size particle surface charging
(opposed to point charge equivalent to the particle) predict that interparticle attractions can be
observed also between particles charged with the same polarity or between a charged particle
and a neutral one.

In recent times, CFD-DEM simulations have been extended to include tribocharging and
electrostatic interactions, with various applications, like fluidized beds [5,8-9], aerodisperion
devices [10], pneumatic conveying lines [11], dry powder inhalers [12]. In all the above cases,
polarization effects have not been included in the model. In the present work, a new model for
DEM taking charged surface polarization into account is presented and discussed. Single
particle-particle interactions are investigated first, followed by simulated fluidized bed charging
tests.

2. Computational model

The computational model for hydrodynamics is based on the conventional approach
integrating a local-average CFD for the fluid phase and DEM for the solid. The most important
equations, including the point-charge approximation for the tribocharging and electrostatic
interactions, are listed in Table 1. Each particle is assigned a charge which evolves according
to the particle-particle and the particle-wall contacts experienced during its motion.

According to Egs. 3a-b, contacts involving different materials yield charge transfer even
when the two materials have the same surface charge density, e.g. they are both neutral, like
at the beginning of the typical simulation. When particles of the same materials get in contact,
they exchange charge only if they have different surface charge density, in the direction of
equalizing the charge density. For the motion (Egs. 2a-b), attractive-repulsive forces are
determined simply by Coulomb’s law, with intensity depending proportionally by both charges
and inversely proportional to the interparticle distance squared.

Table 1. Main equations composing the conventional CFD-DEM model and the point-charge
approximation of the electrostatic interactions.
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2.1 Alternative models for electrostatic interactions

As anticipated, the main limitation of the point-charge approximation lies in its inability to
capture the attraction between like-charged particles and between a charged particle and a
neutral one. More rigorous treatments of the charge distributions on the surfaces of interacting
particles require detailed consideration of the local inhomogeneities, together with more
sophisticated mathematical methods. A method based on multipole expansion in Legendre
polynomials was proposed and successfully employed by Bitchoutskaia et al [13] and Lindgren
et al [14] to describe the interaction between polarizable dielectric spheres. The approach
allows calculating the actual charge distribution on the interacting surfaces, deriving the net
force by summing all the microscopic contributions. The key formula is summarized in Eq. 5.

1% i i" (ky — Dm(m + 1) (1 + m)! r2m+ 1?" 4 e+ DU+ +1 5
Wk, —Dm+1  I'm! h2m++3 K £ LT (e — 1) 203

m=11=0

where g, and g, are the net charges, ry, 1,, k; and k, are the radii and dielectric constants,
respectively, of the two particles and h is the distance between the particles’ centers.

The firstterm in Eq. 5 is the Coulomb force, the second and the third include the polarization
contributions. The formula requires infinite summations, which can be truncated to a finite
number of terms to get reasonable estimates of the actual force. Unfortunately, the number of
terms required to satisfy a prescribed precision depends on the level of charge and on the
particle separating distance. In the authors experience, it is generally possible to achieve good
convergence within minutes of computing time. However, if this can be acceptable for one
particle pair, it is easily out of scale for DEM simulations involving thousands of particles, if not
less.

An alternative approach is based on the effective dipole approximation, which is added to
the point-charge approximation, in an attempt to expand the modelling capabilities. One such
model was proposed for interacting polarizable ions by Chan [15], who introduced the effective
dipole moment concept. We propose a slight modification which allows the model and its
results to be applicable to solid particles, by using the particle dielectric constant to describe
the ion volume polarizability. The resulting effective dipole moment is defined as:

k;—1
p; = 4meg l3 P E; 6

where E; is the electric field. These effective dipoles, one for each particle, aim to represent
the non-uniform charge distributions on the particle surfaces by a simple method. There is
one temporary dipole for each particle-particle or particle-wall interaction, which eventually
affects the electrostatic force calculation. By combining the mutual polarization induced by two
interacting spheres, it is possible to express the total electrostatic force between the two, in a
compact form, by:

F =KQ1Q2 1-2(fi2 + ) +2y) + 2y(3 + 4y) 7
12 h? (1 —4y)?
. ky—1 (Ry\3 (k1-1)(kz—1) (R1R2\3
with fi, = 13 (71) Z_i and y = fi2fo1 = — 5 : (;1122)

Compared to the multipole expansion method of Eq. 5, the effective dipole approach is
much more manageable and compact. It does not require iterations or summations of many
terms. On the other hand, its accuracy is expected to be also more limited.

3. Results
3.1 Model comparison: particle pair

A two-sphere system is considered and the results of the electrostatic force versus the
separation distance, that is the gap between the particles, using the different models are
reported in Fig. 1. The line denoted by “Coulomb” denotes results with the point-charge
approximation, “Exact” denotes the multipole expansion method results and “Dipole” denotes
the values obtained with the effective dipole approximation.
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Figure 1: Absolute electrostatic force (positive is repulsive) as a function of the surface-to-surface
separating distance calculated using different models (“Coulomb”: point-charge approximation;
“Dipole”: effective dipole approximation; “Exact”: multipole expansion method). a) Different-size
particle pair: r;, =100 um ; r, = 40 um; q; = +0.5pC; q, = +4pC; k; = k, = 3. b) Same-size,
charged-neutral particle pair: r;, = 50 um; r, = 50 um; q; = 0pC; q, = +4pC; k; = k, = 4.

In Fig. 1a, like-charged particles with different sizes are considered. Electrostatic
interactions, modelled with Coulomb’s law, appear to be always repulsive: as the separation
distance decreases and particles approach each other, the repulsive force increases. The
“Dipole” and “Exact” models follows the same trend at long distances, indicating that the effect
of the surface polarization is negligible. However, they exhibit a different profile for values of
the separation distance below 75 um. The electrostatic force becomes negative, indicating an
attractive force between the particles. Overall, the results obtained with the simple effective
dipole follow reasonably well the “exact” values. Interestingly, at very short distances, the
magnitude of the attractive force becomes significantly higher than the Coulombic repulsive
force. As a reference, the gravitational force of a glass particle 1 would be 0.1 uN. In Fig. 1b,
the plot shows analogous results for a neutral and a positive charged particle with the same
size. According to Coulomb model, no interaction is obtained, as expected. With the other two
models, when the distance between particles is less than about 100 ym, an attractive force is
again observed. The agreement between the effective dipole approximation and the exact
solution is also satisfactory.

For the investigated cases, the effective dipole and exact models, which consider induced
polarization, prove to be reliable methods to simulate electrostatic interactions. To investigate
the capability of the effective dipole model under more general conditions, broad differences
in the sizes and charges of the two particles have been explored. Fig. 2 shows the variation
of the dimensionless electrostatic force (with respect to Coulomb formula) with the charge and
size ratios.

a5 foree

ss force ¢

Dimesionle:
Dimesionle

Dimesionless

Size ratio 1 P s ~ 1 * Charge ratio 9

Figure 2: Colored elevation map of the dimensionless electrostatic force (with respect to
Coulomb’s formula) versus the two particles’ size ratio and charge ratio. (left) results of the point-
charge approximation; (middle) results of the multipole expansion (“exact”) model; (right) results
of the effective dipole model. Black lines denote zero force.
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In Fig. 2, the point-charge approximation dimensionless force is systematically equal to 1,
simply because the electrostatic force is calculated by the Coulomb’s law. Both the multipole
expansion method and the effective dipole approximation model yields a force sign inversion
for some combination of size ratio and charge ratio (see the black lines, denoting zero force
on the colored map). It is worth noting that the predicted force resembles Coulomb’s value
when the size ratio and the charge ratio assume similar values, e.g. the bigger particle is also
more charged, with similar ratios. On the other hand, strongly attractive forces are obtained
when the reverse occurs, e.g. when the smaller particle is more charged.

Overall, the dipole approximation yields a reasonable estimate of the electrostatic force,
capturing the attractive-repulsive change and the absolute value satisfactorily compared with
the exact method. For a global assessment, it should be recalled that the multipole expansion
solution is not practicable from DEM simulations of many interacting particles and is, therefore,
not a viable option. On the other hand, the improvement of the effective dipole model over the
point-charge approximation is rather significant.

3.2 Simulation of fluidized bed of polymeric particles

The charge evolution of a small-scale fluidized bed of polyethylene particles is simulated using
the open-source CFD-DEM code MFIX (https://mfix.netl.doe.gov), developed by NETL, USA,
in which specific modules implementing the point-charge and effective dipole approximations
have been integrated. The geometry is analogous to the lab-scale system investigated
experimentally and by simulation by Sippola et al. [16]. Relevant data are listed in Table 2.

Table 2. Simulated system parameters.
Particle diameter 276 um
Particle density (polyethylene) 960 kg/m3
Number of particles 140400
Young’'s modulus 0.063 MPa o
Restitution coefficient 0.9
Dielectric constant 2.25
Work function difference 143 eV
Grid size 1x1x1mmd
Inlet air velocity 1.50 m/s Mo
Bulk superficial air velocity 0.54 m/s Figure 3. ;i;:liat;d!gh;;ometry
plop s AR it i oA i pimpei G i o AR o

3 f S i S k. B
i i Y &
Figure 4. Snapshots of an internal slice of the fluidized bed after (from left to right) 0.28, 0.60, 1.20 and
3.00 s. in each figure, the left column shows results with Coulomb’s law and the right one with the dipole.
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Figure 3 shows the square cross-section geometry
and the system height. Figure 4 shows four snapshots
of the simulated particle dynamics, comparing the
point-charge (Coulomb’s law) with the effective dipole
approximation. The typical evolution starts from neutral
particles, then the initial charging due to particle wall
collisions can be observed. A particle layer formed
along the wall is clearly visible. Overall, the bubbling
regime switches slowly to the slugging regime (see also
Figure 5), until after tens of seconds, the bed becomes
fully charged. At this stage, except for the layer stuck
on the walls, the other particles fluctuate inside the

column, kept levitating by the action of the electrostatic _ ) )
forces and the upflowing air. Figure 5. Average particle charge vs. time.
Coulomb model (blu) vs. dipole model (red)
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4. Conclusion

A new model based on the concept of effective dipole, accounting for the charge polarization
on the particle surface, is described and implemented into a CFD-DEM code, for the analysis
of fluidized bed behavior. The proposed model is compared against the point-charge
approximation (Coulomb’s law) and a more demanding, rigorous mathematical method, used
as a reference. Compared to the currentimplementations (e.g. the point-charge approximation)
the effective dipole model allows capturing the sign reversal for given combinations of size
and charge ratios in two-particle interactions. Then, a fluidized bed in considered, where the
dynamic results obtained with Coulomb’s law are compared with those of the effective dipole.
Qualitatively, there is no striking difference in the charge dynamics. On the other hand, the
dipole model, under comparable conditions, yields a lower charging characteristic time.
Overall, the proposed model proves capable of capturing interactions at the particle level well.
In real multiparticle systems, control on the exact conditions many not be easy, so additional
testing on larger units are necessary.
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Abstract

The previous fitting algorithms for energy-minimization multi-scale (EMMS) drag
all required human involvement, such as determining the formula in advance or
choosing the network structure from several grid search results. In this study, we
proposed a self-adaptive fitting algorithm for EMMS drag (SA-EMMS algorithm)
by using the Artificial Neural Network (ANN). The SA-EMMS algorithm can
automatically optimize its network structure according to the network complexity
and specified error requirement. It was found that the SA-EMMS algorithm can
automatically obtain the optimal network structure under specified error
requirements, which shows good applicability for different fluidization systems.

1. Introduction

The drag force plays a crucial role in gas-solid fluidization simulations, which has received
growing attention from researchers in the past decades (Lu et al.,2019). However, except for
particle-resolved direct numerical simulation (Deen et al.,2014), where the flow fields of both
the gas and solid phases are fully resolved and no drag closure is required, most multiphase
flow models require a sub-grid drag model to account for effects of the unresolved, meso-
scale structures on drag force (Liu et al., 2020; Wang et al., 2020).

One sub-grid drag model which has been successfully used in fluidized bed simulations is
the energy minimization multiscale (EMMS) model (Li et al.,, 1994). In this model, the
fluidization system is characterized by a dense phase and a dilute phase, which are controlled
by conservation equations for mass and momentum, as well as a stability condition. These
equations are typically solved to generate the heterogeneity index for drag in conjunction with
the corresponding structural parameters in EMMS model (Yang et al., 2003).

To integrate EMMS model into computational fluid dynamics (CFD) simulations, such drag
index needs to be fitted as a function of the voidage, slip velocity and so on (Lu et al., 2009).
However, fitting the drag index non-linearly could be quite difficult, especially when the number
of degrees of freedom exceeds two. Additionally, such fitting also requires specifying an
appropriate fitting formula in advance and manual segmentation based on the data, which can
be time-consuming and inconvenient to use.

Thanks to the rapid development of deep learning, artificial neural network (ANN) has
become a powerful tool for solving the nonlinear fitting problem in sub-grid drag models.
Nikolopoulos et al. (2021) applied ANN to fitting problem of EMMS drag model for the first
time, solving the need for specifying formulas and data segmentation in traditional fitting
methods. However, because ANN is trained under certain operating conditions and material
properties, the applicable scope of their scheme is limited. Using it in a quiet different operating
condition and material property always means the requirement of retraining and choosing the
network structure from grid search results. To solve this problem, researchers (Stamatopoulos
et al.,2023; Yang et al.,2021) developed the generic EMMS-ANN drag model, where ANN is
trained under a wide range of operating conditions and material properties, so it can be
integrated into different CFD simulations without the need of retraining. But compared to fitting
for a specified condition, generic EMMS-ANN drag model need to be applicable to a wide
range of conditions, and hence requires a more complex network structure, which means more
computation time. As drag will be calculated at every iteration and for each grid, it may be
called millions or billions of times during one CFD simulation, so even a slight increase in drag
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calculation time can lead to a significant increase in simulation time, which means that the
generic EMMS-ANN has a higher computational burden.

This work aims to develop a self-adaptive fitting algorithm for EMMS drag (SA-EMMS
algorithm) using ANN. The algorithm can automatically optimize its network structure
according to the network complexity and specified error requirement, making it both user-
friendly and computationally efficient. To achieve this, the training and testing datasets are
generated by solving the EMMS equations under the specified operating conditions and
material properties. The ANN is trained with the training dataset, and the optimal structure is
obtained through a binary search based on its network complexity. Then, the algorithm is
tested against the original EMMS model for different cases, and the conclusion and future
work are summarized at last.

2. Methodology
2.1 Procedure description

Data Generation SA-EMMS Training CFD Simulation
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Fig. 1. Schematic diagram of the SA-EMMS algorithm.

Compared to previous methods, the SA-EMMS algorithm requires no human intervention
at all. To implement a CFD simulation with SA-EMMS algorithm, in addition to inputting the
operating conditions and material properties, the only thing that users need to do is specifying
the error requirement, and the following processes will be automatically completed by the SA-
EMMS algorithm. As shown in Fig. 1, a custom-build code is used to generate the training
dataset by solving the EMMS equations under specified conditions. Afterwards, the SA-EMMS
algorithm will automatically search for the optimal network structure that meets the specified
error requirement, and output the optimal structural parameters to a weight file. Finally, a pre-
build UDF is used to load the weight file and couple the EMMS model into the CFD simulation.

2.2 Binary search for the optimal structure

Fig. 2 shows the pseudo-code of SA-EMMS algorithm, which details the process of using
binary search to find the optimal structure of ANN. During this search process, ANNs with
different structures are sorted by the network complexity (which is defined as the parameter
quantity in this work), then a binary search algorithm is used to find the optimal ANN, which
has the least number of parameters while meeting the specified error requirement.

3. Results and discussion
3.1 Model validation in bubbling fluidized bed

The SA-EMMS algorithm was first implemented using the same conditions as presented
in Luo et al. (2017). Here, the SA-EMMS algorithm takes voidage and particle Reynolds
number as inputs, which is consistent with the independent variables of EMMS/Matrix used in
the literature.
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Algorithm 1: SA-EMMS algorithm

Input: operating conditions X, material properties X, specified error requirement ¢,
Input: op £ P prop ps SP q

search upper bound for layer number N, ,; and neurons per layer N, us.

Procedure:

# Phase 1: Generate the training dataset

EMMS/Matrix algorithm is solved under the specified X, and X, the generated EMMS drag

dataset will be used to train ANN
# Phase 2: Binary search for the optimal structure

9:
10:
1

20:

1
2
3
4
5
6
7
8

List =]
for i« 1 to Ny do
forj - 1to Ny do

PNj; = number of parameters in ANN with 7 hidden layers and j neurons per layer

Listappend([7. j, PNi,])
end for
end for
List = sorted(List, key=lambda t: t[2])
left < 0
right = len(List) - |
while left<right do
mid = left + (right — left)//2
Build ANNpig with List{mid][0] hidden layers and List{mid][ 1] neurons per layer
Train ANNpig on EMMS drag datasct, whose training error is £ miu
if & s> ¢ then

left — mid+1
else
right = mid
end if
end while

Output: Save trained ANN to a disk file

In this case, the error requirement is specified as 104, and the optimal structure found by
the SA-EMMS algorithm is 7 layers * 8 neurons/layer. The heterogeneity indexes calculated
by SA-EMMS and EMMS/Matrix are shown in Fig. 3. It can be seen that results of the two
models are almost identical, with only some slight deviation under low Reynolds number
conditions, which may be due to the small values of the corresponding heterogeneity indexes.
Meanwhile, to better validate the SA-EMMS algorithm, we also calculated the relative error
and determination coefficient between SA-EMMS and EMMS/Matrix, and the results were
0.006569 and 0.998668, respectively, indicating that the accuracy of SA-EMMS algorithm is

very good.

Fig. 3. Comparison of the heterogeneity index between (a) SA-EMMS and (b) EMMS/Matrix.

Fig. 2. Pseudo-code of SA-EMMS algorithm.
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3.2 Model validation in tapered-in riser

To further evaluate the SA-EMMS algorithm, we performed it in a tapered-in riser as
presented by Liu et al. (2019). Unlike the literature that only uses voidage as the independent
variable, considering the axial variation of the EMMS drag in the tapered-in riser, we use both
voidage and the superficial gas velocity as inputs.
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Fig. 4. Comparison of the heterogeneity index between EMMS model and this work at different height.

In this case, the error requirement is also specified as 10, and the optimal structure found
by the SA-EMMS algorithm is 9 layers * 10 neurons/layer. In Fig. 4, the heterogeneity indexes
calculated by the traditional EMMS model at different heights (corresponding to different
superficial gas velocities) and the SA-EMMS algorithm are compared, showing a perfect
agreement.
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Fig. 5. Comparison of the radial solid concentration distributions at z = 0.2 m by using different drag
models.
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To further validate the performance of the SA-EMMS algorithm in CFD, simulations were
implemented for the tapered-in riser using 4 different drag models: the homogeneous drag
(Hd,homo), the average EMMS drag (Hg,emms,ave), the interpolated EMMS drag (Hg,emms,interp) @nd
the SA-EMMS drag (Hq,saemus). Please refer to the work of Liu et al. (2019) for the specific
model meanings and detailed simulation setups.

The simulated radial solid concentration distributions are depicted in Fig. 5. It can be found
that results using the SA-EMMS drag and the interpolated EMMS drag are generally the same,
which are both closer to the experimental data than results using the average EMMS drag.
Meanwhile, the simulation using the homogeneous drag predicts a nearly uniform distribution,
which is consistent with results of Liu et al. (2019).
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Fig. 6. Comparison of the time-averaged voidage profiles by using different drag models.

Fig. 6 compares the time-averaged voidage profiles obtained from experiments and
simulations using the 4 different drag models. Similarly, the SA-EMMS and the interpolated
EMMS drag make much better predictions than the other 2 models. Results using SA-EMMS
drag are very close to the interpolated EMMS drag, and even show a slightly better agreement
with experimental data at the lower part of the riser, which may be due to interpolation errors
in the interpolated EMMS drag.

Comparisons above indicate that the SA-EMMS algorithm can automatically achieve
comparable results to the EMMS model specially calculated for a specific condition, which
enables it to provide a simple, accurate and efficient fitting for the EMMS model.

4. Conclusion

A SA-EMMS algorithm was developed using ANN for the fitting problem of the EMMS drag.
By setting the error requirement, the algorithm can automatically implement the binary search
algorithm to find the optimal network structure, which is quantified by the network complexity.
Then the SA-EMMS algorithm was tested for different cases, and its results were highly
consistent with the original EMMS model, indicating that our new algorithm has a good
applicability in different fluidization systems. As our algorithm requires no human involvement,
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and can get the optimal structure, compared to previous methods, it is more user-friendly and
computationally efficient.

Although the SA-EMMS algorithm is designed for fitting the EMMS drag model, it is also
applicable to any problem that requires a fitting algorithm, such as usage in fitting other drag
model, the granular pressure and viscosity can be expected in future.
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Abstract

The combined model of computational fluid dynamics and discrete element
method (CFD-DEM) is becoming one of the indispensable tools to study particle-
fluid flows in particle scale. But the number of calculated particles is restricted
because of the excessive calculation cost and/or limited memory address space,
and thus it is hardly used in investigating design and operational conditions
relevant to industries. In this paper, a coarse-grained CG CFD-DEM model is
developed and used to model the gas-solid two-phase flow in an industrial scale
CFB riser. The simulation results are analyzed in terms of axial pressure gradient,
differences of gas and solids velocities and solid concentration, solids back-mixing,
and particle clusters in the riser reactor. It is shown that the typical flow structures
in the large-scale CFB riser can be captured well by the CG CFD-DEM approach.
Good agreement between the simulation results and experiment ones is observed.
Further, the effects of different model particle sizes and solid mass flow rate on
the on the gas-solid flow pattern are studied too. The results show that this model
is generally valid and reasonably accurate when the flow is dilute. Some
uncertainties or errors may appear if the solid mass flow rate is too big.

1. Introduction

Circulating Fluidized Bed (CFB) technology, an advanced fluidization technique facilitating the
suspension of solid particles in rapid fluid states, has been broadly applied in industries such
as petrochemicals (Huang et al., 2024). This technology allows for fluid-like dynamic behavior
of suspended solid particles, thereby optimizing gas-solid contact efficiency, heat transfer
performance, and selectivity in chemical reactions under rapid fluidization conditions. The
primary components of a CFB system include a riser reactor, a cyclone separator, and a
recycling mechanism, where the characteristics of gas-solid flow within the riser directly
influence the efficiency of chemical reactions and the overall system performance. Despite
over half a century of application history and research foundation, the design and construction
of CFB technology at an industrial scale still confront challenges related to inadequate
understanding of complex flow structures and uncertainties in performance prediction during
scaling processes.

In terms of gas-solid flow simulation, the widely adopted Two-Fluid Model (TFM) and the
Computational Fluid Dynamics-Discrete Element Method (CFD-DEM) models serve as potent
tools for understanding and optimizing CFB technology (Li et al., 2024; Tang et al., 2024).
While TFM is capable of simulating flows independent of particle numbers, it fails to accurately
capture particle-level gas-solid flow details within CFB risers. On the other hand, CFD-DEM
models, despite significant achievements in revealing the fundamental mechanisms of gas-
solid flow, are limited in their widespread industrial application due to high computational costs.

Given these considerations, the current study employs a Coarse-Grained CFD-DEM (CG
CFD-DEM) model aimed at optimizing the use of computational resources by reducing the
required computational load without compromising simulation accuracy (Che et al., 2023).
This paper will delve into the applicability of the CG CFD-DEM model in simulating real-world
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industrial-scale CFB risers, analyze the impact of different operational variables on gas-solid
flow patterns, and further evaluate the model's limitations and potential in elucidating flow
mechanisms within CFB risers. This exploration seeks to advance the application and
development of CFB technology across various industrial domains.

2. Coarse-grained (CG) concept and Simulation conditions

The CFD-DEM model has been extensively studied and will not be elaborated upon in detail
in this document (Li et al., 2024; Wang et al., 2024). Instead, the primary focus will be on
elucidating the principles and concepts of the CG (Coarse-Grained) CFD-DEM model.

In the CG concept, the system is described by focusing on larger subcomponents (coarse-
grained description) and the smaller components that make up these larger components (fine-
grained description). The central premise is that particles with similar attributes can be
aggregated into a larger CG particle, which represents a group of real particles with the same
properties, exhibiting identical translational and rotational behaviors. Compared to the
standard CFD-DEM model, the CG approach assumes that (i) like particles can be aggregated
into a larger CG particle, (ii) collisions between particles are represented by collisions between
CG particles, and (iii) particle-fluid interactions are substituted by CG particle-fluid interactions.
The motion of CG particles is assumed to be consistent with the movement of the original
particle group it represents, with rotation assumed to occur around their own centers of mass,
not considering the rotation of original particles around the center of the CG particle. The CG
particle model attempts to emulate the behavior of real particles in calculations of particle-fluid
interaction forces and CG particle interaction forces, yet the precise simulation of particle-
particle interaction forces remains a challenge. The modeling of drag forces is achieved by
balancing the CG particles with the real particles (Chu et al., 2016; Li, 2016).

Table 1. Parameters used in this work

Phases Parameters Symbol Units Value
Solids density p Kg/s 863
Solids particle radius Ri pgm 802
Solid Size distribution Mono-size
Solids mass flow rate Ms Kg/s 5.54
Time step for solids At s 1x106
Gas velocity Vg m/s 5.71
Gas flow rate Mg Kg/m3/s 0.476
Gas Gas density o Kg/m3 1.225
Gas viscosity um Pas 1.79e-5
Time step for gas At s 1x104

The side inlet is engineered with an inclination angle to facilitate a smoother entry of solids.
The experimental data employed in this study are derived from the "Third Challenge Problem,"
as indicated in Table 1, (Breault et al., 2010) aligning with the parameters of NETL experiments.
The CG CFD-DEM model, developed by the "SIMPAS" group at Monash University, was
integrated into Fluent 12.1 via User-Defined Functions (UDF), enabling bidirectional coupling.
To mimic real-life conditions, the simulation utilized non-periodic boundary conditions and
included 100,000 particles.
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3. Results and discussion

This paper analyzes the axial pressure gradient of gas-solid velocities, solid concentration,
solid backmixing, and particle agglomeration in riser reactors, drawing upon the classical
characteristics of gas-solid flow within CFB (Circulating Fluidized Bed) risers reactor.

3.1 Solids distribution, velocity and concentration analysis

The axial pressure gradient curve is a commonly utilized methodology for analyzing the
distribution of solids within the riser of a Circulating Fluidized Bed (CFB). Fig. 1. (a) illustrates
the variation of pressure gradients at different heights, juxtaposed with experimental data for
comparison. These curves exhibit a U-shape, reflecting the distribution characteristics of
solids—concentrated at the bottom, sparse in the middle, and increasing again at the top—
corresponding to the loading, acceleration, and exit processes of solids within the riser. Overall,
the simulation results show a basic consistency with experimental outcomes, with most
simulation data falling within the 95% confidence interval of the experiments (Breault et al.,
2010; Li, 2016).
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Fig. 1. (a) Profiles of pressure gradient and (b) radial profiles of solid velocity at 8.88m.

One of the quintessential characteristics of CFB risers is the core-annular flow, where solid
particles move more rapidly in the core area and decrease towards the wall area; conversely,
the solid concentration is higher in the wall area and lower in the core area. By repeatedly
reading and averaging the solid velocity data from relevant data files, Fig. 1. (b) presents the
radial distribution of solid velocity at 8.88m, compared with the 95% confidence level of
experimental data, demonstrating a reasonable consistency between simulation results and
experiments. Although the simulation slightly overestimates solid velocity at certain heights,
this may be related to the arrangement of gas inlets and outlets on the side of the riser. Figure
3 further validates the uneven distribution, with lower solid concentration in the center region
and higher concentration in the wall region, showcasing the characteristics of core-annular
flow.

3.2 Particle cluster and interaction force analysis

As noted in the introduction, a key characteristic of the fluid dynamics within Circulating
Fluidized Bed (CFB) riser reactors is the presence of solid agglomeration, which significantly
influences the macroscopic gas-solid flow behaviors within the reactor. Fig. 2 demonstrates
the overall pattern of solid particle flow within the CFB riser, confirming the non-uniform
distribution of particles with agglomerations predominantly formed in the wall region,
consistent with prior experimental outcomes. Fig. 2. (b) distinctly illustrates the upward gas-
solid flow in the central region and the downward flow near the walls, effectively capturing the
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solid recirculation phenomenon, primarily induced by the opposing airflow direction near the
non-slip walls, which is one of the critical factors for the formation of agglomerations in the
wall area. As depicted in Fig. 2. (c), most particles within agglomerates have very low velocities
and move in the opposite direction to the main flow, indicating the presence of solid
recirculation, aligning with well-known experimental results and the qualitative conclusions of
some researchers regarding riser reactor simulations (Zhang et al., 2008).

(a)
Fig. 2. (a) Solid particle flow pattern; (b) partially enlarged view of (a); (c) partially enlarged view of (b).
The key factors controlling the characteristics of gas-solid two-phase flow within risers include
the forces between gas and particles, among particles themselves, and between particles and
walls. Measuring these forces poses technical challenges, yet they can be readily acquired
through CG CFD-DEM methods. Fig. 3. (a) and (b) display an uneven distribution of the Z-
direction gas-solid interaction forces within the CFB riser, with smaller forces in the central
region and greater forces on the sides. In conjunction with the solid concentration distribution
shown in Fig. 3. (c), it is evident that the particle layer is denser in the wall region, offering
greater resistance to the airflow and thereby increasing the gas-solid forces. Fig. 3. (d) and (e)
reveal that the distribution of gas and solid velocities is inversely related to the distribution of
interaction forces, indicating that intense solid-phase action redirects the airflow towards areas
of lower resistance.

ot

(a) (b) (c) (d) (f) (9)
Fig. 3. Distribution of (a) gas-solid interaction force in Z direction in the CFB riser; (b) partially
enlarged view of (a); (c) solid particle concentration; (d) gas velocity in Z direction; and (e) solid
particle velocity in Z direction; (f) solid-solid and (g) solid-wall interaction forces in the CFB riser.

The forces of solid-solid and solid-wall interactions directly affect the fracturing, degradation,
or wear of solids, as well as the wear of riser walls, but experimental data on these interactions
are scarce. This study has surmounted this challenge through CG CFD-DEM simulations, with
Fig. 3. (f) and (g) showing the distribution of these interaction forces. The distribution reveals
that both solid-solid and solid-wall interaction forces are greater in the bottom region, decrease
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in the middle region, and then increase near the outlet, corresponding to the changes in solid
concentration within the riser and the core-annular flow structure.

3.3 Effects of different model particle sizes

In this study, the variables under investigation within the coarse-grained (CG) model are the
sizes of particles used and different solid mass flow rates. As depicted in Fig. 4. (a), at a height
of 8.88 meters, the radial solid velocity profiles for different model particle diameters (20, 25,
30 mm) are generally similar, capturing the characteristic features of radial solid velocity. Fig.
4. (b) illustrates the radial solid velocity profiles at the same height under three different mass
flow rates. Each profile displays a core-annular flow structure with particle velocity decreasing
from the central to the wall region. The highest particle velocities in the center increase with
the mass flow rate, likely due to more solids accumulating in the wall region and thereby
constraining the airflow. To maintain a constant superficial gas velocity, the gas velocity in the
riser's center must increase accordingly, resulting in an elevation of central particle velocities,
aligning with findings from other researchers (Wang et al., 2013).
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Fig. 4. Radial distribution of solid velocity under different particle sizes and solid mass flow rates.

Fig. 5. (a) to (c) show the solid particle flow patterns in the CFB riser for different particle
diameters, including magnified views. With the increase in model particle diameter, the number
of particles decreases since a 30 mm diameter model particle represents more actual-sized
particles, given the fixed number of real-size particles in the CFB riser. Additionally, the gas-
solid flow patterns are similar across these scenarios, with solid agglomeration and solid
recirculation in the wall region being well captured.

As shown in Fig. 5. (d) to (f), the core-annular flow structure, particle agglomeration, and solid
recirculation are well captured in all three cases. However, upon close examination,
particularly for the case with a mass flow rate of 7.0 kg/s, an unexpected reversal in particle
velocity near the wall region is observed. Further examination of the results in Fig. 4. (b)
indicates that within certain radial positions, particle velocity decreases from the center to the
sides, while a reverse trend is detected in other positions. This inconsistency suggests that
the uncertainties or approximations within the CG CFD-DEM model become significant when
the gas-solid flow is denser. The reason is that the CG CFD-DEM model is more suited to
dilute flows where the interactions among particles might be insignificant and hence ignorable.
However, when particle interactions play a key role in dense flows, the uncertainties or
approximations in the coarse-grained model become apparent. Similar conclusions have been
reported by Chu and others (Chu et al., 2016). The results and analysis indicate that for the
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cases studied in this paper, the applicable range is when the solid mass flow rate is less than
approximately 5.54 kg/s.

(a) 20 mm (b) 25 mm (c) 30 mm (d)2.0kg/s (e) 5.54 kg/s (f) 7.0 kg/s
Fig. 5. Different model particle sizes and solid mass flow rates, the solid particle flow pattern.

4. Conclusions

In this work, the CG CFD-DEM model is employed to simulate the gas-solid two-phase flow
within an industrial-scale Circulating Fluidized Bed (CFB) riser. The research investigates
typical flow features such as axial pressure gradients, velocity differentials, solid
concentrations, back-mixing, and clustering phenomena. The CG CFD-DEM approach has
successfully captured flow patterns observed in large-scale CFB risers, with simulation
outcomes showing good correspondence with experimental data. This model serves as a
robust tool for predicting the performance of industrial-scale CFBs under various operational
conditions, particularly in dilute flow regimes. Nonetheless, the model requires a substantial
number of particles for accurate simulation and may introduce errors or uncertainties at higher
solid mass flow rates.
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ABSTRACT

Helium-cooled solid blanket is one of the three candidate conceptual designs for the
China Fusion Engineering Experimental Reactor (CFETR), and the flowability of
lithium silicate powders in the pebble bed of the fusion blanket is closely related to
the design of the tritium extraction system. We numerically investigated the gas-
powder flow characteristics of the packed bed based on the two-way coupling of
computational fluid dynamics(CFD) and the Discrete Element Method(DEM). The
effects of powder radius and different rolling friction coefficients on the powder flow
behaviour under different gravity directions at the same helium flow rate were
analyzed and discussed. The results show that the powder with a radius of 0.11mm
has the largest remaining quantity in the fluid domain, which indicates that in the range
of the studied powder radius when the radius of the powder is smaller than 0.11mm,
the flowability of the powder decreases with the increase of the radius of the powder.
When the radius of the powder is larger than 0.11 mm, the flowability of the powder
increases with the increase of the radius of the powder. For different rolling friction
coefficients, its influence on the powder flowability is small. In contrast, in the direction
of gravity, the direction of gravity with the larger angle with the direction of the Z -axis,
the powder fluidity is stronger. There is a positive correlation between the direction of
gravity and powder flowability.

Keywords: lithium silicate powder; computational fluid dynamics; discrete element;
two-way coupling

1. Introduction

Helium-cooled solid blanket is one of the three candidate conceptual designs for the China Fusion
Engineering Experimental Reactor (CFETR), and the flowability of lithium silicate powders in the pebble
bed of the fusion blanket is closely related to the design of the tritium extraction system. Therefore, it is
essential to study the flow and dynamic characteristics of powder and gas in the pebble bed.In terms of
particle filling, Gong et al.[1] used the discrete element software to conduct a numerical simulation of
particle filling, one and two-dimension simulation models which meet the voidage requirements were
obtained,Meanwhile, by using different sizes of Li,SiO, particles ,performing simulated stacking

experiments on one and two-dimension bed,and the voidage meets design goals . In terms of gas flow
analysis of pebble bed, Zhang et al.[2], Chen et al.[3,4] conducted CFD (computational fluid dynamics) -
DEM (discrete element method) coupling simulation on the helium flow characteristics of randomly
packed 1D and 2D pebble beds. The results showed that the flow rate increased in areas with large
voidage and the flow rate decreased in areas with large fill rates.

However, most current research on the gas flow in the pebble bed focuses on the characteristics of the
gas flow in the pebble bed where the gas flow direction is parallel to the gravity direction. In working
conditions, there are also some pebble beds where the direction of gas flow is at a different angle from
the direction of gravity. There is little research on the motion characteristics of the crushed powder in the
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pebble beds in the gas flow.Considering the slow gas velocity in the pebble bed, based on the laminar
flow model, the characteristics of the purging helium fluid in the horizontal cylindrical randomly stacked
pebble bed and the movement state of the powder in the purging gas flow were analyzed in this paper.
A randomly packed particle pebble bed that meets the requirements of working conditions was
constructed by the DEM method. CFD-DEM two-way coupled calculation are used for the pebble bed
model to obtain the velocity of helium and the powder dynamics in the pebble bed.

2 Numerical Methods
2.1 Pebble bed model in DEM

In the solid cladding of fusion reactor, pebble Li,SiO, particles with a diameter of 1 mm is used to tritium

increase. To make the model as close as possible to the working conditions, DEM discrete element
method is used to simulate the particle heap in the blanket pebble bed.

The DEM software used in this paper is EDEM, and the physical parameters of Li,SiO, stacked particles
are shown in Table 1[2]. To lessen the influence of the wall affect on the filling rate of the pebble bed[10],
a cylindrical container with a diameter of 1 I mmand heigh of 9 mmwas built to accommodate Li,SiO,

pebbles with a diameter of 1mm. At 0 s, particles are randomly generated at the top of the container, and
particle would fall into the container along gravity until the particles cannot be filled and all the particles
are relatively stationary. When the accumulation of particles is finished, a force in the same direction as
gravity is added at the top of the cylinder container to increase the filling rate of the pebble bed. After the
completion of particle accumulation, 968 stacked particles were obtained, and the filling rate of the pebble
bed was 59% . The nonlinear Hertzian contact model was selected to calculate the contact force of
particle-wall and particle-particle interactions in simulation. The DEM packed bed model and projection
of particle positions on the XY plane were shown in Fig.1.

Table 1. Physical parameters of Li4SiO4 for DEM simulation

Physical parameters value
Diameter (mm) 1
Poisson's ratio 0.24

Young's modulus (GPa) 90
Density (kg/m3) 2323
Coefficient of Collision recovery 0.3
Coefficient of Static friction 0.2
Coefficient of rolling friction 0.01

b)

(a)Packed bed model in DEM(b) Projection of accumulated particles on XY plane

Fig. 1. Calculation model

2.2 Fluid domain reconstruction and mesh generation

FLUENT-EDEM coupling was used to calculate helium-entrained Li,SiO, powder flowability in pebble
bed. As the helium flow velocity in the pebble bed is slow (about 0.02 ~2.0m/s) [2], Li,SiO, particles
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with a particle size of 1 mm can be regarded as static in the simulation process. The position information
of particles was exported by EDEM, and its spherical center coordinates and end point coordinates was

imported into Spaceclaim to model the Li,SiO, pebble bed model. Then Li,SiO, particles was extracted

from the pebble bed through a Boolean operation. At the same time, the particle size of the inlet and
outlet sections was extended the distance of four times the particle size and three times[4] to obtain the
final fluid domain.

The contact points of particle-particle and particle-wall in the pebble bed belong to geometry with
thickness of 0. When modeling the fluid domain, the contact points must be treated. Reddy et al.[8]
studied the diameter reduction method. They found that when the particle diameter is reduced by less
than 2%, the flow rate at the particle gap is basically 0 . Therefore, the diameter reduction method was
chosen in this paper, to treat the contact points in meshing process. Particle diameter experienced a
reduction of 1% . That is, the particle diameter is reduced to 0.99 mm. The reconstructed fluid domain
model is shown in Fig.2.
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Fig. 2 Reconstructed fluid domain model

Generally, the velocity range of helium purging in the pebble bed is 0.02 ~ 2.0 m/s[2], the Reynolds
number in the fluid domain is much less than 2300, and the FLUENT-EDEM coupling interface cannot
be used for steady-state calculation. Therefore, the transient laminar model was used to analyze the flow
field and powder dynamics characteristics. Because of the complex structure of the fluid domain,
compared with the tetrahedral mesh, the iterative calculation in the boundary layer is uneasy to converge.
Hence the polyhedral mesh is used to divide the fluid domain[11]. Four sets of mesh with mesh quantities
of 932,000, 1210,000, 1962,000, and 2200,000 were generated. The inlet and outlet pressure drop in the
pebble bed under the inlet flow rate of 0.2 m/s and operating pressure of 101 kPa[2] are shown in Table
2. When the mesh quantity exceeds 1982,000, the calculation error is less than 0.06% . The mesh
division results and details could be seen in Fig.3.

Table 2. Mesh independence verification

The number of mesh Pressure drop /(Pa/m)
932,000 1658.14
1210,000 1662.57

1962,000 1665.65
2200,000 1666.57

Fig. 3 Mesh division results and mesh details
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3. Results and Discussion
3.1 Velocity analysis of helium

When helium inlet flow velocity is 0.3m/s and the gravity direction was along the negative direction of
the Y -axis, the velocity distribution of YZ face after t =2s of helium blowing in the pebble bed is shown
in Fig.4a .The flow velocity was small in the area with small particle-particle voids, and the minimum flow
velocity is almost 0 . While in the area with larger voids, the flow velocity became larger, and the
maximum flow velocity was about 10 times more than the inlet flow velocity. The reason for this
phenomenon is that when the gas flows through the area with small voids, the flow resistance is larger
and the flow velocity is smaller. Instead, when the flows through the area with large voids, the flow
resistance is smaller and the flow rate increases greatly,the phenomenon can also be observed in the
velocity flow diagram depicted in Fig.4b .Therefore, the simulation results presented in this paper are
consistent with the actual situation.
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Fig.4 Velocity and its streamline distribution of YZ plane

3.2 Powder dynamics analysis

During the operation of the pebble bed in a blanket, Li,SiO, particles in the pebble bed are easily broken

to form powder and mixed with other powders retained in the pebble bed, generating many powders with
different friction coefficients, which will move with the purge gas in the pebble bed. At the same time,
there are also different angles between the direction of airflow and the direction of gravity in the actual
working conditions, which will affect the normal operation and tritium breeding efficiency. This section
mainly discusses the influence of gravity direction on powder fluidity under different rolling friction
coefficients. Based on the coupling calculation of EDEM and FLUENT, the simulation model of gas-solid

two-phase flow is established. The physical parameters of the powder are the same as those of Li,SiO,

particles. The shape of the powder is spherical and the diameter is 0.05mm . Eight different rolling friction
coefficients were set in the fluid domain, and the gravity direction was different in each case. By changing
the rolling friction coefficient and the angle between gravity and the Z -axis, the influence of gravity
direction on powder fluidity was analyzed.

Fig.5 shows that at t =2s, the remaining amount of powder with different rolling friction coefficients in

the pebble bed changes with the angle in the direction of the Z -axis. With the increase of the angle
between the gravity direction and the Z -axis direction, the remaining total powder quantity within various
rolling friction coefficient decreases, however, the reduction of each group is similar, which indicates that
the influence on powder fluidity is small. In the gravity direction, The fluidity of the powder increases as
the angle between the direction of gravity and the Z -axis increases, indicating that the angle between
the gravity direction and the axial direction of the pebble bed is positively correlated with the powder
fluidity within the studied range. The main reason for this phenomenon is that when there is an angle
between the gravity direction and the axial direction of the pebble bed, the powder will move toward the
edge of the pebble bed. However, the porosity at the edge of the pebble bed is larger, and the powder is
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not easy to be intercepted in the process of movement, so the greater the angle between the gravity
direction and the Z -axis direction, the stronger the powder fluidity.

0 15 30
G

N: the remaining quantity of powder in the fluid domain
G: the magnitude of the angle of gravity with the direction of z-axis
v: the coefficient of friction of powder rolling

Fig. 5 Effect of gravity direction on powder number at different rolling friction coefficients

Since the particle size of the broken powder produced by Li,SiO, particles cannot all be equal in actual
working conditions, and the powder fluidity may also change with the powder particle size distribution,
the flow channel may be blocked by a larger powder, and then prevent other powders from flowing
through the void, and ultimately lead to the reduction of powder fluidity. In this paper, several particles of
different sizes are purged into the fluid domain. In general, particle sizes should be uniformly distributed
within each particle size group. In order to simplify implementation, The particle sizes of the powder group
were 0.05mm, 0.08mm, 0.11mm, 0.14mm, 0.17mm, 0.20mm, 0.23mm and 0.26mm, and the
number of spherical powders in each group was 100 .0Other simulation settings and boundary conditions
were kept the same as the previous section. The influence of particle size on fluidity was studied and
illustrated in Fig.6, where N is the amount of powder remaining in the fluid domain when t=2s, and R
is the particle radius.

T T T T T T T T T T T
0.04 0.06 0.08 0.10 0.12 0.14 0.16 0.18 0.20 0.22 024 0.26
R

N: the remaining quantity of powder in the fluid domain
R: the radius of powder

Fig. 6 Effect of size on powder number

For the Li,SiO, powder, the influence of particle size on fluidity is obvious, while the change trend is not

just monotonous. It can be seen that the powder with radius of 0.11mm has the largest remaining amount
in the fluid domain and the minimum fluidity. When the radius of the powder is less than 0.11mm, the
fluidity of the powder decreases with the increase of the radius of the powder. Although the smaller
powder is easier to fluidize than the larger powder, its fluidity should be higher, but the higher fluidity will
also lead to the possibility of the powder being intercepted by the pebble bed. Thus, the retention of
powder in the pebble bed increases and the fluidity characterization decreases. When the radius of the
powder is greater than 0.11mm, the fluidity of the powder increases with the increase of the radius of the
powder, indicating that the fluidization effect of the powder begins to dominate the fluidity, and the
interception effect gradually weakens with the increase of the particle size. At the end of the simulation,
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all large particles (R >0.17mm) were blown out of the packed bed, while some small particles were
intercepted and filled in the packed bed. The reason may be attributed to the large particles having a
large momentum exchange term, which makes it easier to pass through the void of the packed bed with
a larger speed.

4. Conclusion

The flow characteristics of gas and powder in the packed bed were studied by CFD-DEM two-way
coupled calculation. The numerical method was described in detail, including the control equation, DEM
model, CFD model establishment and coupling program. The benchmark test is carried out to verify its
effectiveness. The effects of powder radius and different rolling friction coefficients on the powder flow
behaviour under different gravity directions at the same helium flow rate were analyzed and discussed.
The results show that the powder with a radius of 0.11mm has the largest remaining quantity in the fluid
domain, which indicates that in the range of the studied powder radius when the radius of the powder is
smaller than 0.11mm, the flowability of the powder decreases with the increase of the radius of the
powder. When the radius of the powder is larger than 0.11mm, the flowability of the powder increases
with the increase of the radius of the powder. For different rolling friction coefficients, its influence on the
powder flowability is small. In contrast, in the direction of gravity, the direction of gravity with the larger
angle with the direction of the Z -axis, the powder fluidity is stronger. There is a positive correlation
between the direction of gravity and powder flowability.The results of this paper may provide partial
insights into powder dynamics in pebble beds.
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Abstract

The potential offered by biomass to upgrade into more valuable products is now
being more widely recognized around the world. In this work, a comprehensive
model was developed by Aspen Plus to simulate gasification process in a
circulating fluidized bed (CFB) gasifier. The model involves sub-models for
temperature-dependent pyrolysis products evolution equilibrium, biofuel
fluidization and gasification controlled by reaction kinetics. By comparing with
previous experimental data, results show that the model predicts pyrolysis
products and final syngas with reasonable accuracy, after which products
composition and evaluation parameters are calculated. Sensitivity studies are
carried out for exploring the impact of equivalence ratio, temperature and
steam/biomass mass ratio on gasification as well. This model provides additional
design and simulation insight for CFB gasifier modelling in future.

1. Introduction

Biomass gasification is a complex process in which chemical reactions as well as heat and
mass transfer mechanisms take place[1]. It is not only time-consuming but also costly for
experimental process optimization of a certain biofuel, because many factors affect
gasification behavior[2]. Also, gasification simulating based on existing experimental data
which is reported on industrial scale is now popular, arising from its flexibility and accuracy.
Simulation can easily determine process parameters, avoid undesirable operational conditions
and support process optimization[3].

Among all process simulation tools, Aspen Plus have been widely employed in biomass
gasification for its high flexibility and low calculation cost in optimizing operational conditions
[4]. st| fif-xBzuiwfkafsi%it | siwfkAl fxakhfytsswifhytwir tijgshfsigisjxyfgmm]iuss
{Ewtzx% jymtix{fexelFxujs [5]. Mt| j{jwB| mjsayhtr jx3ttnhzdysl%pnnjigjis
HKG .51l fxakhfyt s Buwchjxxjxsfwj sy-umfar$gzms | nmsLggxdwj fhytwesynf st {jwktpsym] s
vir ujwEyzwj2i jujsijsyr~waxxs 4 fxkhfyt s¥ sikypn gimE {rtwiexri j $mj % fhyt w[6].

The CFB model presented in this paper involves sub-models for temperature-dependent
pyrolysis products evolution equilibrium, biofuel fluidization and gasification controlled by
reaction Kinetics. Tar cracking and pyrolysis products compositions are considered. Fluid
dynamics and reaction kinetics are integrated to simulate gasification performance as well.
This model provides new design for CFB gasifier modelling in future.

2. Materials and modelling methods
2.1 Biomass materials

The biomass chosen in simulation is the leach orujillo, which is consist of olive oil waste,
reported by previous research, and the proximate analysis and ultimate analysis are chosen
as well[7]. The average particle size of orujillo sample is measured as 1.89mm.

2.2 Pyrolysis products evolution equilibrium sub-model

Gritr fxx%kzjFzsijwltjxsfstmmyrfdxyfljstikEiwrsl $fsisu~wt gxaxsrexi j $ym]j swj Ehyt wF x%
vir ujwfyzwj sexjx®emoisture is released around 150°C and it is believed that validates begin
to escape from biomass at 300°C. In fact, devolatilization and pyrolysis is an extremely
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complex process. Gasification in circulating fluidized bed can be regarded as isothermal
condition at high temperature. It means devolatilization and pyrolysis can be simplified to be
independent of heating rate, while solely determined by temperature. Therefore a pyrolysis
products evolution lumping equilibrium model is investigated, containing empirical formulas
and selected experimental data from the literatures. The adapted empirical relationships
shown in Table 2 were derived from analyses of final products for various biomass pyrolysis
evolution at certain temperature, rather than focusing on heating rate and kinetics.

The decomposition products include water vapor, pyrolysis gas, char and tar. Pyrolysis gas is
consist of Hz,CO,CH4,CO2,N2,SO2 and H20. Arising from the low content of CzHa(typical
wt%=1%) and other CyH(typical wt%=0.5%) in decomposition products, only CHs is
considered in this model to simplify modelling calculation. The whole mass balance and
element balance are strictly calculated in Table 1, where T means pyrolysis temperature(C),
w refers to values in proximate and ultimate analyses, and Y presents yield(wt%).

Table 1. Empirical equations for pyrolysis products evolution equilibrium

Variables(wt%) Equation References
Y2 =1.145%*(1-exp(-0.0011*T))"9.384*100% [8]
Yco =(0.8247-0.0025*T+0.00000255*T*2)*100% [8]
Ycha =(0.1414-0.0004*T+3.75*107(-7)*T*2)*100% [8]
Gas Yco2 =(0.5284+0.0013*T-1.84*10*(-6)*T*2)*100% [8]
Yn2 ZWN -
Ysoz =64/32* v -
YH20 = ® moisture -
Y char =(0.106+2.43*exp(-0.005*T) )*100% [6,8]
Char Y char =(0.93-0.92*exp(-0.0042*T) )*100% [6,8]
Y H,char =(-0.0041+0.1*exp(-0.0024*T) )*100% [6,8]
Yo,char =100- YH,char -Yc char -
Yitar =100-Y char-Y gas -
Yc tar = wc-Yc,gas-YC,char -
Tar
YH,tar = ® H-YH,gas- Y H,char -
Yotar = 0-Y0,gas-YO,char -

2.3 Fluid dynamics

To simulate gasification in the CFB, the “Fluidbed” unit in Aspen Plus was used to deal with
fluidizing and circulating regime and all parameters are the same as the settings in literature[7].
According to Garcia-lbafiez’s settings of CFB experiments[7], the height and diameter of the
CFB reactor is 6.5m and 0.2m respectively. The biofuel particle can be classified as Geldart
A[9], and the paper provides more details. Minimum fluidization velocity uns is used for
approximate calculation by Wen’s method in a wide range of Re conditions[10].

Remy =337+ /(1 + 36+ 1075« 4r) =1 = "2 (2-1)
Ar =24 pspr (2-2)
vit P

The transport disengagement height(TDH) model are given in the literature[11] where dy
means the diameter of a bubble at the surface of the bottom zone.

TDH = 13.8 * d,, (2-3)

The particles are partially elutriated from the bed by exploding bubbles at the bed surface. If
the freeboard is higher than TDH, particle related elutriation coefficient(k-,) is dependent on
the fluidizing gas velocity, the particle velocity and the solid mass fraction, and the equation is
as following where A,B are user-defined factors, more information involved in literature[12].

2.4 Combustion and reduction reaction kinetics
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Gasification and combustion in circulating fluidized gasifier is fully controlled by Arrhenius
kinetic reactions which is listed as Table 2, including Boudouard, Water-gas, Steam reforming
reactions, etc. The involved C come from carbon in char calculated previously.

Table 2. Chemical reactions and kinetic parameters

Reactions A (s n Ea (kJ/kmol) References
C+C02=2CO 4.4 1 1.62¢8 1]
C +H0=CO+H:> 15170 1 1.2162e8 [2]
C +0.50,=CO 2.3 1 9.23e7 [1]
C +2H2=CHa4 0.004189 0 1.92e7 [3]
CO +0.502 +0H20 =CO0O2 1.3e8 0 1.256e8 [13]
CO +H20=COz+ Hp 2780 0 1.26e7 [14]
CO + 3 H2=CHas+ H0 312 0 3e7 [13]
H> +0.5 02 =H20 2.2e9 0 1.09e8 [13]
CH4 + H2O=CO + 3 H2 6.09e14 0 2.57e8 [13]
CO; +Hz=CO + H0 95862 0 4.66e7 [14]
CHs +1502=C0 + 2H20 5.01e11 0 2.03e8 [13]
C+02=CO2 0.000916 1 4.69e6 [15]

2.5 Aspen modelling assumptions and process

After combination of all sub-models, the Aspen Plus CFB modelling is shown as Fig.1. Feeding
biomass is set as non-conventional (NC) components. The decomposition and pyrolysis
results, conventional C (carbon particle) and conventional gas, are calculated in MATLAB by
pyrolysis products evolution equilibrium sub-model and then transmitted to the unit
PREDECOM, TARDECOM and CHARDECO via MATLAB/Aspen connection server. Unit
SPLIT1, SPLIT2 and SPLIT3 are set to separate components to different stream.

SIEET.

Fig.1. CFB gasification process flow diagram in Aspen Plus

Feeding biomass is firstly decomposed into ash, inert tar, reactive C solids and gases. It is
necessary to decompose tar and char in order to derive reactive components. In TARDECOM,
H,,CO,CH4,CO- are considered as tar cracking gas components, while phenol(CsHsOH) is
chosen as inert tar and accounts for 15% of total tar, lower than experimental data[16,17].The
ratio of moles of CO and CO2 is inversely related with their molecular mass[4].

Gasifying agents flow AGENT stream enter reactor while reactive components from biomass
as SOLID stream and gasification take place in CFB zone. Remaining solid, acting as tear
stream CIRCULAT, goes to MIXER2 and then reenter CFB reactor to simulate the circulation.
Calculation stops at simultaneous convergence of both tear streams and design specifications.

2.6 Process evaluation parameters
Several evaluation parameters are calculated to evolute the gasification process as following.

LHV is defined as heat released by complete fuel combustion, excluding latent heat of water
vaporization, calculated as following with unit MJ/Nm3. In the equation, i means respective gas
while w means its molar fraction or volume fraction(%)[5].

LHVqs = LLHV; * w; (2-4)
SGY is a fundamental parameter estimating the gasification process product, where Y
represents yield of respective gas, with unit Nm3/kgfuel[18].

150



SGYyqs = LY, (2-5)
Cold gasification efficiency (CGE) represents the ratio of syngas LHV to biofuel LHV[18].
_ LHVggs )
CGE = —LHVbioﬁzel * 100% (2-6)

Two operation parameters Equivalence ratio (ER), Steam/biomass mass ratio (S/B) are used
as operational variables to control gasification characteristics [18]:

ER = [T.Y.Lair/ﬁ}biofuel]actual (2_7)
[Mair/Mbiofuetl sy oion
S/B = msteam/mbiofuel (2-8)

3. Results and discussion
3.1 Validation with experimental data

In order to validate the accuracy of Aspen Plus comprehensive model, three set of
experimental data reported in literature were used, which collected from olive oil waste
fluidized bed gasification[7]. The operation parameters are listed in Table 3.

Table 3. Simulation parameters of different gasification conditions

Variables Units Values
Test numbers Mod.1 Mod.2 Mod.3
ER - 0.59 0.67 0.73
Biomass mass flow kg/h 64 51 47
Agent(air) mass flow Nm?3h 164 149 149
Tyasification T 800 800 800

Fig.2 presents the comparison of simulation result against the experimental data for each of
the following syngas species : CO, CO,, Hz, CH4 and Naz. As is illustrated, the comprehensive
model prediction results of major syngas compositions are reasonably close to experimental
data. For each component, the absolute error of prediction is within 1.5%. Case Mod.2 is
chosen as the typical case for further exploration based on change of operational parameters.,

Volume fraction o)

Fig. 2. Comparison of syngas composition between simulation results and experimental data.
3.2 Sensitivity studies for operational variables

To explore the impact of operational variables on syngas compositions and gasification
evaluation parameters, the following sensitivity studies for ER, gasification temperature and
S/B are conducted. Fig.3 shows the effect of ER on syngas compositions and gasification
evaluation parameters. When ER increases, behavior in reactor transform from gasification to
combustion gradually, contributing to contents of CO,H; and CH, decrease. Though syngas
yield remarkably increases, CGE drops to 51%, which means less energy is saved in syngas.

14

— SGY(Nm kgluel)

’ .
- b —a— LHV({MJ/Nm')
- CO 3.2 5 e —=— CGE(%) e
. CO,
o

4—H,
* CH,
.M,
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Fig. 3. Effect of ER on syngas compositions and gasification evaluation parameters.

When S/B ratio goes up as Fig.4, water-gas and methane reforming reaction are prompted,
leading to the rapid increase of H> content and CGE. When S/B>0.2, LHV remains almost

unchanged. As a result, appropriate vapor feeding significantly promotes gasification,
analogous to previous work[5].

—a— SGY(Nm kgfuel)

= LHV(MINm')
b " ’ " CGE(%)
co - *

6l

¢ 4 b o

Volume fraction(%a)

I L I L L T
00 02 04 LX) 08 oo
s/B

T T
04 06 08 K]

B

Fig. 4. Effect of S/B on syngas compositions and gasification evaluation parameters.
As gasification temperature rises, temperature-dominated methane reforming and water-gas
shift reaction are sensibly prompted, so H> and CO contents increase. In Fig.5, notably, at
800°C CGE and LHV are the lowest and that is the temperature range we should avoid. The

simulation result will undergo comparison and verification in our subsequent experiments.

—a— SGY(Nm kgfuel)
[ ¢ g e g " o— LHV(MINm®)
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Fig. 5. Effect of gasification on syngas compositions and gasification evaluation parameters.

Superficial and void gas velocity and pressure are selected to show the possibility of
fluidization characteristics calculation by Aspen Plus in Fig.6. It is illustrated that the bottom

zone has a height of 1.5m, according to the pressure loss of 3000Pa. The TDH is almost 2m,
above which the pressure remain remain unchanged.

= Superficial gas velocity|
sk = Void gas velocity

...........

Height{m)
-

Height{m)

6.1 62 6.3 fd 65 b

3 2800 24000 20000 -1600 <1200 -RO0 400 o

Velocity(m/s) Gauge pressure(Pa)

Fig. 6. Fluidization parameters calculated by Aspen Plus model
4. Conclusion

The research proposes a comprehensive model of CFB in Aspen Plus, involving sub-models
for temperature-dependent pyrolysis products evolution equilibrium, biofuel fluidization and
gasification controlled by reaction kinetics. Assessment on simulation results are carried out
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to check modelling accuracy and feasibility in gasification products prediction and fluidization
characteristics calculation in Aspen Plus. Main outcomes are listed as follows.

1.Comparing with experimental data, results show that the model predicts syngas
compositions with max absolute error controlled within 1.5%, indicating the feasibility and
accuracy of decomposing gasification into first-step pyrolysis and following kinetic reactions.

2.Sensitivity studies are carried out for exploring the impact of ER, S/B and gasification
temperature on gasification behavior. Sensitivity analyses on evaluation parameters indicates
that proper ER and relatively high S/B and temperature will promote gasification.
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Abstract

The circulating turbulent fluidized bed (CTFB) is a newly discovered fluidization system
that combines the well gas-solid mixing properties of conventional turbulent beds (TFB)
with the continuous operation features of circulating fluidized beds (CFB). Modeling of
the hydrodynamic behaviors of CTFB with Geldart group B particles has been
performed based on the Eulerian-Eulerian approach integrated with the kinetic theory
of granular flow (KTGF). Three turbulent models have been adopted in order to
investigate the influence of macroscopic turbulent viscosity of particles in the model
prediction. It is shown that the k—&—k, —¢,’ —6 model considering particle
turbulent viscosity at both micro and macro scales show satisfactory agreements with
measurements. Then, the effect of mesoscale structure on the hydrodynamics are
investigated by comparing the predictions of Energy-Minimization Multi-Scale (EMMS)
model and Huilin-Gidaspow drag model. The parameters in KTGF including particle
collision parameter of restitution (ess) and particle-wall specularity coefficient (¢) also
affect the simulation of the hydrodynamic characteristics of CTFB. It is found that drag
models have an effect on the selection of parameters in KTGF and wall boundary
condition. Simulation results showed that these parameters have little effect on axial
differential pressure (AP) profile when the EMMS model was used, but have a
pronounced influence on AP using Huilin-Gidaspow drag model. Different systems
also affect the choice of these parameters. ess from 0.85 to 0.95 entails a noticeable
impact in solid holdup distribution in the top part of the CTFB riser while the solid holdup
on the bottom has more sensitivity to ess than that on the top in the CFB and TFB. The
specularity coefficient (¢) plays but a minor role in the holistic flow characteristics.

1. Introduction

The atmospheric carbon dioxide levels have increased appreciably and its effect on
climate is forcing humanity to consider CO- capture technologies. Carbon capture and
storage are reliable tools . For nearly a century, fluidized beds nominated as an
efficient method to remove CO; from flue gases have been the backbone of the
processing industries 2. The circulating turbulent fluidized bed (CTFB) is a newly
discovered fluidization system that combines the gas-solid mixing properties of
conventional turbulent fluidized beds (TFB) with the continuous operation features of
circulating fluidized beds (CFB) 3. Nevertheless, there still lacks systematic
investigation in some areas in terms of equipment optimization and amplification. To
optimize and scale up a fluidization system, it is crucial to understand the
hydrodynamics and flow characteristics of the multiphase flow in the fluidized bed
reactor 45. To lighten the burden for experiment, numerical simulation have been
proposed for investigating multiphase flow. As one of the most commonly used
numerical methods, the Euler —Euler based TFM model regards both fluid and particle
phases as continuous and completely interpenetrating, describes solid rheology
through the kinetic theory of granular flow (KTGF) and characterizes the interaction
between particles and gas by a drag model 6. There have been studies on the models
and the sensitivity of relative parameters in the TFB, CFB and BFB system "°, but
specific empirical correlation such as drag model and parameters about solid viscosity
is only suitable for specific operating conditions. It is difficult to be extended to other
systems, therefore, loses its generalization 1°. For CTFB, a novel system, the choice
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of model and the setting of empirical parameters need to be reconsidered. Mesoscale
structures (such as clusters) in gas-solid fluidized beds significantly affect
macroscopic hydrodynamic behavior. The effect of clusters is usually considered in
drag models, while the influence of clusters on viscosity should also be taken into
account.

In the present work, Euler-Euler two-fluid model in combination with KTGF is used to
study the hydrodynamic behavior of a circulating turbulent fluidized bed riser with
Geldart B particles. Turbulence models and drag models including Huilin-Gidaspow
drag model and the energy minimization multi-scale (EMMS) model are discussed.
The Johnson and Jackson wall boundary condition with different specularity
coefficients and the KTGF with different restitution coefficients are used and their
effects on the hydrodynamic behavior of the bed are investigated.

2. Numerical procedure
2.1 The model equations

The system hydrodynamics behavior was simulated using the five main governing
equations (conservation of mass, momentum, energy, species and solid phase
fluctuating energy). The constitutive equations for the solid particle was used via KTGF.
For the momentum exchange coefficient, the Huilin-Gidaspow model and EMMS
model were compared.

2.2 Computational domain and boundary conditions

The riser for the CTFB has an inner diameter of 0.0635 m and a height of 4.3 m. The
simulation is performed in a 2D cylindrical space. Table 1 lists bed dimensions and
operating conditions. The experimental data was obtained by Korea Research Institute
of Chemical Technology (KRICT) %12,

Table 1. Adsorber dimensions and operating conditions of the unit.

. values
D (m) 0.0635
H (m) 4.3
Fg (m3h?) 10.5
yco2 0.12
Gs (kg m?2s) 5.26
dp (M) 1.5E-4
ps (kg m3) 1700

2.3 Grid-size independence analysis

For the simulation procedure, firstly, the grid-independency and the simulation time
tests were conducted to investigate the hydrodynamics model with high accuracy and
less time consuming. In this study, the reactor system was simulated by ANSYS
FLUENT software. The computational cells of the reactor system with 117424 (42 x
2795), 51543 (28 x 1911) and 29988 (23 x 1397) cells were tested for the grid
independency. The minimum appropriate number of computational cells required was
51543 by simulating.

3. Simulation results and discussion

3.1 Turbulence model

Gas—particle two-fluid model (TFM) treated the particle phase as a continuous fluid
based on the Eulerian method in which enclosing the stress of particle phase in the
particulate momentum equation was a key problem. Various methods were put forward

considering different enclosing methods that the kinetic theory of granular flow (KTGF)
has gradually become the basis of these methods. KTGF was originally developed for
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pure granular flow 3. The effects of clusters caused by the transfer of turbulent energy
between two phases were not taken into account. Some researchers enclosed the
stress of particulate phase by only considering the microscopic viscosity of particles
using KTGF, which showed approximately agree with measurements in bubbling
fluidized bed (BFB) but unsuitable in TFB and CTFB et al. That is because in BFB the
turbulent effect is weak so the microscopic viscosity plays a dominant role, but when
the particle turbulence is intense and obvious phenomena of particle agglomeration
and fragmentation are existed such as in TFB and CTFB system, it is not optimal for
only using KTGF to enclose the stress of particulate phase. Another method was based
on the closure of the particulate turbulent equation. Two different methods is employed.
One is using k — & model which is same as gas phase (in this paper called k, — ¢,
model), the other is kp’ —&," model which accounts for the presence of particles
turbulence 3. Four different models have been adopted in order to investigate the
influence of macroscopic turbulent viscosity of particles in the model prediction. They
are:

A: 6 model, in which the effect of macroscopic turbulent viscosity of particles is
ignored and only using KTGF to enclose the stress of particulate phase.

B: k — & — 0 model in which turbulent viscosity of gas is considered by k — ¢ and
viscosity of particles is simulated by 6 model.

C. k—&—k,—¢&,—6 model, in which the particle viscosity is considered by both
k, — &, model and KTGF.

D: k—e—ky —¢,’ —6 model %, inwhich k," —¢,” equations represent the transfer
of turbulent energy of particle phase and the granular temperature equation is utilized
to simulate the collisions between particles.

As shown in figure 2(a, b), both A model and B model set the viscosity of particles by
only KTGF, so their effective viscosity of particles (u.) are close leading the similar
simulations of their AP. The kinetic theory describes the motion of a single particle, so
it cannot model the flow in larger space scale, such as the motions of clusters, which
generally exist in risers 3. For C model and D model, they consider the viscosity of
particles on microcosmic scale and macroscopic scale respectively. As shown in figure
2(c), the particle turbulent viscosity (us ) of C model maintain steady fluctuations, while
us ¢ of D model fluctuates more at the bottom than the top. That is because there are
more particles near the inlet and the particle fluctuation is stronger. The C models
obscures the difference between gas-solid phases which leads to the disparities
between simulations and experiments.
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Fig. 2. The comparisons of predicted results by different turbulence models.
3.2 Drag model

Drag force is the predominant force in gas-solid fluidized bed reactors that affects
hydrodynamics behavior. Due to the lack of consideration for mesoscale structures,
the gas-solid drag force is often overestimated using traditional drag models. In order
to successfully predict the flow characteristics, the energy minimization multi-scale
(EMMS) model is used to improving the accuracy of simulation by taking into account
the fluid flow involving particle agglomerations 415, To assess the sensitivity of drag
force models on the CTFB hydrodynamics, we have investigated two different drag
models, Huilin-Gidaspow and EMMS.

Figure 4 represents the time-averaged axial solid volume fraction profiles plotted
against the height in riser and time-averaged axial differential pressure profiles. The
results of Huilin-Gidaspow drag model and EMMS model show significant differences,
indicating that the hydrodynamics behavior is sensitive with the consideration of meso-
scale structure. This work of simulation reduced computational time by performing local
initialization. The solid mass of equilibrium in the riser was roughly estimated based on
the pressure drop, then an initial solid volume fraction was set. This may result in
inconsistencies between experimental data and simulation. Huilin-Gidaspow drag
model over-predicted the bed expansion heights due to overprediction of the drag force,
which is also investigated in the previous literature 617, In the following work, the effect
of parameters are investigated for both Huilin-Gidaspow drag model and EMMS model.
The sensitivity of flow characteristics to parameters based on KTGF and the influence
of drag models on parameters will both be investigated.
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Fig. 4. Time-averaged axial solids holdup and differential pressure profiles predicted using

different drag models.
3.3 Sensitivity of parameters

The frictional interaction between the wall and solid particles, termed as specularity
coefficient in wall boundary theory by Johnson and Jackson, and particle—particle
restitution coefficient depicting momentum transfer or energy dissipation between
colliding particles are important in numerical predictions of gas—solid flow.
Nevertheless, there is no consensus on the value of specularity coefficient and
restitution coefficient. Besides, the formation of mesoscale heterogeneous structures
has a significant effect on the constitutive laws as proven in many studies °, but the
concern of parameter sensitivity was almost based on single particle without
considering the effect of cluster. It is also worth exploring. Therefore, a series of
simulations were performed to explore the qualitative behavior of the above discussed
model parameters, respectively based on Huilin-Gidaspow drag model and EMMS
model.

3.3.1 Specularity coefficient

In the Johnson-Jackson model, the influence of solid wall friction and its roughness on
the shear force is computed using specularity coefficient. The specularity coefficient is
defined as the fraction of collisions that pass momentum to the wall boundary and
specified between zero and unity. Similar trends were noticed using both two drag
models that increasing the value of @ results in a higher solids concentration near the
walls due to less friction between particles and walls, as shown in figure 5(a). Figure
5(c) shows the differential pressure profiles at different specularity coefficients (¢ = 0.9,
0.5, 0.1, 0.05) when the Huilin-Gidaspow drag model was used and the differential
pressure profiles at five specularity coefficients of 0.99, 0.9, 0.5, 0.1 and 0.01 using
EMMS model. For Huilin-Gidaspow drag model, the values of specularity coefficient
from 0.9 to 0.1 resulted in a negligible impact on the differential pressure, yet
specularity coefficient below 0.05 resulted in a slight but distinguishable impact.
Compared with Huilin-Gidaspow drag model, simulations employing EMMS model has
less sensitivity with specularity coefficient. This is significantly different from CFB. Zhou
et al. 18 found that EMMS model is more sensitive to specularity coefficient. That is
because CTFB has the characteristics of high solid holdup, and gas—solid interaction
is much larger than the interaction between particles and wall, so the effect of particle—
wall interaction on the flow behavior was hardly observable. Similar to TFB, CTFB
exhibits a weaker sensitivity to the specularity coefficient compared with restitution
coefficient.
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3.3.2 Restitution coefficient

The particles restitution coefficient (ess) is referred as tunning variable in simulating 3.
Its value ranges between 0 and 1, where ess = 0 shows inelastic inter-particle collisions,
while ess =1 represents a perfectly elastic collision. There is no consensus on choosing
the best value of the restitution coefficient for different operating conditions. In this
section, a special concern is dedicated to the effect of restitution coefficient.

As it can be seen into figure 5(d), particles restitution coefficient (ess) varying from 0.1
to 0.99 based on EMMS model resulted in a slight but more distinguishable impact on
differential pressure distribution than Huilin-Gidaspow drag model. From figure 5(b), it
is observed that decreasing ess resulted in more heterogeneous distributions in the bed
using EMMS model, because more mechanical energy dissipation resulting from
inelastic inter-particle collisions, thus attaching more particles in the bed, which further
results in a more heterogeneous bed. The sensitivity of ess is negligible using Huilin-
Gidaspow drag model. The reason is the drag force was over-predicted, when the
Huilin-Gidaspow drag model was used, and the impact of collision between particles
is inconspicuous.

Restitution coefficient varying from 0.85 to 0.95 entails a noticeable impact in solid
holdup distribution in the top part of the CTFB riser. This numerical result is against
with CFB and TFB in which the bottom part has more sensitivity to particles restitution
coefficient 714,

4. Conclusion
Accurate simulation of gas—solid flow behavior in CTFB risers depends on the proper
description of all possible intra- and interphase interactions. In this work, an EE-TFM
approach coupled KTGF was implemented to study the gas—solid flow hydrodynamic
in the CTFB riser. Different CFD model simulations were conducted while investigating
the sensitivity of CFD model parameters (macroscopic viscosity, drag coefficient,
specularity coefficient and particle—particle restitution coefficient) to accurately predict
the CTFB riser hydrodynamic profile.

1. The consideration about turbulence viscosity of particles by both turbulence model
and KTGF is superfluous. Using k—¢—k,  — ¢, — 6 model which considers
particle turbulent viscosity at both micro and macro scales will be efficient to
improve the simulation.

2. The drag force models show the most substantial influence on the hydrodynamics
behavior of the CTFB. The simulations employing EMMS model are more sensitive
with parameters of KTGF than Huilin-Gidaspow drag model.

3. The simulation of CTFB exhibits significantly different sensitivity to parameters
compared to CFB and TFB. Their distinct characteristics of hydrodynamic should
be predicted by CFD model with different parameters. ess from 0.85 to 0.95 entails
an impact in solid holdup distribution in the upper section of the CTFB riser, while
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in the CFB and TFB the solid holdup on the bottom has more sensitivity to ess than
that on the top. The specularity coefficient (¢) has a minor influence on the overall
flow characteristics.
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Abstract

Catalytic coal hydrogasification is an efficient method for converting coal into
natural gas. However, the deployment of this technology at large scale is
constrained by high cost of pure hydrogen. Utilizing raw gas in place of hydrogen
has the potential to significantly reduce cost. Nonetheless, the presence of
steam and carbon dioxide in raw gas may unfavorably impact on the
hydrogasification reaction, thereby changing carbon conversion and methane
yield. A mathematical model for catalytic coal hydrogasification in a fluidized bed
has been developed, incorporating both pressurized hydrodynamics behaviors
(bubble and bed expansion height) and the kinetic models of catalytic reactions.
This model enables predictions of gas composition distribution along the bed
height. Furthermore, it elucidates the interaction between the reactions. The
effect of carbon dioxide on methane composition and carbon conversion were
discussed. The contribution ratios were analyzed, such as of reaction related to
methane, carbon conversion, carbon dioxide and carbon monoxide. The model
may provide a guideline for the development of coal catalytic hydrogasification.

1. Introduction

With the increased demand of nature gas in China, the technology of coal to nature gas
had aroused more and more attention. The coal hydrogasification was the most promising
technology with high methane yield and thermal efficiency, comparing with catalytic coal
gasification and two-step methods [1].

Suitable reactor and catalyst were very important for coal hydrogasification. Different
reactors had been developed for this process, including fixed bed, fluidized bed and
entrained flow bed. With the high heat transfer rate and easily controlled reaction time in
fluidized bed, it was more suitable reactor for coal hydrogasification. Many catalysts had
been tested in these process, such as single component catalyst: Na>COs;, KoCOs;, Ca
catalyst (Ca(OH);, CaO, Ca(CH3:COOQ),;, CaCQOs;, CaCl,, CaF,) [3, 4]); two-components
catalyst: Ni-Ca, Fe-Ca, Cu-Ca, Co-Ca, Co-K, Co-Mg; three-components catalyst:: Cu-Ni-Ca,
and the dispose catalyst: biomass ash. Table 1 showed the typical catalysts used in coal
hydrogasification. As shown in Table 1, the catalyst of Co-Ca showed the high performance
with carbon conversion and methane component of 91.3% and 78.8%, respectively.

Table 1 The typical catalysts used in coal hydrogasification

Ref. Coal Catalyst T(°C) P (MPa) C (%) CHa4 (%)
Jiang et al.[1] Bituminous coal CaO 800 3 - 16.9-70.3
Yan et al. [2] Fugu bituminous coal Ni-Ca 850 3 80.8 66.8
Yan et al. [2] Fugu bituminous coal Fe-Ca 850 3 61.5 49.3
Yuan et al. [3] Fugu bituminous coal Fe 750 1 48.85 33.15
Yuan et al. [3] Fugu bituminous coal Fe-Ca 750 1 58.47 46.71
Sun et al. [4] De-ash Yili Coal Cu-Ca 850 2 - 20.6-60.6

Qu et al. [5] Fugu bituminous coal Co-Ca 850 3 91.3 78.8

Note: - is not available.

However, the big obstacle to develop the Co-Ca catalyzed coal hydrogasification was the
used pure hydrogen as gasification agent. To reduce the cost and enhance the utilization of
hydrogen, the three-stage fluidized bed was developed, as shown in Fig.1. The fluidized bed
was divided into three sections: catalyzed hydropyrolysis, catalyzed hydrogasification and In-
site hydrogen supply. The coal with Co-Ca was pyrolysized to produce relative light tar and
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methane under H, atmosphere. And then, most coal with Ho-rich agent to produce methane.
The gasification reside could be gasified under H,O and O; in the bottom gasifier to produce
H, and realized the in-site hydrogen supply. During this process, the cost of hydrogen
decreased. The produced Hz-rich gas contained CO and CO,, which may reacted with H> to
produce methane, therefore the hydrogen utilization increased.

Coal with Co-Ca memm——)
I it7 Catalyzed
hydropyrolysis

<—— Catalyzed
hydrogasification

<—— In-site hydrogen
'S supply

Ash
Fig. 1 Three-stages fluidized bed for coal catalyzed hydrogasification

Under the pure Ha, only reaction R1 (C+2H,=CH,4) happened. The supply in-site gas in
three-stages fluidized bed contained CO, H,O and CO., which may change chemical
reaction pathway. However, few works were conducted on this aspect. Feng et al. [6] had
conducted the methane generation under H,/CO, mixed atmosphere. The CO; conversion
and carbon conversion could be about 90% and 72%, respectively. The methane yield under
mixed atmosphere increased to 188% compared with 77.4% at pure hydrogen. Latter, the
methane generation under Hy/H>O mixed atmosphere was also conducted [7]. The Co-Ca
firstly catalyzed C-H»O reaction, and inhibited the C-H- reaction, which made the selectivity
of CH4 decreased and COx increased. However, the suitable CO, addition amount and the
contribution ratio of C-Hz (R1), CO2-Hz (R4) and CO-H; (R5) to methane were still unknown.
These were very difficult to study by experiment.

Some author had used CFD and CPFD to reveal the coal catalyzed hydrogasification
performance. Xia et al. [8] has analyzed the bubble size could be 2-8 mm. The predicted
hydrodynamics behaviors (bubble size and bed expand ratio) by CFD were compared with
empirical correlations to show its correctness. The particle temperature and size were well
simulated at various times. The effect of pressure on particle temperature, methane
composition and carbon conversion were further conducted by Yao et al. [9]. The suitable
pressure was about 3MPa after balanced the reaction intensification and hot spot. Recently,
Gu et al. [10] had analyzed the coal deposition during fluidized bed for coal catalyzed
hydrogasification. The effects of particle size and particle density on hydrodynamics
behaviors were specially considered. The suitable particle size was around 20-80 ym.

However, almost no works were conducted on the interaction among different reactions,
which was much important for methane and carbon conversion. The novelty of this work was
to establish model to reveal the chemical reactions interaction roles in Co-Ca catalyzed coal
hydrogasification process, including reactions related to methane, carbon conversion, CO;
and CO. The proposed model for Co-Ca catalyzed coal hydrogasification in a bubbling
fluidized bed could serve as an invaluable tool for selection suitable agent to produce
methane.

2. Experiment and model

2.1. Experiment

To make the simulation process more clearly, the experimental process of catalyzed coal
hydrogasification process in bubbling fluidized bed gasifier was shown as follows. The coal
with Co-Ca catalyst reacted with gasification agent to produce methane. The pure hydrogen
or mixed with carbon dioxide was well distributed in the fluidized bed. After coal reacted with
hydrogen or carbon dioxide, the methane-rich gas was generated. The tar and water in the
product gas were separated by cold traps using ethylene glycol and ice water, respectively.
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More detailed experimental process for catalyzed coal hydrogasification in bubbling fluidized
bed were shown in the work of Feng et al [6].

2.2.Empirical model

2.2.1 Model assumption

To simply the simulation process, some assumptions were made, which was shown as
follows:

(1) The model was one dimension at steady state.

(2) Based on gas and particle movement and two-phase theory, the gasifier was divided
into two sections: one for bubble zone and the other for freeboard zone. The boundary line
was the bed expansion height. The bubble zone was subdivided into bubble and emulsion.
The plug flow and well mixed flow were assumed in bubble zone and freeboard zone,
respectively.

(3)The particle size was spherical, uniform and constant during catalytic hydrogasification.

(4) The reactions rated were controlled by chemical reaction and mass transfer.
(5) The hydropyrolysis was instantaneously completed.
2.2 2 Hydrodynamic model
The mainly characteristic hydrodynamic behaviors in fluidized bed was minimum
fluidization velocity, bed expansion ratio (Hf/Hmf), bubble diameter (Db), and bubble velocity
(ub), with the expressions were shown in Table 2.
Table 2 The expression of mainly hydrodynamic behaviors

Item Expressions
. s . d U o0, (P, = Py)9
Minimum fluidization velocity ”T“’=[Cf+02 %]—Cl

* 10.738 41.006 _0.376
H, 1+21.365(u0—umf) d," ps

Expansion height Ho o @)% (M P16

Bubble size D,=D,, -~ (D,, —Dm)exp(fogt“)
Bubble velocity u, =U, —U, +0.711(gD,)"’
2.2 3 Chemical reaction model
The used kinetic models of chemical reactions were shown in Table 3.
Table 3. Kinetic models of chemical reactions
Chemical reaction Reactions Rates Expression Ref
dc _
R1 Hydrogasification C+2H,=CH %:O.OOOSSSGXp(%)PHZO‘Sog(l—X) [11]
dx -25182
R2 Carbon dioxide gasification C+C0,=2CO E=6.05X106 exp( g P I-X)" [12]
dXx 5 =)
C+aH:0=(2-0)CO+(a- g = 239X10° exp(=12900/ RT, )P, o /(1+3.16x10
R3 Steam gasification xp(30100/ RT, )P, , +5.3x10” exp(59800/RT, )P, [13]
1) COy+aH exp(30100/RT, )R, ; +5.3 p( 2P,
2 2 +82.5%10° exp(96100/ RT, )P ) p,Fs / Mgar(1- X)
R4 | hif PP
nverse water gas shift COytHy= CO+H,O K, —-—coty 20'02656Xp(3956) [12]
reaction " PeoPuo T
R5: Carbon monoxide dCqy, ~ 4.444C.oCyy.
CO+3H2= CH4+H>O == - [14]

methanation dt  (1+1.606Cco)”

dcC
R6: Carbon dioxide methanation ~ CO2+4H,=CH4+2H,0 %: 6KCeo,Ch,

[15]
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3. Results and Discussion
3.1. Model validation

The established model was firstly compared with the gas composition using H> alone or
H2/CO, as gasifying agent. As shown in Fig. 2, the simulated CHs, CO, CO, and carbon
conversion are in good agreement with the experimental values.

80

" CH H) -~
* CH - ad O CH, (H+C0,)

A CO,H,) o ,
& €O, (HH+C0) - %04 0 280min(HCO) “a
- (_'(JIH:: -

CO(H+CO) ra
S i

Predicted value (%)

Predicted value (*o)

30 . 40 0 L] 7 &0 -0 o 0 40 @ &0 T L
Experimental value (%) Experimental value (%5) X, (%)

(@) CHq4 (b) Gas composition (c) Carbon conversion

Fig .2 Comparison of experimental results with model predication
It was clearly shown in Fig.2 (b) that with introducing CO, the simulated CO increased much
from 2.9% to 27.6% and CHa4 decreased from 76.8% to 53.9%, which may because some
CO; conversed into CO and H, partial pressure decreased. As shown in Fig. 2 (c), with
introducing CO, the simulated carbon conversion at reaction time of 120 min quickly
decreased from 91.5% to 73.1%, but not much different at reaction time of 200 min, which
may because at initial stage, the C-H, reaction is largely inhibited by adding CO, with the
reaction time increased, CO,; may reacted with C to produce CO and make the carbon
conversion increased.

3.2 Model predication

The gas composition of Hz, CO, CO; and CH4 changed along with the bed height using H>
alone and H,/CO; as gasifying agent, shown in Fig. 3 (a) and (b), respectively. As shown in
Fig. 3 (a), the simulated methane content increases quickly to 45.5% with the increase of
bed height to 25 cm. And then it slowly increased to 77.3% at bed height of 100 cm.
Hydrogen content continuous decreased to 18.7% mainly due to the consumption of
methane reaction. Few carbon dioxide and carbon monoxide were detected mainly caused
by hydropyrolysis. As shown in Fig. 3 (b), with introducing 10%CO-, the methane increased
rate became slowly, at the same bed height of 25 cm, the simulated methane was only
31.7%. As the bed height increased from 0 to 100 cm, the simulated CO> decreased slowly
from 10% to 7.2%, CO increased from 0 to 27.9%, H. decreased from 90% to 15.1%.

0 0
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" —C0 " —C0
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Fig .3 Gas composition along with bed height
3.3 Reaction analysis

3.3.1 Reaction contributed to methane

There are three reactions contributed to methane: C+2H,=CH,4 (R1), CO2+4H,=CH4+2H,0
(R4) and CO+3H,=CH4+H20 (R5). When using H, as gasifying agent alone, the C-H; was
the only way to produce methane. However, with adding CO,, the methane generated way
may change. Fig.4 (a) showed the contribution ratio of the three reactions. With the
increased carbon dioxide concentration from 10% to 30%, the contribution ratio of R1
decreased from 97% to 62%, the contribution ratio of R4 and R5 increased from 2% to 30%,
and 1% to 8%, respectively. After introducing CO., the reaction rate of C-H, decreases,
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mainly due to the decrease in hydrogen partial pressure. The main source of CH4 came from
the C-Hz reaction, and the proportion decreased, resulting in a decrease in the total CH,
content.

0

1001 (R R
B C-cO, (RY) I C-CO, (R2)
L Bl CH O RS 604 I CHOo RY

1096

0% 1096

0%

(a) contributed to methane (b) contributed to carbon conversion
Fig .4 Effect of carbon dioxide on reactions
3.3.2 Reaction contributed to carbon conversion

There are three reactions contributed to carbon conversion: C+2H,=CH, (R1), C+C0,=2CO
(R2) and C+aH»0=(2-a)CO+(a-1)CO2+aH, (R3). When using H; as gasifying agent alone,
the carbon conversion came from C-H, (R1). However, with adding CO;, the carbon dioxide
and steam may react with carbon and made carbon conversion increased. Fig. 4(b) showed
the contribution ratio of the three reactions. With the increased carbon dioxide concentration
from 10% to 30%, the contribution ratio of R1 decreased from 74% to 58%, the contribution
ratio of R2 and R3 increased from 25% to 33%, and 1% to 9%, respectively. These meant
with introducing CO2, some carbon reacted with CO;, but most of carbon reacted with
hydrogen.

3.3.3 Reactions related to CO-

There are three reactions consumed CO,: C+CO0,=2CO (R2), CO2+4H,=CH4+2H,0 (R4),
and CO,+H,=CO+H»0 (R6). One reaction generated CO,: C+aH,0=(2-a)CO+(a-1)CO2+aH>
(R3). Fig .5 showed the contribution ratio of the four reactions. With the increased carbon
dioxide concentration from 10% to 30%, the contribution ratio of R2 increased from 29% to
39%, the contribution ratio of R4, R6 and R3 decreased from 13% to 9%, 54% to 50%, and
3.25% to 1.5% respectively. With the increase of CO, concentration, the reaction rate of R2
(C-COy) increases, rapidly consuming CO,, while R6 (shift reaction) has little change, the
proportion of R4 (CO2+4H>) and R3 (C-H20) decreases.

“Tlc<o. > Bl coT. () I C1.0 (75) X
y | B CO.+H (Re)

I CoH, Rl 000, (RY)

604 C-H.O (R3) il CO,+H, (R6)

109 3s 10%

(a) related to COz (b) related to CO
Fig .5 Effect of carbon dioxide on reactions

3.3.4 Reactions related to CO

There are three reactions generated CO: C+C0,=2CO (R2), C+aH.0=(2-a)CO+(o-
1)CO2taH2 (R3) and CO;+H,=CO+H,O (R6). One reaction consumed CO:
CO+3H2=CH4+H>0 (R5). Fig.5 (b) showed the contribution ratio of the four reactions. With
the increased carbon dioxide concentration from 10% to 30%, the contribution ratio of R2,
R3 and R5 increased from 40.4% to 56%, 0.67% to 1.2% and 1% to 1.88%, respectively.
The contribution ratio of R6 decreased from 57.9% to 40.6%.

With the increase of CO, concentration, the proportion of R5 (CO-H,) slightly increased,
consuming less CO. The reaction rate of R2 (C-CO,) increased, producing a large amount of
CO, while R6 (shift reaction) decreased much and R3 (C-Hz0) slightly increased.
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4. Conclusion

A one dimension steady state model was established to simulate the coal catalytic
hydrogasification. The simulated CH4, CO, CO; and carbon conversion are in good
agreement with the experimental values. With introducing 10% CO3, the methane increased
rate became slowly, at the same bed height of 25 cm, the simulated methane was only
31.7%. At carbon dioxide concentration of 30%, the contribution ratios of reactions to
methane were 62% (C-Hz, R1), 30% (CO2-Hz, R4) and 8% (CO-Hz, R4). The contribution
ratios of reactions to carbon conversion were 58% (C-H, R1), 33% (C-CO2, R2) and 9% (C-
H.O, R3). Carbon dioxide was mainly consumed by reverse waster gas shift reaction (R4).
Carbon monoxide was mainly generated from reverse waster gas shift reaction (R4) and
Carbon dioxide gasification (R2).
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Abstract

Methanol to olefins (MTO) technology using partial regeneration has a strict
requirement on the coke content of regenerated catalysts. This study simulated
the flow and reaction in an industrial-scale MTO turbulent fluidized bed
regenerator based on the multi-phase particle in cell (MP-PIC) method. To
ensure the accuracy of the simulation, the simulation parameters were derived
from industrial conditions and measurements of industrial catalysts. Meanwhile,
key internals in the regenerator were preserved as much as possible. The
simulation results show that the apparent bed density, temperature, and flue gas
composition obtained from the simulation are in good agreement with industrial
data. Additionally, the average coke content of regenerated catalysts is basically
consistent with the actual measurement results. There is a significant distribution
of the coke content of regenerated catalysts, with approximately one-third of
catalysts falling within the target coke content range. This coke content
distribution is closely related to the residence time of catalysts, with an ideal
residence time ranging from 883 s to 2660 s. By Optimizing the residence time
distribution (RTD), it is possible to achieve an optimal coke content distribution.
This study successfully provides valuable experience and simulation ideas for
the design and optimization of industrial MTO regenerators.

1. Introduction

MTO technology developed in recent years has provided an interesting and promising way
to produce light olefins. MTO regenerator generally adopts a fluidized bed process. Due to
the presence of an induction period for methanol conversion on molecular sieve
catalysts(Yuan et al.,, 2019), MTO regeneration process typically employs partial
burning(Tian et al., 2015). Regenerated catalysts with excessively low or high coke content
are unable to exhibit optimal catalytic performance upon being returned to the reactor.
Therefore, further studies on the regeneration process are crucial for accurately controlling
the degree of coke burning and optimizing reactor performance.

Computational particle fluid dynamics (CPFD) is a numerical simulation method proposed by
Snider (2007), which is based on the Euler-Lagrange method and utilizes the MP-PIC
model(Andrews and O’rourke, 1996) to handle the particle phase. This method offers
significant advantages when simulating industrial fluidization systems involving billions of
particles. Many authors(Berrouk et al., 2017; Singh and Gbordzoe, 2017; Yang et al., 20213;
Yang et al., 2021b) have utilized the MP-PIC model to conduct numerical simulations on the
gas-solid hydrodynamic and reaction kinetic characteristics in industrial fluid catalytic
cracking (FCC) regenerators and these studies have analyzed the regeneration performance
of the regenerators, providing empirical guidance for the optimization of FCC regenerators.

This study aims to simulate an industrial MTO regenerator using the commercial software
Barracuda 21.0.1 based on the MP-PIC model, focusing on the coke content characteristics
of regenerated catalysts and the relationship between the coke content and the residence
time, to provide suitable simulation ideas and experience for the design and optimization of
MTO regenerators in the future.

2. Model and simulation setup
2.1 Governing equations and reaction kinetics model
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The governing equations used for the implementation of the MP-PIC model are given by
Andrews and O’rourke (1996) and Snider (2001). This study adopts the EMMS drag model
for turbulent conditions and detailed equations can refer to Yang et al. (2021b). In addition,
the kinetic model proposed by Arbel et al. (1995) is adopted as the coke burning kinetic
model for MTO in this study. The subsequent simulation results prove the feasibility of this
drag model and this coke burning kinetic model.

2.2 Geometry model, meshing and boundary conditions

Four groups of iwo-siage

cyclone separators
Six heat pipes

] :
BH LN balance tubes ‘Two outlets of the catalysts
for heat extraction
Two cooled catalyst

distributors

Stripper

L Spent catalyst distributor
Position of the gas distributor

Guide cone

(a) Geometric model (b) Mesh  (c) Boundary conditions
Fig. 1. Geometric model, mesh and boundary conditions of the MTO regenerator

The geometric model of the regenerator is shown in Fig. 1(a). To align as closely as possible
with the industrial condition, the proportional modeling is carried out based on an industrial-
scale regenerator. Four groups of two-stage cyclone separators, two cooled catalyst
distributors, a spent catalyst distributor, a stripper, six heat pipes, three flue gas balance
tubes and double-layer mesh grids were retained in the regenerator. Fig. 2 depicts the axial
distribution of the average solid holdup under two different cell numbers: 340992 and
484056. From Fig. 2, in the range of 10 m above the gas distributor, the axial distribution of
the average solid holdup is virtually identical for both grid counts. Furthermore, the solid
holdup in the dense phase zone falls in the acceptable range of industrial data fluctuations.
Considering both simulation accuracy and time consumption, a cell count of 340,992 is
adopted for subsequent simulation. Additionally, Fig. 1(b) shows the middle section mesh of
the regenerator.
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Fig. 2. Comparison of the axial distribution of Fig. 3. Cumulative size distribution
average solid holdup under two different cell numbers of the MTO particles

The particle densities of regenerated catalysts and spent catalysts used in the simulation are
1258 kg/m® and 1208 kg/m3, respectively, and the average coke contents are 2.55 wt%
(composed of 2.48 wt% carbon and 0.07 wt% hydrogen) and 8.27 wt% (composed of 7.77
wt% carbon and 0.5 wt% hydrogen), respectively. The two catalysts have the same particle
size distribution, as shown in Fig. 3. Fig. 1(c) shows boundary conditions of the regenerator.
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The air consisting of 21 mol% O, and 79 mol% N is injected into the regenerator from the
main air inlet at the bottom, with an inlet mass flow rate of 49.13 t/h and an air temperature
of 418 K. The spent catalysts with a mass flow rate of 80.64 t/h are injected into the
regenerator from the spent catalyst distributor under the action of lifting gas with a mass flow
rate of 3.63 t/h. Both the spent catalysts and the lifting gas have a temperature of 749 K.
Catalysts exit from two outlets of catalysts for heat extraction with a total mass flow rate of
300 t/h and is returned to the regenerator from two cold catalyst distributors under the action
of lifting gas with a total mass flow rate of 5.54 t/h at a temperature of 720 K. Additionally,
three flue gas balancing inlets are set as flow BCs, through which the fluidizing gas flows at
a total mass flow rate of 2.35 t/h. Both the fluidizing gas and the lifting gas used in the
simulation are N.. The double-layer mesh grids in the regenerator and the underlying gas
distributor are set by the virtual baffles in the Barracuda, and other numerical parameters are
shown in Table 1.

Table 1. Numerical parameters in the simulation

ltems Value
Close pack volume fraction 0.56
Total number of particle clouds 1.7233x10°
Initial pressure (Pa) 181325

Initial temperature (K) 933
Initial catalyst inventory (t) 68

Initial time step (s) 0.008

Start time for averaging (s) 3500

Simulation time (s) 4500

3. Results and discussion
3.1 Model validation

Table 2 exhibits a comparison between simulation results and industrial data. The industrial
data were obtained from the real-time monitoring of the distributed control system during the
normal operation of the MTO regenerator, encompassing apparent bed densities,
temperatures at various locations above the gas distributor, and flue gas composition at the
primary-stage cyclone entrances. It is evident that the average apparent bed densities in
both the dense phase zone and the freeboard area fall in the industrial fluctuation range. The
simulated average temperatures at the four locations in the regenerator and the average
proportions of flue gas components at the four primary-stage cyclone entrances align closely
with the industrial data, exhibiting minimal relative errors. The above comparisons indicate
the accuracy of the MP-PIC model in simulating the gas-solids reactive flow system in this
study.

Table 2. Comparison between the simulated results and industrial data

ltems Simulated Industrial Relative
results data error (%)

Average apparent E)gjrgse)nsny in the dense bed 365 350~389 _
Average a;};r):ézg;t;;c(ikzcla:;;ty in the upper 6.9 23.95 _

Average temperature at a height of 1.3 m (K) 939 943 0.5

Average temperature at a height of 4.8 m (K) 930 933 0.3
Average temperature at a height of 13 m (K) 929 920 1

Average temperature at a height of 20 m (K) 928 908 2.2

Average mass proportion of CO in the flue gas (%) 8.73 8.70 0.3

Average mass proportion of COz: in the flue gas (%) 11.10 11.40 2.6

Average mass proportion of H20 in the flue gas (%) 4.70 4.30 9.3
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Average mass proportion of Oz in the flue gas (%) 0 0 0

3.2 Axial distribution of solid holdup

Fig. 4 displays the contour of average solid holdup on the central axial plane of the
regenerator. It can be observed that air cushions with lower solid holdup appear in the zones
below each mesh grid. These air cushions are similar to the effects produced by other
horizontal grids(Yang et al., 2021b; Yang et al., 2019), so they can suppress the solid
exchange between the upper and lower zones separated by mesh grids, thereby reducing
axial solid backmixing. These air cushions correspond to the steep decreases in solid holdup
seen in Fig. 2. Additionally, Fig. 2 also shows a steep decrease in solid holdup at a height of
approximately 4.2 m. This is attributed to the presence of two cooled catalyst distributors that
occupy a portion of the gas flow space, resulting in a notable increase in the local gas
velocity in that height zone and this leads to the steep decrease in solid holdup. Overall, the
axial distribution of the average solid holdup is consistent with the typical distribution pattern
of a turbulent fluidized bed(Venderbosch, 1998).
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Fig. 4. Axial contour of average solid holdup (8p) in the regenerator
3.3 Coke content of regenerated catalysts
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Fig. 5. Changes of the average coke content of regenerated catalysts

Fig. 5 shows changes of the average coke content of regenerated catalysts with time. When
including initial bed particles, the average coke content of regenerated catalysts remains
between 2.39 wt% and 2.55 wt% over 4500 s. However, in the absence of initial bed
particles, the average coke content of regenerated catalysts gradually decreases from 8.27
wt% to 3.1 wt%, with a decreasing rate of decline. The nominal mean residence time of
particles in the regenerator is 3035 s. As is well known, the flow pattern of solids in a dense
fluidized bed approaches that of a typical Continuous Stirred Tank Reactor model(Yang et
al., 2021a). There is a long tail in the RTD of catalysts, indicating that it would take a
considerable time for initial bed particles in the regenerator to be replaced. By 4500 s, there
are 22 % of initial bed particles remaining in the regenerator, indicating that the regenerator
has not reached a true equilibrium operating state, but the difference between the two
curves is only approximately 0.6wt%. Therefore, it can be reasonably predicted that the
simulation results at 4500 s are very close to the results under the real equilibrium operation
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state, and the simulation to this state requires a lot of computing resources. Considering
comprehensively, simulating to 4500 s can basically ensure accuracy and economy.

Fig. 6 illustrates the coke content distribution of regenerated catalysts excluding initial bed
particles at six distinct moments. Notably, there exists a significant coke content distribution
in regenerated catalysts at each time point. From 50 s to 4500 s, the peak of the coke
content distribution gradually shifts from high to low, and it becomes basically stable after
3500 s. According to studies of Liu (2015), when the coke content of regenerated catalysts is
kept between 1 wt% and 4 wt%, the catalyst activity and selectivity to light olefins of
catalysts can be well maintained. It can be seen from Fig. 6(f) that the mass ratio of
regenerated catalysts with coke content in the range of 1 ~ 4wt% in the MTO regenerator is
36.9 % at 4500 s. This mass ratio can be used as an evaluation index to simulate the
optimization effect of the regenerator in the future.
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Fig. 6. Coke content distributions of regenerated catalysts at different time: (a) 50 s, (b) 500 s, (c)
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3.4 Effect of residence time on the coke content of regenerated catalysts
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Average coke content (wt%)
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Fig. 7. Relationship between the average coke content of regenerated catalysts and the
corresponding residence time

The residence time of catalysts in the regenerator has a significant effect on the coke
content of regenerated catalysts. To investigate the relationship between the two, sampling
and statistical analysis were conducted on regenerated catalysts (excluding initial bed
particles) discharged from the regenerated catalyst outlet between 7490 s and 7500 s. Fig. 7
shows the relationship between the average coke content of regenerated catalysts and their
corresponding residence time. As the residence time of regenerated catalysts increases, the
corresponding average coke content gradually decreases, and the burning rate gradually
decreases with the reduction of coke content. When the coke content of regenerated
catalysts is between 1wt% and 4wt%, the residence time of the catalyst in the regenerator is
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between 883s and 2660s. When the residence time is less than 883 s and more than 2660 s,
the coke deposited on the catalyst shows insufficient combustion and excessive combustion,
respectively. Therefore, measures should be taken to make the residence time of the
catalyst as long as possible between 883 and 2660 s, which is conducive to maintaining the
coke content of regenerated catalysts in a suitable state, thus helping the MTO reaction to
proceed better.

4. Conclusion

Based on the MP-PIC method and coke burning kinetics model, the gas-solid flow-reaction
coupling in an industrial MTO regenerator was successfully simulated, and the simulation
results are in good agreement with the industrial data. This study established a simulation
foundation for the optimization research of MTO industrial regenerators. There is a
significant coke content distribution in MTO regenerated catalysts. About one-third of the
coke content of regenerated catalysts is within the target range, and there is a considerable
proportion of components with too low (<1wt%) and too high (>4wt%) coke content. This
distribution is closely related to the RTD of regenerated catalysts. The coke content of
regenerated catalysts gradually decreases with the increase of the RTD. By optimizing the
RTD, especially increasing the proportion of catalysts with residence time between 883 s
and 2660 s, it is expected to achieve the optimal regulation of the coke content distribution.
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Abstract

This paper explores hydrodynamic interaction characteristics between
nanoparticle agglomerates in fluidization beds. A realistic heterogeneous
permeability model for nanoparticle fluidized agglomerates (NFAs) is used by the
multi-scale complex structure within NFAs and fractal theory. As for two typical
shielded cases of NFAs, the hydrodynamic information is obtained and
investigated preliminarily. The effects of permeability, Reynolds number, and
separation distance on the shielding effects of NFAs are discussed. A
quantitative comparison of the deviation from solid spheres is also given. The
results of this study can better establish the basic hydrodynamic system of multi-
scale NFAs and provide theoretical guidance for the operating parameters of
nanoparticle fluidized beds.

1. Introduction

Nanoparticle fluidization bed technology plays a crucial role in many industrial processes,
including the chemical engineering, pharmaceutical engineering, and materials engineering.
However, nanoparticles frequently form agglomerates during the fluidization due to the
strong cohesive forces between nanoparticles (Chaouki et al., 1985). Experimental studies
have long observed that nanoparticle fluidized agglomerates (NFAs) exhibit multi-scale
heterogeneous structures, and their hydrodynamic characteristics of NFAs are distinct from
those of impermeable or homogeneous porous materials (Johnson et al., 1996; Masliyah &
Polikar, 1980; Matsumoto & Suganuma, 1977; Wang et al., 2021; Wang et al., 2002). In
practice, NFAs are rather small and friable and the fluidization conditions are complex. This
makes it difficult to experimentally obtain hydrodynamic characteristics of the NFAs and their
smaller scales. Numerical simulation offers the possibility to solve this problem with the
development of computational techniques. The hydrodynamic characteristics of NFAs have
been the focus of extensive numerical studies, often treating NFAs as permeable or solid
spheres to understand the hydrodynamic characteristics. Vanni believes that NFAs can be
modeled as a homogeneous sphere with constant porosity equal to the surface value, which
works well for fractal dimensions greater than 2 (Vanni, 2000). However, Woodfield and
Bickert found that the hydrodynamics of heterogeneous NFAs can be lower than the
hydrodynamics of homogeneous NFAs in creeping flows (Woodfield & Bickert, 2001). This
highlights the importance of considering heterogeneous permeability to accurately predict
hydrodynamics characteristics of NFAs. To accurately describe the heterogeneous
structures of NFAs, stepwise-varying permeability model with several concentric shells of
different permeability values is proposed in initial studies (Ooms et al., 1970). But this model
may introduce systematic errors since it is not continuously varying along the radial direction.
NFAs often form through the particle-cluster regime, which results in NFAs with well-defined
centers and radially varying porosity and permeability. Then a more realistic approach
involves radially varying permeability models, which allow for a continuous change in
permeability with radial distance from the center of NFAs. Vanni adopted this radially varying
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permeability model to simulate the creeping flows past agglomerates and revealing that
permeability increases quadratically with the radial distance from the center (Vanni, 2000).
Previous studies that have used this model have all generally addressed only low Reynolds
number (Re) or creeping flows. In actual industrial, intermediate Reynolds number scales
are inevitable. Once intermediate Re are reached, inertial forces and viscous forces
significantly influence flow characteristics. Therefore, it is necessary to conduct more
detailed studies in this Re range. In addition, a large number of dense phase regions often
exist inside the fluidized bed equipment. This means that hydrodynamic interactions
between NFAs are unable to be ignored. The interactions between NFAs tend to cause the
drag force on the each NFA is attenuated, which is called shielding effect (Debye & Bueche,
1948). To the best of our knowledge, shielding effects between NFAs over a wide range of
Re have not been studied with radial varying permeability models. Considering this, the
radial varying permeability model is adopted to study the hydrodynamic interactions between
NFAs. This study contributes to a better understanding of the hydrodynamic behaviors of
NFAs at the agglomerate scale and provides theoretical guidance for the optimization of
fluidized bed equipment parameters.

2. Methods
2.1 Radially varying permeability model

Recently, it is reported that some NFAs formed by particle-cluster regime follow fractal-like
properties (Sorensen, 2001). Based on fractal theory, NFAs should have a well-defined
center with radially varying porosity and permeability. To more accurately model the
hydrodynamic characteristics of heterogeneous NFAs, a model using a power-law
relationship between radial position and permeability is proposed.

According to the fractal theory and the relationship between the mass of a NFA and
nanoparticles, the average solid volume fraction porosity &, can be derived as

Mypa = VNpaPNFa = NprPp (1)
Ny =k (dg“*)Df @)
p
_ - TNFA Pr=s
SNFA:1—¢NFA:1—<rp> (3)

Where m is the mass, V is the volume, p is the density, N is the total particle number, Dy is
the fractal dimension of NFAs, ¢yr4 is the average solid volume fraction porosity inside the
NFAs, and k is the prefactor. The subscript NFA and p indicate the properties of NFAs and
nanoparticles inside the NFAs. Assuming that the volumes of the spherical regions of radius
r and (r + Ar) within a NFA are V, and V,,,,, respectively. Meanwhile, the respective
average porosity &. and &,,,,- can be calculated from Eq.(3). Thus, the average porosity of
the spherical-shell element with thickness Ar is as follows:

<ETr+A1’Vr+Ar - <ETrVr

car Vevar =W (4)

When Ar — 0, &, is the average porosity of the spherical shell with infinitely small thickness,

which can be considered as the local porosity at the radius r. Then the local porosity ¢, at
the radial distance r within the NFA is as follows:

0.26, r<r,

& =931 _ &(L)Df—3 5)
31

Considering the fact that the porosity of tightly packed monosized spheres is not lower than

0.26 (Vanni, 2000), r; is the critical radius when ¢, is 0.26.

The local permeability at the radial distance of ris obtained by the Carman-Kozeny model by:

, T>T,
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K= (6)
180(1 — &,.)?

Previous study (Wang et al., 2021; Wang et al., 2002) showed that the structures of NFAs
are built up by multi scales. It is reported that the permeability should be estimated using the
size of simple agglomerates (d,) rather than nanoparticle sizes (Zhu et al., 2005). Based on
the previous study (Liu & Wang, 2021), the values of d, and d,, are set to be 25 nm and 7.6
um respectively. According to this radially varying permeability model, the local permeability

increases continuously along the radial direction.

2.2 Governing equations

The flow outside NFAs is described by the mass conservation equations and Navier-Stokes
equation for the steady-state and incompressible flow as follows:

V-U=0 (7)
p(U-V)U + VP = uv?Uu (8)
The internal flow of the NFAs is modeled by the Brinkman’s extension of Darcy’s law by:
- (K 2
VP = (K)U-+#v U (9)
2.3 Boundary conditions

The boundary conditions at the outer boundary and the interface between inner region and
outer region of the NFAs are given by:

U=U,;P=P, (10)

Ulfluid = Ulporous; VUlfluid = VUlporous; Tlfluid= Tlporous (11)
where U is the velocity; P is the pressure; r is the shear stress; U, and P, are the velocity
and pressure of the free stream. The equations are discretized using the second-order
upwind scheme and the pressure is solved by the SIMPLE algorithm. The convergence is
assumed to be achieved when the residuals decreased to < 1076 for all equations.

2.4 Shielding effect
The force acting on the NFAs is obtained by using stress integral method in the spherical

coordinate system:
2T (T d 2
F; = f f (—P| dyra COS 9) X ( NFA) sin 8 d6d¢
o Jo =T 2

+f2“f“ [ d (U9>+16Ur]

o Jo r"or 7 r 00
dyra)”

X > sin 0 d8d¢

r =

_ dyracos 9) (12)
2

Then the degree of shielding effects can be quantified by a coefficient A, which derived by:

)
A=1-—4

(13)

Fd,iso
where the subscripts i is the i-th NFA in the free stream direction for the NFAs aligned
streamwise, and the subscripts iso is the single isolated NFA. Therefore, according to the
above definition, the shielding effect represents the deviation of pressure drop and velocity
gradient between shielded NFAs and the single isolated NFA. To study the shielding effects
of NFAs, pressure and velocity profiles and A of the shielded NFAs are mainly given and
analyzed here.
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2.5 Computation domain

Fig. 1 gives two typical shielded cases for NFAs for this study: a NFA sandwiched between
two NFAs in front and behind (case 1), and a NFA shielded by two NFAs upstream (case 2).
A typical procedure is to model NFAs as spherically symmetric entities consisting of
spherical particles (Vainshtein & Shapiro, 2005), and all spherical NFAs in this study have
the same diameter. In this study, for two typical cases, the separation distance of two
adjacent NFAs is normalized by L* = L/dyp,-
Trailing
)3 Agglomerate

(Case 2)

g Middle
Agglomerate
) (Case 1)

Leading
) Agglomerate

W

SR

Fig. 1. Schematic diagram for computational domain.
3. Results
3.1 Flow field and pressure field
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Fig. 2. Streamlines and pressure coefficients of the NFAs and single isolated NFA at Df = 2.2~2.8
when Re =40 and L* = 3.

Fig. 2 shows the hydrodynamic behaviors of the NFAs in two shielded cases and the single
isolated NFA at Dr = 2.2~2.8 when Re = 40 and L™ = 3. The local velocity is normalized by
the free stream velocity. The pressure coefficient C, is defined as the ratio of the local
pressure to the free-stream dynamic pressure (Rimon & Cheng, 1969). For Dr = 2.2, the
streamlines are straight and the fluid velocities are almost equal to U., indicating a "no-NFA"
condition, similar to "no-spheres" for homogeneous permeable spheres (Wu et al., 2004).
The pressure field of the NFA in two cases is mostly unchanged compared to the single
isolated NFA, indicating the weak shielding effects for two cases. As Dr increases, the fluid
encounters greater resistance entering and penetrating the NFA, resulting in a velocity
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attenuation compared to the single isolated NFA. The velocity attenuation into and through
the NFA is the same in case 1 but larger in case 2, indicating case 2 has a stronger shielding
effect than case 1. As Drincreases to 2.6, the velocity attenuation into and through the NFA
is more significant and the pressure distribution in two cases is more deviated from that in
the single isolated NFA. This indicates the shielding effects in two cases are enhanced as D
increases from 2.2 to 2.6. When Dr increases to 2.8, the velocity attenuation and the
pressure distribution deviation in two cases are similar. This reflects that the shielding effects
for two cases tend to be stable as Drincreases when Dr > 2.6.

ta
L

Z

0.4 0.2 0.0 0.2
G, ()

Fig. 3. Centerline pressure profiles of NFAs at Re = 30~250 when NFAs closed proximity.

Fig. 3 shows that the pressure profile fluctuation on the centerline of the shielded NFA as at
Re = 30~250 when the NFAs are close proximity. The pressure profile fluctuation tends to be
gradually stable with increasing Re. This is exactly due to the swallowing effect (Tsuji et al.,
2003) that occurs as Re increases to 250 when NFAs are close proximity. This greatly
reduces the pressure drop in the whole shielded NFA and its pressure value is close to that
in the rear hemisphere of the leading NFA. Therefore, when the NFAs are close proximity,
the swallowing effect at a higher Re of 250 causes the NFA to be a greater shielding effect.

3.2 Shielding effect coefficient
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Fig. 4. Variation of A with L". Fig. 5. Variation of A with Re.

Fig. 4 shows A of NFAs changes with L" at different Re. It is found that A and L™ are
negatively correlated in two cases. Comparing with A of solid particles from previous studies
(Dodds et al., 2020), A of two cases with considering heterogeneous permeability is larger.
Therefore, studying the hydrodynamic characteristics of NFAs with solid sphere model tends
to bring the errors, and the heterogeneous structures within NFAs should be not ignored. Fig.
5 also shows A of NFAs changes with Re at L" = 2.5. As Re increases, A of two cases follows
an exponential growth pattern.

4. Conclusion

This paper preliminarily investigates the hydrodynamic interaction characteristics between
NFAs. Based on the fractal theory and the multi-scale heterogeneous structures within NFAs,
the radially varying permeability model for a wide range of Re is adopted. Two
representative shielded cases for the NFA are considered, where case 1 and case 2 refers

177



to a NFA sandwiched between two NFAs in front and behind and a NFA shielded by two
NFAs upstream, respectively. Some preliminary conclusions of flow fields, pressure fields,
and shielding effect coefficients for NFAs are given in this study. The results show that the
effect of radially varying permeability of NFAs on shielding effects is significant. The "no-
NFA" condition exhibits at Ds = 2.2. As Dr increases to 2.6, the shielding effects are
enhanced. when Df > 2.6, the shielding effects tend to be stable as Dy increases. At a high
Re of 250, a stronger shielding effect of the shielding NFAs due to the swallowing effect from
the leading NFA. A of two cases are exponentially positively correlated with Re and
negatively correlated with L’. It should be noted that the effect of internal heterogeneous
permeability should be evaluated when studying the hydrodynamic characteristics of NFAs.
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Abstract

Despite many years of research on circulating fluidized bed (CFB) systems, the
flow behavior of single particles and clusters in the riser section is still not fully
understood. A reason for this is the complexity of particle movement at high
velocities, which leads to difficulties for online measurement systems. For model
development and optimization of existing processes, a better understanding of this
topic is of major interest.

In this work, one tomographic and two invasive measurement systems are
compared: a 24-electrode electrical capacitance volume tomography (ECVT)
system, capacitance probes, and a borescopic high-speed camera particle
imaging velocimetry (PIV) system. The experiments focus on fast fluidization in an
8-m high and 10-cm diameter acrylic glass riser in a CFB system with Geldart
Group A particles. The ECVT and capacitance probe measurements mostly
agreed regarding the radial solids volume fraction trends. Variations in gas velocity,
solid circulation rate, and total particle holdup result in different axial and radial
concentrations in the riser. With borescopic PIV, mostly upward movement in the
radial center was detected. Horizontal and vertical particle movement could be
evaluated separately. With all measurement systems, a 2-cm wide core flow was
observed in the fully developed region.

1. Introduction

Understanding particle movement in CFBs is a major research interest for simulation and
design of new industrial facilities. Small improvements in gas-solid contacting result in
tremendous benefits for processes like fluid catalytic cracking (FCC). Most measurement
techniques focus on bubbling fluidized beds but can also be used in other fluidization regimes.
Experimental techniques for non-invasive measurement of bubbles in fluidized beds are PIV
and X-ray fluoroscopy, which work by taking a series of two-dimensional images (McKeen and
Pugsley, 2003; Agu et al., 2019). In both cases, very limited information can be obtained about
the three-dimensional shape of the bubbles. Therefore, information about the fluidization
behavior at the wall zone is the primary outcome of these measurements. In addition, PIV
experiments often use rectangular facilities with very large width to depth ratios to increase
the visibility of the bubbles. This further increases the effect of the wall zone on the results.
More complex methods such as Positron Emission Particle Tracking (PEPT) (Stein et al.,
2000), Magnetic Resonance Imaging (MRI), Radioactive Particle Tracking (RPT) or X-ray
tomography can provide a three-dimensional image of a fluidized bed, but these costly
systems cannot be universally applied to all particle types (Penn et al., 2018). Electrical
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capacitance measurements are used to determine the solid fractions within the fluidized beds.
The working principle of this measurement method is the change in the dielectric constant due
to the change of solid concentration in an electric field between two electrodes, which are
arranged in a circular configuration on the exterior of the fluidized bed. By pairing capacitance
plates that span several axial layers, the spatial resolution can be increased. This method is
known as electrical ECVT, which is used in this work (Warsito et al., 2007).

Most methods were applied for bubbling bed systems with Geldart B particles. For Geldart A
particles, not many works were published due to problems of measuring small particles at
higher gas velocities. This work advances the understanding of particle motion of Geldart A
particles in a CFB riser during fast fluidization. A non-invasive ECVT system is compared to
capacitance probes and a borescopic high-speed camera PIV system. With the benefit of each
measurement system, radial solid concentration profiles as well as time-averaged movement
directions of particles are determined and described.

2. Materials

At Hamburg University of Technology, a cold model CFB facility is operated. For flow
observation, the riser and loop seal are made of acrylic glass (PMMA). The riser is 8-m high
with 10-cm inner diameter. Measurements were conducted for fast fluidization (ugas = 2.3 m/s)
at a height of 7 m (fully developed region, negligible exit effect). Fig. 1. shows an illustration
and pictures of the CFB facility. As bed material, Y-zeolite (Geldart A, dsauter =91 um,
Pparticie = 1.88 g/lcm?, ppuk = 0.87 g/cm?, ums = 0.33 cm/s) was used. To prevent particle loss
from the fines, a filter is installed at the exit of the cyclone.

IECVT ( cyclone -3
PIV A
-+ g
o
._ ©
; 5
2 =
8m

Fig. 1. Cold flow CFB at Hamburg University of Technology.

A

3. Methods
3.1 Electrical Capacitance Volume Tomography

The ECVT system used in this study is the 4R&D Coldflow by Tech4imaging. The sensor has
an inner diameter of 110 mm and is 215 mm high, while the measurement range is
110x224 mm. With a spatial resolution of 20x20x20 voxels for the measurement area, the
resulting voxel size is 5.5x5.5x11 mm. The sensor shown in Fig. 2 consists of 24 electrodes
arranged in 4 layers.
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ECVT is a soft-field technique, which means that the -

: s d=10cm
magnitude, accuracy, and precision of measurements
can vary greatly depending on the exact location within
the sensor region where the measurement is taken.

For example, due to the reduced number of voxels and
increased distance from the electrode plates, the
accuracy and precision of measurements taken at the
radial center of the ECVT sensor is lower than at the
wall zone (Warsito et al., 2007). In our work, the
measurement data are evaluated with a new method |
for detecting size and velocity of phases of interest,
like bubbles, slugs, or particle clusters. The phase |
detection method was developed based on the
successes of studies from recent bubble sizing and
velocity publications while also addressing some of the
shortcomings of their applied methods. Most methods
define limits for the solid volume fraction beneath
which a bubble is defined. The novel 3D fluxion
method detects phases of interest by measuring the
rate of change of the solid volume fraction for every
voxel and frame (Watson et al., 2024). Radially, all voxels with the same distance from the
center are combined at each respective radial position, resulting in 35 data points from the
given 20x20 X-Y coordinate grid. Since 20 voxels are generated in the Z-axis, 20 data points
are used axially. For validation of the radial solid concentration profiles, capacitance probes
were used. The probes were developed and built at Hamburg University of Technology
(Wiesendorf and Werther, 2000). All presented results are time averaged from 120 s long
measurements.

ECVT sensor
=215cm

height

Fig. 2. ECVT sensor on lower part of
CFB riser.

3.2 Borescopic PIV technique

For PIV measurements, a high-speed camera (model
NX4-S2 from Imaging Solutions) was used. The camera
can capture 3,000 frames per second at full resolution of
992x1016 pixels and up to 16,000 frames per second at
reduced resolution. After several iterations, the final
experimental data for ug = 2.3 m/s was acquired at 12,000
frames per second, with 160x168 pixels per picture. The
whole PIV setup can be seen in Fig. 3. Mounted in the
camera is a borescope (length=0.6m, d=10 mm,
diens = 9 mm), which can be positioned in different radial
positions in the CFB riser. In addition to the borescope’s
internal xenon light, LED strips on a wedge-shaped holder
were mounted on the top of borescope lens to improve
lighting in the riser. The wedge shape was used to
minimize the impact on the particle flow. Measurements
at center position at different depths (in cm): O (center), 1,
2, 3,4, and 4.7 (wall). At each position, 20 videos with 200
frames were captured and evaluated. Image processing
was done in the MATLAB-based application PIVLab Fig. 3. PIV setup connected to CFB
(Thielicke and Stamhuis, 2014). riser.

LED strips on
borescope lens,
(in riser)
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4. Results
4.1 Solid volume fractions via capacitance measurement

ECVT measurements were done for different riser velocities from ugss = 2.3 - 4.5 m/s. Fig. 4
shows a comparison of radial solid volume fraction profiles measured with ECVT and four
capacitance probes at ugss = 2.3 m/s. In comparison, the solid concentrations (volume
fractions) from ECVT were significantly higher than the ones obtained from capacitance
probes. The reason for this might be that the signal from such low solid concentrations is not
strong enough to be detected by the ECVT sensor. Itis also likely that the image reconstruction
parameters are not optimized yet for solid concentrations this low. Analysis of low gradients
of the trends between 0 and 1 cm determined that the core region of steady-state flow at the
fully developed region of the riser is about 1 cm in the radial direction. This indicates a large
influence of wall effects on particles up to 4 cm into the riser.
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Fig. 4. Comparison of ECVT and capacitance probes.

ECVT measurements also showed that increasing solid holdup in the whole system from 15 kg
to 20 kg led to an increase of solid volume fraction at 7 m height from 0.001 to 0.02 at the
center and up to 0.6 at the wall. Increasing the solid circulation rate by increasing loop seal
velocity while keeping the riser gas velocity constant also led to higher solid concentrations in
the riser top. Higher gas velocities in the riser led to higher solid fractions near the wall and
lower solid fractions in the core region. This is attributed to higher entrainment rates in the
center and more wall friction at higher gas velocities. Thus, this proves that ECVT can be used
for fast fluidization measurements of Geldart A particles. However, unlike bubbles in a
bubbling fluidized bed, single clusters in a CFB cannot be tracked with the 3D fluxion phase
detection method. The reason for this is likely the high volatility and complexity of particle
clusters and the limited time resolution of ECVT.

4 .2 Particle directional tendencies via PIV

Due to the small particle size and the requirement for good lighting at high gas velocities, the
tracking of single particles with the borescopic high-speed camera was difficult. With the used
equipment, only images sharp enough for evaluation at ugss = 2.3 m/s could be obtained.
Improved lighting and a high-speed camera capable of capturing more frames per second
should enable measuring the motion of single particles at higher gas velocities. Since only
particle movement parallel to the borescope lens can be captured, particle movement to and
from the lens cannot be captured. Furthermore, despite having a manual focus to a 3 mm
distance from the lens, particle movement in the background was still observable. This led to
underestimations of particle velocity by a factor of > 50. Despite this limitation, the relative
directional tendencies of the particle trajectories can be compared to each other. Fig. 5 shows
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particle trajectory directions at different radial positions. Very little to no horizontal movement
was observed in the central regions of the riser (0 cm). This changes significantly with
decreasing distance from the riser wall. In this region the horizontal motion intensifies and
transitions to a more chaotic state due to wall friction.
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Fig. 5. D|rect|onal tendencies of partlcles measured with PIV.
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In the next step, the movement vectors were separated into their sidewards and upwards
components to distinguish between horizontal and vertical translation. For horizontal particle
velocities, absolute values are used. For vertical particle velocities, the upward and downward
flow is evaluated. Fig. 6 shows the resulting particle velocities over radial position. Here, the
underestimation of particle velocity can be clearly seen. The velocities of the particles in the
vertical direction are generally known to far exceed those in the horizontal direction, which
could not be observed with the setup. A reason for this might be that particles with lower
velocities are more visible and better distinguishable in the frame-by-frame analysis. Thus, for
lower particle velocities, a more reliable velocimetry could be done.
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Fig. 6. Separate horizontal and vertical particle velocities measured with PIV.

Both the horizontal and vertical particle velocities show higher deviations closer to the wall.
This indicates a less uniform particle flow in all directions, which comes from wall friction. The
horizonal particle velocity (left and right movement from lens) is close to zero at the center and
increases closer to the wall, which corresponds to the observations in Fig. 5. The measured
trend for the vertical particle velocities is not that clear. Generally, in CFB risers, the vertical
particle velocity is highest in the center. At the wall, the velocity is much lower and perhaps
even negative, which was confirmed by visual observations. This effect can be seen in Fig. 6.
Due to lower particle velocities closer to the wall, the images were sharper and, thus, a more
reliable velocimetry could probably be measured. Based on the small velocity deviations
(vertically and horizontally) and low horizonal velocities at 0 and 1 cm, the uniform core flow
in the fully developed region occurred in the inner 2 cm of the riser. This confirms the results
obtained with ECVT and capacitance probes.
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5. Conclusion

For the first time, an ECVT system and borescopic high-speed camera particle imaging
velocimetry (PIV) were directly compared for measuring the flow behavior of Geldart A
particles during fast fluidization. Low solid concentrations in the fully developed region, small
particle size, and limited time resolution of the measurement systems led to measurement
inaccuracies. Despite that, the solid concentration profiles and directional tendencies could be
evaluated.

Varying gas velocities in the riser, solid circulation rates, and a total particle mass in the system
lead to different concentration profiles, which could be evaluated with ECVT. With borescopic
PIV, radial profiles of solid movement vectors could be generated. Horizontal and vertical
particle movement could be evaluated individually. With all measurement systems, a 2-cm
wide core flow was observed in the fully developed region. Thus, in a 10-cm riser, the wall
effect influences most of the riser area. The combination of the systems is promising for further
understanding particle flows and clustering in CFBs. Due to the fast generation of results, the
methods can be easily used for the validation of CFD-DEM simulations. For systems with
larger particles and lower gas velocities, much clearer results are expected.
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Abstract

In the particle preparation, likes drying, coating and granulation, the flow
characteristics of wet particles in the fluidized bed are extremely complex due to
the effect of water content. It is essential to investigate the flow characteristics of
wet particles for optimizing process efficiency and ensuring high end-point product
quality. In this research, a high-speed camera was employed to conduct
experimental investigation for wet particles flow within a pseudo two-dimensional
fluidized bed. The flow dynamics of wet particles under different water contents
and different inlet gas velocities were investigated. The particle tracking
velocimetry (PTV) measurements were explored to observe the particle
movement in specific regions, including velocity distribution and particle
concentration. A digital imaging method, i.e. Voronoi method, was utilized to
address particle allocation challenges, providing a foundation for calculating
intricate parameters such as solid-phase flow field, and particle velocities. These
parameters were calculated based on the essential information derived from the
Lagrangian trajectories of particle, which enriched the understanding of complex
interactions in wet particle flow dynamics system.

1. Introduction

As one of the most common production equipment, fluidized bed reactors are widely used in
various industries such as chemistry, energy, food and pharmaceuticals (Azmir et al., 2020;
Zambrano et al., 2020; Alobaid et al., 2022). Moreover, many fluidized bed reactors involve
moisture, resulting in the presence of wet particles, which complicates gas-solid flow dynamics,
such as those used for petro-chemical, granulation, drying and coating processes in
pharmaceutical. There are two types of moisture in wet particles, i.e., bound water within the
particles and free water on the particle surfaces (Mezhericher et al., 2008). When wet particles
collide, the free water on the particle surfaces forms liquid bridges, leading to particle
agglomeration (Tang et al., 2020). This can result in non-uniformity and localized blockages
inside the bed, which affects the uniformity and stability of fluidization, making it challenging
to control. Additionally, the presence of moisture alters the interactions between particles and
gas. Factors such as surface tension and liquid evaporation are affected. These changes
impact the mass and heat transfer between the gas and solid phases and thus influence the
overall performance and efficiency of fluidized beds (Ma et al., 2023). Therefore, investigating
the flow characteristics of wet particles is crucial for ensuring the smooth operation and
maintaining product quality in the process.

Particle tracking velocimetry (PTV) is an image-based measurement technique designed to
accurately measure the velocity and trajectories of moving objects. PTV operates on the
Lagrangian measurement principle, which entails tracking the displacement of each particle
at different moments and calculating particle velocity through displacement analysis (Baek et
al., 1996). PTV technique has been widely used in various fields involving liquid-solid and gas-
solid two-phase flow, such as rollers, dams and fluidized beds. However, it should be noted
that PTV technique is limited to some extent to the situation that it can only be applied to the
reactors with transparent vessel.
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2. Experimental setup
2.1 Experimental test facility

Fig. 1 shows a pseudo two-dimensional fluidized bed experimental test platform, which
includes a fluidized bed, gas supply system and image acquisition system. The fluidized bed
is divided into two sections: an upper cube and a lower conical segment, both constructed
from acrylic plates. The upper cube has a height of 800 mm, while the lower section is
characterized by a conical shape with a height of 200 mm and a bottom angle of inclination
measuring 70°. Overall, the fluidized bed stands at a height of 1000 mm, with a bed thickness
of 30 mm.

Fig. 1. The pseudo 2D fluidized bed experimental test platform. (1) Fluidized bed, (2) Digital camera,
(3) Computer, (4) Rotor flowmeter, (5) Valve, (6) Roots rotors blower.

The gas supply system comprises several components, including a Roots blower, air supply
conduits, rotor flowmeter, and control valves. Inlet air velocity is modulated by varying the
frequency of the blower, while a flowmeter ensures precise measurement of this velocity.
Throughout experiments, a constant frequency is maintained to stabilize the inlet air velocity,
ensuring reliable data acquisition. Once the velocity stabilizes and aligns with the target,
pertinent data is extracted for in-depth analysis.

U

= |
Fig. 2. The central region of the bed.

A high-speed CCD camera (Phantom VEO 710L) is used to capture the trajectory of particles.
The high-speed camera is set in front of the bed. Besides, NANLITE Forza 300 high-frequency
light source lighting system is set at the front of the bed to provide uniform lighting and ensure
the clarity of the image. The primary function of the camera is to observe the central region of
the bed (approximately 50 mm above the bottom), focusing on the process of particle upward
transport induced by ascending bubbles, as shown in Fig. 2. Therefore, the sampling rate is
configured to capture 1000 frames per second, with a resolution of 400 x 600, resulting in
approximately 240,000 pixels in total.

2.2 Experimental conditions and materials

The selected experimental material is sugar, with the particle diameter (d,) ranging between 1
mm and 1.2 mm. The loose bulk density of the particles is 820 kg/m?, belonging to Geldart
class D particles. The total weight of dry solid particles is 0.3 kg. The initial water content of
dry particle is around 1.13 %. Through adding different amounts of water, the particles have
different water content after fully mixing. Moreover, different inlet gas velocities are controlled
by adjusting the frequency of the blower, enabling the exploration of the flow characteristics of
wet particles. Details of the experimental test conditions are given in Table 1.
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Table 1 Test conditions

Dry granule Initial granule Inlet gas
Case No. weight (kg)  water contet (%)  velocity (m/s)
Case 1 0.30 Dry (1.13) 3.5,4.0,45
Case 2 0.30 2.25 3.5,4.0,45
Case 3 0.30 3.3 3.5,4.0,45
Case 4 0.30 4.43 3.5,4.0,45
Case 5 0.30 5.89 3.5,4.0,45
Case 6 0.30 6.54 3.5,4.0,45
Case 7 0.30 7.67 3.5,4.0,4.5

3. Particle tracking velocimetry
3.1 Determination of particle centroids

Fig. 3 (a) shows an image of a single particle with a size of 20 x 20 pixels. Besides, Fig. 3 (b)
shows the target image of the particle group in the bed with a size of 400 x 600 pixels. The
single particle image is used to scan the target image frame by frame, and the correlation
coefficient matching method is used to identify the particles. When the correlation coefficient
exceeds a certain threshold, it can be identified as a particle. Fig.3 (c) demonstrates the
number of particles identified under different correlation coefficients. As the correlation
coefficient increases, the number of particles identified gradually decreases. Particularly, when
the correlation coefficient exceeds 0.6, the number of identified particles decreases sharply,
and the change near this threshold is relatively flat. However, when the correlation coefficient
is lower than 0.6, there will be more overlapping recognition particles. Therefore, in order to
ensure accuracy, the correlation coefficient of 0.6 is selected for subsequent particle
recognition operations. Fig.3 (d) shows the successfully identified particles, which cover
almost all the target articles and meet the requirements of experimental operation.

' |
" 2le s “a,
100 200 300 400

(a) A single particle (b) Target image of the particle group

(c) The number of identified particles (d) lidentified particles
Fig. 3. Detection of particle position.
3.2 PTV based on the Voronoi method

The Voronoi diagram, also known as the Dirichlet diagram, is composed of continuous
polygons formed by perpendicular bisectors connecting adjacent points (Aurenhammer et al.,
2000). According to the identified particle center position as the feature point, the Voronoi
structure diagram is constructed in image |1, as shown in Fig. 4 (a). The Voronoi structure
divides the plane into many polygons based on the feature points, where the distance from
any point within a polygon to the feature point within that region is minimal, which can be
expressed as
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d(x,P) <d(x,P,) x€V; i+k (1)

where P; is any feature point within the plane, and Vi is a Voronoi polygon constructed by the
feature point Pi. P represents any other feature point except Pi. In addition, each feature point
can construct a Voronoi star structure S; with the surrounding feature points, as illustrated in
Fig. 4 (b).

The Voronoi structure has strong stability. When the particles move gradually along their
trajectories, the Voronoi polygon and the Voronoi star structure also change regularly, and the
difference in the continuous image is small. Based on this characteristic, the simulation
reconstruction of particle trajectory can be realized. The Voronoi diagram constructed based
on the particle positions in the next image |, after a time interval At, is depicted in Fig. 4 (c).
Additionally, the star structure S; is the optimal match with S;, as shown in Figure 4 (d).
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(c) Voronoi structure diagram in Iz (at time T+At) and S;

Fig. 4. The Voronoi structure.

The velocity of particles can be determined by analyzing their positions across two consecutive
images captured by the high-speed camera. In this process, the Voronoi star structures of
feature points in the initial frame image are compared with those in the subsequent frame
image. The optimal matching point is identified as the one with the smallest difference in
Voronoi star structures between the two frames, which can be expressed as

match(P;;) = min(difs(S;, S;)) (2)

where dif;(S;S;) is the difference of Voronoi star structures S; and S;, which can be
calculated by

dif, = ”ﬁe:‘?'%n[k?:l}nnkrku —To) = (Mo =T )” (3)
where k; = 0 and k> = 0 are the centers of the stars S; and S,, respectively. Besides, k; =
1--m and k, = 1--n are the extremities of stars S; and S,. |r| = (x>+y?)z is the usual
Euclidean norm. The minimal median corresponds to the best match.

Fig. 5 shows the composition of the Voronoi diagrams of two consecutive images. Red points
are the center positions of particles in the first frame, and blue points indicating the center
positions of particles recognized after a time interval of At. By comparing Voronoi stars through
Voronoi imaging method, the displacement vector of particles can be obtained, as shown in
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Fig. 5 (b). Therefore, this computational method can be effectively utilized for the subsequent
analysis of particle flow characteristics.
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(a) Voronoi diagrams of two consecutive images (b) Displacement vectors

Fig. 5. The Voronoi structure and displacement vectors.

4. Results and discussions
4.1 Minimum fluidization velocity

The minimum fluidization velocity (Unr) is one of the most fundamental parameters describing
the characteristics of gas-solid flow (Zhu et al., 2023). Therefore, Uns of particles with different
water content is first determined by measuring the change of bed pressure drop during the
reduction of inlet gas velocity. Fig.6 illustrates the pressure drop curves of particles with
different water contents, which reflects the change of bed pressure drop with the decrease of
inlet velocity. Uy is defined as the transition velocity from the constant pressure in the well
fluidization stage to the linear decrease of pressure drop in the packed bed stage (Yates, 1996;
Zhu et al., 2023). The initial water content of dry particle is around 1.13 %, and the
corresponding minimum fluidization velocity is 1.41 m/s. And Uy of the wet particles at different
water content levels, i.e., 2.25 %, 3.30 %, 4.43 %, 5.89 %, 6.35 %, 7.67 %, equals to 1.63 m/s,
2.07 m/s, 2.26 m/s, 2.29 m/s, 2.50 m/s and 2.54 m/s, respectively. With the increase of particle
water content, Uy and the constant bed pressure drop are both observed to gradually increase.
This is because the addition of water increases the bed weight and the cohesion between
particles, which makes it more difficult for the particles to be fluidized.
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Fig. 6. The relationship of gas velocity and bed pressure drop.
4.2 Particle trajectories and particle velocities

PTV technique can effectively capture the Lagrangian trajectory of the particles, which is an
important basis for obtaining particle flow characteristics. Fig. 7 (a) shows the particle
trajectories over 20 time steps (At = 0.02s), which has good readability. Besides, the color
coding represents the velocity magnitude of the moving particles. At the top of the image
region, the particles velocities are relatively fast and flow out of the region. Fig. 7 (b) shows
the time-averaged velocities of particles under different particle water content, within 2 s
recording time. The average particle velocity increases with increasing inlet gas velocity.
Moreover, as moisture increases, the particle velocity increases first and then decreases
gradually. When the particle moisture content is high, the weight of wet particles increases,
and the liquid bridge force on the particles surface increases, forming particle agglomeration,
which inhibits the flow of wet particles and reduces the particle velocity.

190



i
| L
{0 /,
s

(a) Particle trajectories over 20 time steps (b) Time-averaged particle velocities

Fig. 7. Particle trajectories and average particle velocities under different moisture.

5. Conclusions

In this research, PTV technique based on Voronoi method was used to realize the identification
and matching of particles. Moreover, the particle flow under different water content and inlet
gas velocities was further explored. Lagrangian trajectories of particles were obtained to
explore the influence of water content on particle flow, such as particle velocity. It was
observed that lower water content levels facilitate particle flow, while higher water content
levels result in a reduction in particle velocity.
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Abstract

C1-carbon fuel is used by the Carbon Capture, Utilization (CCU) technology to
reduce atmospheric CO2 emissions. The objective of this study was to utilize C1-
carbon fuel to produce ethanol, through an indirect ethanol production method.
The indirect ethanol production method is preferred because of its better
conversion efficiency, selectivity, and the higher cost of noble metal catalysts]. In
this approach, zeolite-based catalysts are used in the production of methyl acetate
(MA) from dimethyl ether (DME). This reaction involves rapid deactivation, making
it possible to anticipate long-term operation by employing a circulating fluidized
bed (CFB) reactor to repetitively conduct reactions and regenerate the catalyst.
The catalytic reaction experiment was conducted in a fluidized bed reactor (inner
diameter (1.D.) = 24.3 mm), and the regeneration experiment was conducted in a
fixed bed regime (I.D. = 7 mm) by changing the gas injection direction. This study
focused on the hydrodynamics characteristics of the ferrierite (FER) catalyst in
CFB apparatus with an L-valve (Bubbling fluidized bed: I.D. = 0.08 m, height = 0.6
m; Riser: 1.D. = 9.0 mm, height = 2.6 m). The reaction and regeneration
experiments obtained a deactivation constant of 9.08x10-° 1/s and a regeneration
constant of 0.02 1/s, respectively. Hydrodynamic characteristics (solid circulation
rate and axial solid holdup, etc.) were investigated to optimize the flow rate in the
L-valve and riser using catalyst particles in CFB. Solid particles circulated
smoothly without plugging when the riser maintained a flow rate range of 1.6 - 2.4
m/s and the L-valve operated between 0.39 - 0.66 L/min. The findings from this
fundamental research offer potential applications in operating CFB systems under
high-temperature and high-pressure conditions.

1. Introduction

The utilization of C1-carbon fuel is a technology used by CCU to reduce atmospheric CO>
emissions (Christensen & Bisinella, 2021). The indirect ethanol production method is preferred
because of its better conversion efficiency, selectivity, and it is cost-effective unlike using the
costly noble metal catalysts (Liu et al., 2022). During this process, zeolite-based catalysts are
used to convert dimethyl ether (DME) into methyl acetate (MA), following the mechanism
outlined in equation (1) below

DME carbonylation to MA: CH;0CH; + CO —» CH3COOCH; (1)

To resolve the issue of rapid catalyst deactivation, a circulating fluidized bed (CFB) reactor is
employed, enabling repetitive reaction cycles and catalyst regeneration for sustained
operational performance. CFB is utilized in a variety of industries for both catalytic and
noncatalytic gas-solid reactions (e.g., crude oil cracking and coal combustion) (Jiang et al.,
1991). In CFB, the operational flow rate range is wide, and the gas injection velocity is high,
resulting in a large solid processing capacity. The gas is maintained in a plug flow, minimizing
back mixing. The contact efficiency between gas and solid is high, and the contact is uniform,
resulting in a high reaction conversion rate and heat transfer rate (Lim et al., 2013). The DME
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carbonylation to MA using ferrierite (FER) has an induction period, necessitating operation in
a bubbling fluidized bed (BFB) with a relatively extended residence time (Kim et al., 2022),
while catalyst regeneration, which is relatively fast, is carried out in the riser. The catalyst
particles are moved through an L-valve, which is a type of honmechanical valve (Basu &
Cheng, 2000), using nitrogen.

In this study, fundamental research was conducted to ascertain the optimal operating
conditions of CFB for DME carbonylation to MA. Catalytic reaction and regeneration
experiments were conducted using a bubbling fluidized bed with an inner diameter (I.D.) of
24.3 mm and a fixed bed with an I.D. of 7 mm. Previous reaction experiments were conducted
on catalysts produced by the spray-drying method without a binder (Sung et al, in press). The
experiments were conducted within a temperature range of 210-270 °C, a pressure range of
10 - 60 bar, a space velocity range of 350-1750 L/(kgcat-h), and a CO/DME molar ratio range
of 3 - 70. As temperature, pressure, and CO/DME ratio increased, the DME conversion rate
increased, following the principles of Le Chatelier’s principle. On the contrary, an increase in
space velocity led to a decrease in the DME conversion rate. This is attributed to the reduction
in residence time. For process economics and bubbling fluidized bed regime, 260 °C, 20 bar,
1500 L/(kgcat.-h), and CO/DME molar ratio were set to 20. Regeneration experiments were
conducted in the temperature range of 300 - 500 °C, confirming that the catalyst's activity was
nearly equivalent to that of the raw material at 500 °C

In this study, the investigation was carried out on bentonite spray-dried ferrierite (BT-S-FER)
catalyst particle produced via the spray-drying method while incorporating a binder into the
FER catalyst to mitigate catalyst deactivation effects. The focus of the investigation was to
analyze of the hydrodynamic properties of the FER catalyst in a circulating fluidized bed
system, which comprised a bubbling fluidized bed (0.08 m in I.D. and 0.6 m in height) and a
riser (9.0 mm in I.D. and 2.6 m in height), with the assistance of an L-valve. The investigation
also focused on examining the hydrodynamic properties relevant to optimal operational
conditions, such as solid circulation rate and axial solid holdup. The outcomes of this
fundamental investigation indicated potential utility in employing CFB systems under both high
temperature and high pressure.

2. Experimental
2.1 Experimental apparatus

The study on the characteristics of DME carbonylation to MA reaction on catalyst particles
was conducted in a fluidized bed regime using the reaction gas with a 1-inch (0.0243 m)
reactor and 10 g of catalyst particles. Following the reaction experiments, regeneration studies
were conducted in a fixed bed regime with air at 3/8 inch (0.007 m). Considering the economic
feasibility of the process, both experiments were conducted under pressure at 20 bar, and
operating conditions for temperature, reaction gas composition, and space velocity were set
based on the results of prior experiments.

Fig. 1 shows a schematic diagram of the CFB apparatus used to investigate the solid
circulation characteristics of the catalyst particles and a conceptual diagram of the DME to MA
reaction. The experimental equipment was utilized to simulate the DME carbonylation to MA
system under high temperature and pressure conditions. The right fluidized bed simulates the
DME to MA reaction reactor, and the left riser simulates the regeneration reactor. The L-valve
was used to control catalyst circulation rate and to prevent gas mixing between the two
reactors. In the solid circulation characteristics experiment, air was used for fluidization and
solid circulation. Pressure drop tabs were installed on the riser, BFB, and L-valve to measure
pressure drop.

The operation was conducted at BFB (I.D.= 0.08 m) with a flow rate condition of a bubbling
fluidized bed regime. The gas flow rate at the L-valve (I.D.= 0.009 m) was set to control the
amount of solid being introduced into the riser. In the riser, particles are carried to a fast
fluidization regime at a high gas flow rate, collected by a cyclone, and circulated to the BFB.
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Particles that bypass capture in the cyclone accumulated in the bag filter. The opening area
fraction of the distributor plate used when injecting air into BFB was 0.4.

DME carbonylation to MA reaction
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Fig. 1. (A) Schematic di.égram of the CFB apparatus, (B) Conceptual diagram of DME to MA in the
CFB process

2.2 Catalyst particles

The BT-S-FER catalyst particles that were used in the experiment were manufactured by
spray-drying method using bentonite as a binder and ferrierite at a weight ratio of 3% of the
bentonite. The size distribution of BT-S-FER catalyst particles is shown in Table 1. The mean
diameter of BT-S-FER particles was 151 um. The skeletal density (ps), particle density (pp),
and bulk density (pp) of the particles were 1699.5 kg/m3, 549.9 kg/m?3, and 359.9 kg/m3,
respectively. According to Geldart classification (Geldart, 1973), BT-S-FER particles are
particles of the Geldart A group. The minimum fluidization velocity (uxf) of the catalyst particles
was measured by measuring the pressure drop according to the flow rate and height in a 2
inch acrylic column and was determined to be 0.0054 m/s.

Table 1. Size distribution of BT-S-FER particle

Sieve mesh size, [um] Mass fraction [-]
75-90 0.034
90-106 0.031
106-125 0.066
125-150 0.207
150-200 0.662

3. Results and discussion
3.1. Solid circulation rate

To determine the circulating velocity of catalyst particles in a CFB, experiments were
conducted using the experimental apparatus shown in Fig. 1 (a), where the velocities of the
riser and L-valve were varied. In the BFB, air was injected at a velocity of 3 ug/ums, while the
L-valve was operated within the range of 0.26 - 0.92 L/min. To ensure stable transport of
particles, the riser was operated at 2 - 7 times the terminal velocity (0.8 - 2.8 m/s) for particles
with the largest diameter. Among the operating conditions, only the conditions where particle
circulation progresses in a steady state are presented in Table 2. At a riser velocity of 0.8 m/s,
the drag force is lower than the gravity force, so catalyst particles do not circulate due to
particle transport problems within the riser. At a riser velocity of 2.8 m/s, the pressure in the
riser is higher than the pressure in the L-valve, preventing smooth particle circulation. If the
flow rate injected into the L-valve is less or more than the appropriate amount, it does not
circulate in a steady state.
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Table 2. Solid circulation rate of BT-S-FER

2. 2.
g iselM/S] (Ug.isertit [1) (ug,L.vfliE:(%.(sr,g [SL)/]min]) (ug,Lifvil:(g/.Esrg [E/)gnin])
1.6 (4.24) 23.52 24.13
2 (5.31) 22.43 22.49
2.4 (6.37) 22.98 23.13

3.2. Axial profile of solid holdup

To assess the real-time circulation under high temperature and high pressure, basic data was
obtained by measuring the pressure drop with a pressure drop tab according to the height of
the riser. This provided fundamental data for estimating solid holdup based on the pressure
drop values, as shown in Fig. 2. Steady-state circulation was observed exclusively under the
conditions specified in Table 2, which enabled the illustration of axial solid holdup for these
conditions. Prior investigations involved conducting experiments within a riser (height= 6 m)
under conditions of high density (ug= 4 — 8 m/s and Gs= 200 — 425 kg/(m?-s)) (Issangya, 1998;
Issangya et al., 1999). Consistent with prior research, this study observed a low level of solid
holdup within the riser. At the bottom of the riser, particles enter from the L-valve, showing a
high solid holdup of about 0.2, and then at the top, the particles rise almost constantly,
maintaining a solid holdup of 0.05.
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Fig. 2. Axial profile of solid holdup in riser

3.3 Reaction and regeneration of BT-S-FER

In a prior experiment, regeneration was conducted within the temperature range of 300 —
500 °C. The experiment revealed that after undergoing regeneration five times at 500 °C, the
reactivity of the catalyst closely resembled that of the raw catalyst. The regeneration
experiment was conducted under 500 °C, 20 bar, space velocity 2000 L/(kgcat."h), and using
air as regeneration gas. The profile graph over time of reaction and regeneration is shown in
Fig. 3. DME conversion under reactive operating conditions was up to 70.7%, and selectivity
to MA, the desired product, was 93.8%. According to time, the catalyst was deactivated, it was
regenerated and subsequently a profile was drawn. Each reaction constant is computed
differently based on the corresponding reaction condition, necessitating calculations specific
to each condition.

Experiments on each reaction and regeneration process provided deactivation constant (kq)
and regeneration constant (k;) of 9.08x10% and 0.02 1/s, respectively. Quantitatively the
optimum size ratio for this study can be obtained through equation (2) below.
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Fig. 3. (a) DME conversion and product selectivity with time on stream, (b) Oxygen consumption rate

Solid flux (Fs) was used as a value when the solid circulation rate (Gs) was calculated 24.13
kg/(m-s?) in section 3.2. The ratio of the weight of particles in the reactor to the weight of
particles in the regenerator was determined as 770. During Gs measurement in CFB, particles
were filled to a height of 0.3m above the distributor plate in BFB, resulting in a particle mass
of 542 g. This ratio was used to compute a particle mass of 0.7 g within the riser. However,
pressure drop measurements indicated a riser particle mass of 9.85 g, underscoring the need
for further investigation, including adjustments to bed height to achieve alignment with
measured values.

4. Conclusion

In this study, experiments to determine the reaction and circulation flow characteristics of the
produced BT-S-FER catalyst particles were conducted. By obtaining the reaction and
regeneration constants under the relevant reaction experiment conditions, the approximate
inventory weight within the BFB and riser can be obtained. To investigate the conditions for
maintaining the stable circulation of catalyst particles, an experiment was performed by
changing the flow rates of the L-valve and riser. The L-valve was operated in the range of 0.26
-0.92 L/min and 2 - 7 times the terminal velocity (0.8 - 2.8 m/s). As a result, It was confirmed
that it was stable when operating at the riser velocity of was 4 - 6 ugise/Ut and the L-valve
velocity was 0.39 - 0.66 L/min. Reaction and regeneration constants were obtained through
each experiment, and the inventory ratio in the reactor and regenerator was calculated to be
770. Additional research is required to optimize inventory in BFB and riser. The results of this
fundamental study indicate potential application in employing CFB apparatus under conditions
with both high temperature and high pressure.
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Abbreviations

BFB Bubbling fluidized bed
BT-S-FER Bentonite spray-dried ferrierite
CCu Carbon Capture, Utilization
CFB Circulating fluidized bed

DME Dimethyl ether

FER Ferrierite

I.D. Inner diameter

MA Methyl acetate

Nomenclature

dp Particle diameter, [-]

Fs Solid flux, [kg/s]

Gs Solid circulation rate, [kg/(m-s?)]
Kqg Deactivation constant, [1/s]

kr Regeneration constant, [1/s]

P Pressure, [bar]

SV Space velocity, [L/(kQcat -h)]

T Temperature, [°C]

Ug Superficial velocity, [m/s]

Umf Minimum fluidization velocity, [m/s]
Ut Terminal velocity, [m/s]

XpMmE DME conversion, [%]
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Abstract

Utilizing bioenergy and hydrogen in iron and steel production offers significant potential
achieving carbon neutrality and positive synergistic effects. This study investigates the
synergistic effect and kinetic analysis of coconut shell char (CSC) and hydrogen co-reduction
for hematite in a fluidized bed. The results show that more addition amount of CSC and higher
reduction temperature both improves the hematite reduction degree. The reduction degree
increases from 62.0% to 82.3% when the addition range of 0% to 10% at 60 minutes, 700°C.
For 1.25% CSC addition, the temperature increases from 700°C to 900°C, promoting the
reduction degree improves by 15.4% within 60 minutes. It is also found that hydrogen and
CSC have synergistic effect during hematite reduction process. Throughout the entire range
of experimental temperatures, the additions of CSC at 1.25% and 2.5% both demonstrate a
positive synergistic effect, which indicates a higher reduction degree than the simple sum of
the two. However, if the CSC addition exceeds 2.5%, synergistic effect is positive below 800°C
and negative at higher temperatures. The further experimental results suggest that the
variation in synergistic effect can be attributed to the indigenous alkali metals in CSC, as well
as the aggregation of reduced products. Furthermore, the kinetics analysis present that the
whole reduction process is controlled by a combination of internal diffusion and interfacial
chemical reactions. The activation energy of the reduction reaction decreases significantly by
53.4 kJ-mol' when the addition amount exceeds 2.5%, in comparison with lonely hydrogen
reduction. This study provides a new approach for fluidized bed iron ore reduction. The use of
CSC not only improves the carbon-based reduction process but also provides the heat for the
reduce reaction. Additionally, it can alleviate the particle agglomeration at the range of 700-
850°C in fluidized bed.

1. Introduction

Steel is vital to modern economies and so over the coming decades global demand for steel
is expected to grow to meet rising social and economic welfare needs. Iron and steel industry
is currently responsible for about 8% of global final energy demand and 7% of CO, emissions.
Iron and steel producers have a major opportunity to reduce energy consumption and
greenhouse gas emissions as well as develop more sustainable products [1,2].
Correspondingly, the transition from the conventional BF process using a carbon-based
reducing agent to iron production through hydrogen in a fluidized bed has been considered
the main route for decarbonizing the steel industry [3,4]. However, the utilization of fluidized
bed technology in the ironmaking process increased particle size of products to cause sticking
and de-fluidization, which hampered the industrial application of fluidized bed direct reduction
process using hydrogen [5,6]. The adhesion performance happens intrinsically from the
sintering of new precipitated reduced iron, with the potential to rapidly spread throughout the
entire fluidized bed to decrease reduction effect. Maintaining the fluid state of the particles is
crucial for achieving a significant reduction degree [7]. Addressing particle adhesion requires
initiating measures during the iron precipitation on the product's surface. Numerous
techniques have been suggested to mitigate the adhesion of reduced iron for fluidized bed
reduction. For instance, research has explored coating ore particles with inert oxides (such as
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CaO and MgO) and carbon. Nevertheless, applying inert oxides for coating hematite fines can
significantly diminish the reaction rate [8]. And the high pore structure and carbon-based
properties of biomass enable its use as a coating material to reduce particle aggregation and
function as a reducing agent [9].

Currently, reduced iron ore powder using biomass finds utility in three distinct applications.
Firstly, biomass char can be used as reducing agent during reduction process, which replaces
coal and coke in in iron- and steelmaking. However, a lot of alkali metals in the biomass char
can lead to undesirable product bonding at higher temperatures, rendering it unsuitable for
the fluidized bed metallurgical process [10-12]. Secondly, applying biomass into blast furnaces
can reduce the CO; emission comparing to coal, but decrease reduction efficiency [13].
Moreover, biomass is typically utilized as an additive in combination with iron ore powder to
create pellets. These mixed pellets require additional reducing gas as a medium for gas-solid
reduction, leading to increased energy consumption and higher economic costs [14].
Therefore, many studies use the syngas produced from biomass pyrolysis as a reducing gas
to participate in the process of reducing iron [15]. This process integrates biomass pyrolysis
and iron ore powder reduction, enhancing particle properties by employing biomass as a flux,
and it diminishes energy consumption through the utilization of pyrolysis gas. This process
has the potential to efficiently reduce iron using biomass, offering substantial environmental
benefits [16,17]. However, this technology exhibits certain limitations [18,19]: 1) it may
generate Fe-C compounds, thereby complicating the procedure; 2) an elevated substitution
rate of biomass for coke breeze may lead to vertical sintering and a reduction in the yield of
reduced iron; 3) High-quality iron requires Ha, yet the pyrolysis gas from biomass typically
contains various components, including CHs, alkanes, olefins, and C-O gas. The utilization of
such gas for iron reduction remains unexplored by researchers. Therefore, we adopt other
process to use biomass energy in steel production, not only the dependence of the steel
industry on fossil energy will be reduced but also the abandoned biomass will be appropriately
handled. This study offers an alternative complement pathway, i.e., biomass char is mixed
with iron ore powder and reduced by hydrogen in fluidized bed, which combines the biomass
utilization and the Hz-based DRI route. In addition, the co-reduction of the two factors may
cause some synergistic effects to promote/inhibit the reduction process of hematite [20], but
there are fewer studies on biomass char-H; gas for DRI production in a fluidized bed.

In this study, the reduction process of hematite with coconut shell charcoal and hydrogen in a
micro-fluidized bed was investigated. We discussed the effects of the reduction temperature
and the amount of coconut shell charcoal on the reduction products, and both two reduction
conditions affected the synergistic effect between coconut shell charcoal and hydrogen on
hematite reduction. The differences of synergistic effect were explored from the following two
aspects: including the effect of alkali metals in coconut shell charcoal and the bonding of
reduction products. This study provides a new strategy for fluidized bed hydrogen reduction
of iron ore powder. Specifically, it involves applying a coating of coconut shell charcoal on the
surface of reduced iron to mitigate particle adhesion, maintain fluidization efficiency, and
enhance the degree of reduction at elevated temperatures.

2. Synergistic effect between CSC and H:

According the previous results, the introduction of CSC into hematite can significantly improve
the reduction degree, especially with higher CSC additions. According to previous research,
the improvement of reduction degree for mixture samples can be attributed to the synergistic
effect between carbon-based and fluidized hydrogen gas. Furthermore, the literature
suggested that the difference between experimental and theoretical values of reduction
degree can confirm the interaction among various factors [21]. Figure 1 illustrates the
difference between the experimental and theoretical values of reduction degree at different
temperatures and with varying CSC additions. When the CSC addition was 1.25% and 2.5%,
the synergistic reduction of biomass-charcoal and fluidized H; displayed positive cooperativity
at the whole experimental temperature in this study. However, when CSC addition exceeded
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5%, the synergistic effect of biomass-charcoal and fluidized H> became thoroughly complex.
In the case of H-5CSC, the synergistic effect showed positive cooperativity at temperatures
below 800°C and converted into negative cooperativity above that temperature. Additionally,
with the CSC addition increased (about 10%), the synergistic effect shifted to a lower
conversion temperature. As a result, we observed that the synergistic effect varies with
temperature depending on the amount of CSC addition. Our hypothesis is that the presence
of alkali metal and the aggregation of reduced particles are responsible for the difference in
the synergistic effect at different CSC addition levels. We speculate that at lower CSC addition
levels, alkali metal promotes the reduction process, resulting in a positive cooperativity at the
whole experimental temperature, while for higher CSC addition levels, it promotes particles
aggregation at increased reduction temperature to generate a negative cooperativity. Next,
we will discuss the synergies from two different aspects.
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Figure 1 The difference between experimental and theoretical values with different CSC additions

3. Reason for synergistic effect
3.1 Effects of alkali metal at lower addition on synergistic effect

In general, biomass char ash contains a high level of alkali metal (mainly K, Na, Ca et al.),
which can actively engage in the reduction reaction during the iron ore powder reduction
process [22]. And the process includes the formation of carbonates to facilitate the reduction
process and the amalgamation with reduced iron at higher reduction temperature (>850°C),
leading to an increase in particle size, which hinders the continued reduction. Figure 2(a)
shows the reduction degree under the 1.25% addition amount of CSC and deashing CSC
(without alkali metal). When the hematite was reduced in a fluidized bed using a deashing
CSC, the introduction of d-1.25CSC only acted as a carbon material, and the reduction degree
increased by 4.5% when the reduction temperature rose from 700°C to 900°C. However, for
the mixture sample of hematite and CSC, the reduction degree increased by 12.4% with
increased reduction temperature, which was significantly higher than the reduction using
deashing CSC. The reduction results of hematite and its mixture (with CSC and deashing CSC)
using hydrogen at different temperature is shown in Figure 2(b). For instance, when
considering the reduction degree of hematite using deashing CSC under a hydrogen
atmosphere, it exhibited an intermediate level between H-1.25CSC and H; reduction without
CSC. At higher reduction temperatures, the reduction degree for H-d-1.25CSC rose from 63.9%
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to 78.7%. However, this increase in reduction degree was notably lower than that observed in
the H-1.25CSC sample. From these results it was clear that the positive cooperativity between
CSC and hydrogen at the lower CSC addition amount was mainly to blame the alkali metal of
CSC, which was presumed to be possibly related to the following aspects [23]: Initially, alkali
metals can act as catalysts in the reduction reaction at higher temperatures (in this study, T>
750°C), reducing the activation energy and enhancing heat conduction to facilitate the
occurrence of the reduction reaction. Conversely, alkali metals can react with carbon in CSC,
generating alkali metal carbonates that serve as reducing agents in the reduction process.
Consequently, these findings elucidate the positive synergistic effect of hematite reduction in
a fluidized bed using both hydrogen and CSC across the entire reduction temperature range,
with CSC additions of 1.25% and 2.5%.
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Figure 2 The effect of CSC without alkali metal on reduction degree: (a) CSC reduction lonely and
(b) co-reduction of CSC and hydrogen (reduction time= 60 min).

3.2 Effects of products aggregation at higher addition on synergistic effect

As shown in Figure 1(c) and (d), at reduction temperatures of 850°C and 900°C, the
experimental values were consistently lower than their theoretical counterparts, particularly
with higher CSC additions (>5%). This discrepancy is speculated to be linked to the
agglomeration of reduced particles at elevated temperatures. Therefore, the particle size of
reduction products at different experimental conditions is shown in Figure 3. Figure 3(a) shows
the particle size of raw materials (hematite and CSC) and the products for single reduction
using CSC with different addition amount. At a reduction temperature of 900°C, in comparison
to raw hematite, the values of Dv(50) and Dv(90) increased by 5.8 ym and 19.3 um,
respectively, for the 1.2% CSC reduction alone. However, the two values exhibited a more
significant increase of 22.8 ym and 61.3 pm, respectively, during the reduction with a 10%
CSC addition. Consequently, the synergistic effect shifted to negative one when the CSC
addition exceeded 5% at 800°C, which was primarily attributed to the constraint on gas
diffusion and heat transfer resulting from the increased particle size of the reduced products
[15-17]. Furthermore, Figure 3(b) presents the particle size results for the various samples
reducing under Hz atmosphere (with or without CSC). It can be obvious seen that the
significant increase of particle size using H> reduction, especially for the increase in of Dv(50)
and Dv(90), which was related to the direct iron-iron contact at particle surfaces to cause the
sticking of iron particles [38]. The introduction of CSC into hematite can decrease the particle
size of reduced products under H, atmosphere, but the particle size increased with the more
CSC addition obviously. For example, the Dv(50) and Dv(90) values for H-1.25CSC decreased
by 27.0 ym and 68.6 um, respectively, compared to hydrogen reduction without CSC, which
is more likely blame to the formation of a thin carbon layer on the particle surface, isolating
the metal iron to hinder the direct iron-iron contact. So, it was helpful for decreasing the
aggregation of metal iron particles to promote reduction process. Nevertheless, the findings
indicated a 15 ym increase in the average particle size of the reduced products for H-10CSC
compared to H-1.25CSC. An increase in particle size of reduced products was attributed to
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the presence of alkali metals in the carbon, and K, Na elements may form fluxes at high
temperatures, which combined with the surface of reduced iron to promote the bonding
possibility [22]. In addition, the intensifying competition reaction between CSC and CO;
decreased reducing rate to limit particles reduction. In summary, the above results suggested
that the negative cooperativity at higher CSC addition and temperature (>5%, 800°C) was
blame to the gas-solid mass transfer limitation due to particles bonding and competition
reaction.
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Figure 3 The particle size distribution of (a) raw samples and reduction products without Hz2 and (b)
reduction products under Hz atmosphere.

4. Conclusion

In this work, the co-reduction of hematite powder using biomass char and hydrogen in a micro-
fluidized bed was investigated. During the hematite reduced by CSC and Hy, it was speculated
that there may be synergistic effect between CSC and hydrogen during hematite reduction.
And the difference between experimental and theoretical values confirmed the possibility. For
instance, when the addition was less than 2.5%, positive synergistic effect was observed
throughout the reduction temperature range. And at higher temperature (>800°C), the
synergistic effect shifted to negative one while the CSC addition was 5% and 10%. We
explained the above results in two ways: On one hand, the existence of alkali metal in CSC
can promote reduction rate due to the carbonate formation (including K2.CO3, Na2COs, et al.).
And the negative synergistic effect at higher CSC addition and temperature is related to the
particle aggregation to hinder the gas-solid transfer. Therefore, a fluidized bed process using
hydrogen and CSC as reducing agent can promote the synergistic effect to increase reduction
degree and decrease product bonding.
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Abstract

Oxygen carriers have been widely used in chemical looping processes to promote
the mixing of fuel and oxidant, improve combustion/conversion efficiency, and
reduce pollutant emissions. Among various oxygen carriers, iron-rich fly ash
shows great potential with abundant reserves and considerable redox and
catalytic activity. However, the oxygen-carrying/catalytic performance of the iron-
rich fly ash still needs to be further studied. This study aims to determine the
catalytic performance of iron-rich fly ash on the fluidized bed combustion process
of the biomass-volatile gas. The Indonesian lignite ash was selected as the target
sample along with other coal ashes and typical oxygen carriers, and their
compositions and pore characteristics were analyzed before the experiments.
Circulating experiments were conducted on a bubbling fluidized bed reactor under
different ash particle sizes and bed temperatures. The biomass-volatile gas, which
consisted of Hz, CH4, and CO, was fed into the reactor according to the sequence
of the "Ar-volatile-Ar-O." cycle under given experimental conditions, and then the
concentrations of the gases in the exhaust were recorded as a function of time.
Results showed that Indonesian coal ash has high adsorption capacity and
conversion rates for volatiles and oxygen comparable to steel slag and ilmenite
due to its high iron content (mainly in Fe>O3 form) and good pore characteristics.

1. Introduction

Oxygen carriers are substances with strong oxygen-carrying capacities and significant redox
reactivities and thus can achieve continuous and efficient redox cycles between oxidizing and
reducing agents by introducing gas-solid sub-reactions with lower activation energies (Ishida,
Zheng & Akehata, 1987). There have been wide applications of various oxygen carriers in the
fields of chemical looping combustion (CLC), chemical looping gasification (CLG), chemical
looping reforming (CLR), chemical looping hydrogen generation (CLHG), and oxygen carrier
aided combustion (OCAC), in which cases these oxygen carriers have been proved to greatly
improve reaction kinetics and combustion/conversion efficiencies and significantly reduces
pollutant emissions. (Thunman et al., 2013; Yu et al., 2019)

Many scholars have explored the characteristics and effectiveness of various oxygen carriers
including ilmenite (Thunman et al., 2013), steel slag (Attah et al., 2021), hematite (Pineau,
Kanari & Gaballah, 2006), and multiple metal ores or oxides including Fe (Mattisson et al.,
2004), Mn (Ryden et al., 2016), Cu (Diego et al., 2004) or other elements (Li et al., 2006; Yu
et al.,, 2019). Among these substances, iron-based oxygen carriers have attracted wide
attention considering their low costs and high redox reactivities and mechanical strengths.
Beside various kinds of natural ores and synthetic catalysts, one high iron-content substance
should be paid more attention to: iron-rich coal ash, which shows great potential to be an
excellent oxygen carrier for the following reasons:

(DCoal ash is one of the staple solid wastes in the industry that has a huge amount to be
disposed of every year in China, so its utilization is cheap and yields economic and
environmental benefits;

(2Coal ash has a scouring and cleaning effect on the contaminated layer on the heating
surface in the equipment considering its suitable particle size (1 ym ~ 500 ym), good anti-
wear performance, and stability;
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(®Good pore characteristics and rich iron content in iron-rich coal ash usually indicate strong
oxygen-carrying capacity and redox reactivity. Besides, coal ash is also usually rich in minerals
such as Al, Ca, and Mg, which can act as co-catalysts and help form alkali metal compounds
with higher melting points to alleviate sintering and agglomeration of bed materials (this is
more important for OCAC process in the boiler);

These characteristics determine the potential industrial use of coal ash as an excellent oxygen
carrier in the future. For example, the oxygen-carrier aided combustion based on iron-rich fly
ash (FeAsh-OCAC) is expected to achieve high-efficiency, low-pollutant-emission biomass
combustion in CFB boilers. However, at present, few studies delved into the practical oxygen-
carrying/catalytic performance of iron-rich coal ash, and the feasibility of relative technique in
industrial scenarios remains to be further studied. This study takes Indonesia lignite ash as an
example of iron-rich coal ash and determines its oxygen-carrying capacity and catalytic
performance in the biomass-volatile combustion process. Redox circulating experiments were
conducted on a bubbling fluidized bed reactor for different materials and temperatures,
yielding a qualitative and quantitative description of the oxygen-carrying and combustion
assistance ability of the iron-rich coal ash under different conditions. The lignite ash, along
with other coal ash and typical oxygen carriers before and after the experiment were
characterized using XRD (X-Ray Diffraction), XRF (X-Ray Fluorescence), and pore structure
analysis methods and compared.

2. Experiment Settings
2.1 Sample Preparation and Characterization
2.1.1 Sample Preparation

This experiment used five typical and potential oxygen carriers: Indonesian lignite ash (IN),
Jiaocheng coal ash (JC), Shuozhou coal ash (SZ), steel slag (SS), and ilmenite (IL).
Indonesian lignite has a large consumption in China and produces a large amount of iron-rich
lignite ash every year. The main research object of this paper is Indonesian lignite ash, and
the other four substances are used for comparison. The Indonesian lignite was crushed to
about 1 cm particles and then laid on an iron tray with a thickness of about 2 cm and fed into
a Muffle furnace to burn (850°C for 6 h). The lignite in the iron tray was turned over every two
hours to ensure that the lignite was burned thoroughly. The lignite ash generated was then
sieved for more than 3 h. All materials were sieved into five particle size ranges: 105~125 ym,
125~150 uym, 150 ~180 uym, 200~250 pm, 250~300 uym. The preparation processes of JC and
SZ were the same. IL was directly sieved for 1 h, and SS was first crushed and then sieved
for 1 h. Only the 150~180 pm particle size range groups of these oxygen carriers were used.
The particle size range of the sieved IN was measured via a Malvern laser particle size
analyzer. The analysis result showed that the Dv (50) of the sieved IN is 210 ym, which met
the expectation and could be used for following experiments.

2.1.2 Composition analysis

The compositions of all the materials were analyzed via XRD and XRF methods. The test
result of XRF for all materials are shown in Fig. 1(a) and Table 1. In terms of mass fraction,
the order of element contents (in oxide forms) of IN from high to low is Fe;O3, SiO2, Al,Os3,
Ca0, MgO, and other elements. Compared to the other two coal ashes (JC and SZ), IN has
significantly higher Fe>Os content (even higher than IL, but lower than SS) and lower SiO2 and
Al2O3 content, proving that it is an iron-rich coal ash. Moreover, IL has an extremely higher
TiO2 content than other materials and has lower SiO, and Al>O3 content than IN. SS also has
lower SiO2 and Al,O3 content than IN but has the highest CaO content.

The test spectrum of XRD for all materials is shown in Fig. 1(b). The three coal ashes (IN, JC,
and SZ) have similar mineral phases (that is, Fe2O3, SiO,, MgFe204, and CaSO,). Because
the iron content of SS and the Titanium content of IL are higher, there are more compounds
formed between Fe (or Ti) and other elements.
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Fig. 1. Analysis results of different materials used in the experiment

Table 1 Specific result of XRF analysis of different materials used in the experiment

Material Fe203 SiO2 Al203 CaO MgO TiO2 Others
(Wt%) (Wt%) (Wt%) (Wt%) (Wt%) (Wt%) (Wt%)

ss 72.20 3.97 1.08 17.15 1.08 3.15 1.37
+0.22 +0.10 +0.05 +0.19 +0.05 10.09 10.70

IL 41.47 2.27 1.01 0.200 0.287 51.59 3.173
+0.25 +0.07 +0.05 +0.010 +0.014 +0.25 +0.644

IN 54.40 16.40 10.45 9.44 3.38 0.671 5.259
+0.25 +0.19 +0.15 +0.15 +0.09 +0.033 10.863

JC 12.47 48.75 23.79 6.73 0.675 2.72 4.865
+0.17 +0.25 +0.21 +0.13 +0.034 +0.08 +0.874

s7 8.82 41.70 30.97 10.27 0.604 3.84 3.796
+0.14 +0.25 +0.23 +0.15 +0.030 +0.10 +0.900

2.1.3 Pore structure analysis

Through the nitrogen adsorption test (using the BET method) and theoretical calculation, the
test results of pore structure analysis of each material are shown in Table 2. It can be seen
that Indonesian lignite ash has the highest porosity and larger specific surface area and pore
volume than iron-rich SS and IL, which has a positive impact on adsorption and gas-solid
reaction on the material surface.

Table 2 Specific results of pore structure analysis of different materials used in the experiment

Specific surface
Pore volume Average pore

Material (nzigt.e;) (cm-g) diameter (nm) Porosity (%)
IN 7.1598 0.023870 13.7717 7.9092
SS 0.6277 0.002219 17.0672 0.9581
IL 2.3862 0.008165 13.5556 3.5404
JC 6.1016 0.035098 22.8747 6.1016
Sz 7.3055 0.027979 18.0851 7.3055

2.2 Experimental System

The diagram of the entire experimental system is shown in Fig. 2. The reducing gas cylinder
used in this experiment, referring to the pyrolysis products of straw, consisted of 25.61% Ho,
37.74% CH4, and 36.65% CO. The oxidizing gas, referring to air, was obtained by mixing the
gas from O and Ar gas cylinders with a volume ratio of 21:79. The inlet gases first flew through
the mass flowmeters (Qixing Huachuang D07-19B), and the flowmeters were connected to an
external automatic controller (customized by Shanxi Clean Energy Research Institute of
Tsinghua University) to achieve precise real-time control of flow rates of all gas paths.
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Fig. 2. Experimental system diagram

The reaction process occurred in a quartz tube (made by Jiangsu Donghai Jinpute
Photoelectric Technology Co. Ltd.) heated by an electric vertical furnace (made by Shanghai
Yuzhi Electromechanical Device Co. Ltd.). Gases were fed into the quartz tube from the
bottom pipe to 3 cm below the air distributor in the middle of the quartz tube. Then the gas
streams flew through the air distributor and fluidized the material particles (along with
adsorption and reaction processes) on the air distributor. The exhaust exited the quartz tube
through the top central branch pipe. Moreover, the quartz tube also has branch tubes for bed
pressure drop and bed temperature measurements.

The exhaust was filtered and condensed to remove fine particles and steam, then fed into the
TILON online mass spectrometer to achieve continuous quantitive gas analysis.

2.3 Experiment Procedure

Before the experiment began, 14 g of one material (3 cm height of IN in the quartz tube, not
mixed with quartz sand) was added into the quartz tube on the air distributor. After setting the
temperature of the vertical furnace at 700°C, a stream of Ar with a flow rate of 0.5 L/min was
fed into the tube to purge the gas path. Then open the TILON online mass spectrometer. The
gas types and correlated molecular masses were Hx(2), CH4(15), CO(28), 02(32), Ar(40), and
CO,(44). When the temperature reached the preset value, start feeding the oxidizing and
reducing gases, and control the flow rate to ensure the gas flow velocity in the quartz tube
was slightly larger than 0.08 m/s, which is the minimum fluidization velocity. The gases were
fed circularly into the tube in the order of “Ar 5 min - reducing gas 40 min - Ar 5 min - oxidizing
gas 40 min”. In some cases, the input gas types were switched after the concentrations were
basically stable during the experiment. After three cycles, switch the inlet gas to pure Ar and
raise the preset temperature of the furnace to 800°C and 900°C and then repeat the circulating
experiment procedure above. After the entire circulating experiment was done, close the mass
spectrometer and the furnace, then keep the flow of Ar with a flow rate of 0.5 L/min to cool the
tube. After the tube was cooled to room temperature, stop Ar feeding and take out the material
particles in the tube for later characterization. The reaction tube was then cleaned with
anhydrous ethanol for the experiment of the next material. After a set of experiments, the
signal intensity data of the mass spectrometer was saved and converted into Excel file format
for subsequent data processing.

3. Results and Discussions
3.1 Redox reactivity of IN

Figure 3(a) shows different gas concentrations as a function of time in two cycles for both the
IN experiment group and the blank group (using quartz sand as bed material) at 800°C.
Compared to the blank group, under the influence of IN, concentrations of each gas at the
same reaction time significantly decreased, the climbing rate of gas concentrations also
slowed down, and the required time for gas concentrations to reach stability was significantly
extended, indicating that IN has large gas adsorption capacity and strong redox reactivity, and
significant heterogeneous redox reactions occurred on its surface during the experiment.
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These reactions mainly include reactions of reducing gases with active oxygen atoms on the
IN surface:
CH4+40*=C0.+2H20
H,+0O*=H,0
CO+0*=CO2
And reactions of oxygen dissociation on the IN surface to form active oxygen atoms.
Ox+2(*)=20*
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Fig. 3. Gas concentrations as a function of time for IN and the blank experiment

At different temperatures, gas concentrations as a function of time in two cycles for the blank
group and the IN experiment group are shown in Fig. 3(b) and Fig. 3(c), respectively. For the
blank experiment group, the influence of temperature on gas concentrations is insignificant.
For the IN experiment group, the global trends for different gases are basically the same. For
some working conditions, some gas concentrations (such as CO concentration) did not reach
the equilibrium concentration of the blank experiment at the end of the ventilation time,
indicating that the gas may still be reacting slowly at this time. Furthermore, at 800°C, the
concentration of each gas is relatively lower, indicating that IN has better redox reactivity at
this temperature.

In order to further analyze the redox reactivity of IN and other materials, the following indexes
were introduced for quantitative description.

(1) Adsorption capacity. The adsorption capacity for gas X of material Y per gram can be
defined as:

1| & . 1S .
Cxy=— Z Cx,o(tj,o)Qo (t;0)AL — Z Cy v (B )Qy (tey DAL
mY 0=t by =t

Where the subscript X represents the gas type, Y represents the material type, and 0
represents the blank experiment group. my is the mass of the material (equal to 14 g for all
types). cxo and cxy are the concentrations of gas X in the tube (unit mol/m3) for the blank
group and the material Y experimental group, respectively. Atj(Aty) is the time interval between
tj(tc) and t+1(tk+1). ti is the time when the concentration of gas X in the blank experiment begins
to rise. ts is the time when the concentration of gas X in the experiment of material Y rises to
95% of the maximum concentration in a cycle (the units of time are all s).

In order to simplify the calculation, it is assumed that under the same temperature and
pressure conditions, the gas velocity in the tube is fixed. Therefore, the flow rate of the mixed
gas in the tube is also fixed:

V4

Qo(tj,o) = QY (tk,v): Q :Zsz

Where d = 40 mm. Under the conditions of 700°C and 114.881 kPa in the blank experiment,
the gas velocity in the tube is controlled at v = 0.08 m/s. Assuming that the mixed gas obeys
the ideal gas hypothesis, then:

s_T(K)

Y(m®/s)=1.187x10"
Q(m’/s) x o(kPa)
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The absorption capacity of IN for different gases can be obtained through calculation (the
results calculated from the two cycles in Fig. 3 are averaged, as shown in Table 3). It can be
seen from the data in the table that at 800°C, the absorption capacities of IN for all gases are
relatively higher, which may be related to the increase of adsorption and reaction rates,
decrease of residence time, and decrease of porosity due to sintering and agglomeration as
the temperature increases. The detailed mechanism remains to be further studied.

Table 3. Absorption capacities for different gases of Indonesian lignite ash

Temperature Absorption Absorption Absorption Absorption
'(DOC) capacities for H2  capacities for CHs  capacities for CO  capacities for Oz
(mol/g) (mol/g) (mol/g) (mol/g)
700 0.0174 0.0026 0.0229 0.0213
800 0.0184 0.0070 0.0335 0.0235
900 0.0096 0.0063 0.0176 0.0208

(2) Conversion rate. The conversion rate for gas X of material Y can be defined as:

tg . t . t 1
Z Cx,o (tj,o )Qo (tj,o )Atj,o - Z CX,Y (tk,Y )Qv (tk,Y )Atk,‘( Z Cx,o (tj,o )Atj,o - Z CX,Y (tk,Y )Atk,Y

a _ Lo=t tiy =t _ Lo=h tiy =t
Xy = -

Z CX,O(tj,O)QO(tj,O)Atj,O z CX,O(tj,O)Atj,O
The conversion rate of IN for different gases can be obtained through calculation (the results
calculated from the two cycles in Fig. 3 are averaged, as shown in Table 4). It can be seen
from the data in the table that IN has a high O, conversion rate, indicating that it is a good
oxygen carrier. Similarly at 800°C, the conversion rates of IN for all gases are basically higher.
Table 4. Absorption capacities for different gases of Indonesian lignite ash

Temperature Absorption Absorption Absorption Absorption
?OC) capacities for H2  capacities for CHs  capacities for CO  capacities for Oz
(mol/g) (mol/g) (mol/g) (mol/g)
700 43.14 17.75 40.76 69.93
800 39.66 26.45 48.63 73.84
900 18.03 17.39 25.35 70.40

3.2 Comparison between different materials

Figure 4 compares the gas concentration trends as a function of time in two cycles for different
material experiments at 800°C. Compared with the blank experiment, the concentration of all
gases at the same reaction time decreased due to different grades of adsorption and surface
reaction on material particles. For iron-lean materials (such as the other two coal ashes JC
and SZ), the gas concentrations did not decrease significantly and quickly reached stability,
which indicated poor redox reactivity. However, the gas concentration trends of Indonesian
lignite ash were significantly different from the two coal ashes, which were more similar to
those of SS and IL with higher iron content, indicating that its redox reactivity should be
significantly stronger than JC and SZ.

Figure 5 summarizes the gas concentration trends as a function of time in two cycles for
different material experiments under different temperatures. For iron-lean JC and SZ, the
temperature has no significant effect on the time for gas concentrations to reach stability. For
iron-rich SS and IL, the concentration trends for different gas types are relatively complicated.
With the increase of reaction temperature, CHs concentrations for different material groups
generally decreased at the same reaction time, while H, and CO concentrations generally
increased, indicating that these materials may have certain catalytic effects on the partly
oxidation reaction of CH4, especially under high temperature and for iron-rich materials (such
as SS and IL) after injecting reducing gas into the tube for a certain period (Yu et al., 2019).
For these material groups under high temperatures, CH4 concentrations first increased and
then decreased, while H, and CO concentrations first increased rapidly and then increased
slowly. However, these trends are not significant for IN.
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The absorption capacities and conversion rates for different materials, gases, and
temperatures can be obtained through calculation (the results calculated from the two cycles
in Fig. 5 are averaged, summarized in Fig. 6 and Fig. 7). According to these quantitative
analysis, the absorption capacities and conversion rates of IN are significantly higher than
those of iron-lean JC and SZ coal ashes. Meanwhile, some values can be comparable to or
even better than SS and IL, indicating the potential of Indonesian lignite ash as an excellent
oxygen carrier.
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4. Conclusion

In order to confirm the potential of iron-rich coal ash as an oxygen carrier, this research
conducted circulating experiments on the redox reactivity of different materials under different
temperatures, in which iron-rich Indonesian coal ash, along with other coal ashes and typical
oxygen carriers, experienced circulating redox process between biomass-volatile reducing
gas and oxygen. Results show that Indonesian coal ash is an excellent oxygen carrier with
high adsorption capacity and conversion rates for various reducing gas and oxygen
comparable to typical oxygen carriers such as steel slag and ilmenite, which is mainly
attributed to its high iron content (mainly in Fe;Os; form) and good pore characteristics.
Considering there are more benefits for coal ash utilization such as waste disposal and
potential abilities to improve operation performances and reduce NOy emission(which remains
to be further studied), it has promising industrial applications such as being an additive to
improve combustion characteristics of biomass-fired CFB boilers.

Acknowledgment

This research was supported by the National Natural Science Foundation of China (No.
52306251).

References

Attah, M., Hildor, F., Yilmaz, D., et al. Vanadium recovery from steel converter slag utilised as
an oxygen carrier in oxygen carrier aided combustion (OCAC). Journal of Cleaner
Production. 2021. 293, 126159.

Diego, L., Francisco, G., Juan, A., et al. Development of Cu-based oxygen carriers for
chemical-looping combustion. Fuel. 2004. 83(13),1749~1757.

Ishida M., Zheng D., Akehata T., Evaluation of a chemical-looping-combustion power-
generation system by graphic exergy analysis, Energy. 1987. 12, 147 - 154.

Mattisson, T., Johansson, M., Lyngfelt, A., Multi cycle reduction and oxidation of different types
of iron oxide particles application to chemical-looping combustion. Energy Fuels, 2004.
18(3), 628~637.

Pineau A., Kanari N., Gaballah I., Kinetics of reduction of iron oxides by Hz-part I: low
temperature reduction of hematite, Thermochim. Acta. 2006. 447, 89 - 100.

212



Ryden, M., Hanning, M., Corcoran, A., et al. Oxygen carrier aided combustion (OCAC) of
wood chips in a semi-commercial circulating fluidized bed boiler using manganese ore as
bed material. Applied Sciences-Basel. 2016. 6(11), 347-347.

Yu, Z., Yang, Y., Guan, G., et al. Iron-based oxygen carriers in chemical looping conversions:
a review. Carbon Resources Conversion. 2019. 2(1): 23-34.

213



Session E:
Combustion, pyrolysis and

gasification

214



Numerical Simulation of Tar Conversion Process in Biomass
Fluidized Bed Gasification Based on MP-PIC Method
Chun Wang, Qi Chen, Haiping Yang, Yingquan Chen, Hanping Chen,
Xianhua Wang*

State Key Laboratory of Coal Combustion, Huazhong University of Science and
Technology, Wuhan 430074, Hubei, China
*Email: wangxianhua@hust.edu.cn

Abstract

This paper explores the generation and conversion processes of tars during
fluidized bed gasification of biomass with a reactive multiphase particle-in-cell
(MP-PIC) numerical model coupling with a tertiary tar (phenol + naphthalene +
benzene) conversion model. The results show that the spatial and temporal
scale distributions of these three types of tars in gasifier are non-uniform due to
the strong irregular gas-solid interaction. During the gasification process, the
primary tar is easily cracked and converted into other tars, and increasing steam
to biomass ratio (S/B) and gasification temperature can reduce tar by enhancing
steam reforming reaction and tar cracking reaction. A greater S/B (21.2) or a
higher temperature (2870°C) can effectively promote the conversion of
secondary tar. And there is an optimal value of bed high for tar conversion,
especially for naphthalene and benzene. This study could help lowering initial tar
content in the fluidized bed gasifier.

1. Introduction

In the face of the new situation of accelerating the evolution of global energy to the direction
of low-carbon and zero-carbon, implementing the new requirements of carbon peak and
carbon neutrality, developing and utilizing non-fossil fuels, and steadily promoting the
diversified development of biomass energy are the main ways to achieve a green and low-
carbon energy transformation('l. And, fluidized bed (FB) is a widely used gasifier in
numerous biomass energy utilization devices, especially in industrial applications, which can
convert low-quality biomass feedstocks into a versatile syngas?. FB has a wide applicability
of raw materials, high gasification intensity, high heat and mass transfer efficiency and good
potential of amplification?. However, as a by-product which is inevitable and difficult to
remove during the gasification process, tar seriously affects the quality of syngas and is a
key bottleneck restricting the application of biomass gasification technology®. And the
generation and conversion of tar are closely related to the design and operation of FB
gasifier. At the experimental level, researchers obtained tar content and composition at the
outlet of FB gasifier through continuous or discontinuous measurement methods, and
removed the tar by using catalysts inside or outside the gasifier. Benedikt et al.[l established
a valid correlation between gas components in the product gas and its tar content through
online measurement in a dual FB to optimize operating parameters of gasification. Meng et
al.;l used a synthesized high abrasion resistant olivine as in-situ catalyst in a circulating FB
gasifier. Compared with traditional bed material of silica sand, the tar content was reduced
by 40.6%. Diego et al.lfl used four different catalytic filters for in situ removal of the real tar
produced in a dual FB gasifier. They investigated the effects of temperature and velocity
inside the reactor on tar removal rate, with a value of up to 95% at 850 °C.

However, traditional experimental research methods are often time-consuming and laborious,
with long cycles and high costs. And there may be some interference factors (e.g. reactor
structure, heat preservation, measurement method) that are difficult to eliminate during the
experimentll. It is also difficult to understand the internal situation of the FB gasifier.
Therefore, numerical simulation method provides a powerful tool to explore the generation
and conversion of tar inside FB gasifier. Gerber et al.[®-'% used the Euler-Euler method and
2D Euler-Lagrange method to model a bubbling FB with char as bed material, exploring the
effects of different pyrolysis models and operating parameters on the tar content at the
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reactor outlet. They found that the operating parameters and model parameters had a
significant impact on the tar content in the product gas. However, tar information inside the
FB wasn’t discussed in the study. Chen et al.l'l established a new tar cracking model based
on a multi-step kinetic scheme through reactive molecular dynamics (MD), and combined
computational fluid dynamics (CFD) to explore the high-temperature pyrolysis process of
thick biomass particles. The improved model significantly improved the prediction accuracy
of pyrolysis process. This study temporarily ignored the influence of other reactions such as
devolatilization during gasification and used two-dimensional simplified simulation, which is
expected to be applied in the simulation of three-dimensional actual FB. Mellin et al.['Z
studied the specific components of tar as much as possible in a two-dimensional FB model,
considering 134 substances and 4169 reactions, and thoroughly explored the rapid pyrolysis
reactions of the products after secondary pyrolysis, such as free radical concentration.
However, there is a lack of mutual conversion relationship between tar compositions, and it
is difficult to consider detailed tar reactions in an actual three-dimensional FB simulation.

In order to explore the evolution process of tar in biomass FB gasification, a three-
dimensional numerical model of biomass steam gasification in a spouted FB gasifier
considering tar conversion is established based on the multiphase particle-in-cell (MP-PIC)
approach, and used to investigate the effects of different S/B, gasification temperature, and
initial bed height. This study preliminarily clarifies the generation and conversion of tars in
biomass FB gasification, it contributes to the design and optimization of low-tar FB gasifiers
in the future.

2. Mathematical model
2.1 Governing equations

In this work, a reactive MP-PIC model for biomass gasification is developed by the Eulerian-
Lagrangian method, which is coupled with the gas-particle interactions, intensive heat tranfer
and complex chemical reactions (especially the tar conversion reactions). In this model, the
gas phase is described by solving the Navier-Stokes (N-S) equations in the Eulerian
framework, while the solid phase is tracked by solving the Newton's law of motion as
computational particles within the Lagrangian framework. And the two phases are coupled
with the source term in the equations to exchange mass, momentum and energy. The gas
turbulence is solved using the Large-eddy Simulation (LES). The detailed equations can be
seen from previous studies!'® 4, Based on relevant literatures!'>-'7], this work makes several
assumptions: a) bed material and biomass particles are assumed spherical without
deformation; b) heat conduction is neglected; c) particles are isothermal without thermal
gradients; d) global reaction kinetics are used without elementary reactions.

2.2 Reaction kinetics

This work considers the drying, devolatilization, homogeneous and heterogeneous reactions
of biomass in FB, and specifically introduces a tertiary tar (phenol + naphthalene + benzene)
conversion model to study the generation and conversion processes of tars during biomass
gasification. The specific reaction path is depicted in Fig.1.

| H, + CH, + CO

Gas (H,, CO, CO,. CH,......) y
g CO + H,

Tar ----oeeeeeeeo & LU/'
Co + H, co+| | J+CH+H, 4+

H s ;
% H,0
T Y q;,,
1 pga [}
| Primary tar Qﬂhw"mhrl‘. tar

Terti . [
Tertiary tar 1 CHy+ H, + C (¥ | CH, + CO + C (o

____________________________

Fig. 1. Mechanism for the model of biomass gasification and tar conversion.

The reaction kinetic models are listed in Table 1, the heterogeneous reactions are described
using the kinetic-diffusion mechanism, while the remaining reactions are formulated via the
first-order Arrhenius laws!8-21],
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Table 1. Reaction models used in this work

Reaction Kinetics parameters
Drying
Moisture in Biomass  — H O(g) r=513x10"e""""

moisture

Devolatilization

Biomass, —» Ash+ Char +Volatiles(CO,CO,,H ,CH .Tar.) I, =5x 107 ™
Heterogeneous reactions

C+CO, »2CO Aco, =835/(m-K),Eqq =437x10"J /kmol, B, =1.0
C+HO—>CO+H, A, =456s/(m-K),E,  =437x10"J /kmol, B, =1.0
Homogeneous reactions

CH, +H,0 > CO+3H, r,=3x10"T"e ™" [cH ][H O]

CO+H0«CO, +H, r =2.78x10"e """ ([co][H,0] -[co,][H,]/ (0.029¢"" ™))
Tar conversion reactions

C,H,0+3H,0 —4CO +2CH, +2H, r=1x10"e ™" [c HO][HO]

C,H,0—>CO+04C H, +0.15C,H, +0.1ICH, +0.75H, r =1x10"e ™" [C H O]

C,H, +5C0, +5H,0 —15C0 + 9H, r=43x10"e”"[C,H,]""[H,]" (modified)

C,H, — 7.38C +0.275C_H, + 0.97CH, +1.235H,

=339x10%e ™" [C,H, ] [H,] "
CbHé i 2HZO —15C+ 25CH4 +2CO 3.39 % 10'6 e’53234 T [C6H6]1_3 [HZO]O_Z [H2]70.4

volatile

3. Numerical condition
3.1 Model description

In this work, parameters for the 3D reactor model are sourced from a lab-scale
interconnected FB system for biomass gasification at Southeast University, as shown in
Fig.2 (a)?2. The reactor primarily comprises a spout-fluid bed (as a gasifier) and a high
velocity FB (as a combustor). And in this work, the high velocity FB has been simplified and
replaced by a thermal wall for heating, as shown in Fig.2 (b), the cross-section of the spout-
fluid bed is rectangular with 40 x230 mm?, and a height of 1500 mm. And the bottom is
connected a 60° conical gas distributor with an inlet tube of 20mm diameter, through which
biomass particles and steam are fed into the spout-fluid bed. The biomass particle used in
this work is pine and the bed material is silicon sand. And the material properties and main
operating parameters are set based on the experimental data of Song et all??. In simulation,
the top of the reactor is set as a pressure boundary condition, where gas and particles can
leave the reactor through the pressure boundary. An injection boundary condition is set at
the bottom of gas distributor, where biomass, protective gas, and steam are injected into the
reactor together. Walls are set as constant temperature boundary condition to provide
heating for gasification(?l,

] L = g ,5;."““""!'
7

Sroliciai Thermal wall

Combustion reactor
:41
Gasification reactor

1500mm

Sand

r
W,
v{
Gasification reactor

ﬁT Alr T Biomass ¢ Ar+ 10 t Biomass+Ar+11;0

Fig. 2. Model setup: sketch and geometric model with boundary parameters.
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3.2 Model validation

Firstly, four sets of grids with different thicknesses are divided for grid independence
verification. The distribution of solid holdup along the vertical height under different grids is
shown in Fig.3 (a). Except for the coarse grid, the solid holdup of other grids is similar.
Considering the calculation speed and simulation accuracy, mediate grid number is selected
for subsequent simulations. The comparison of the dry gas and tar content between
numerical simulation results and experimental results is shown in Fig.3 (b). It can be seen
that the numerical simulation results are basically consistent with the experimental results.
The error is mainly due to the simplification of three-dimensional model and chemical
reaction model?¥. The MP-PIC model in this work is reasonable and reliable for the
simulation of biomass FB gasification process.
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Fig. 3. Model validation: grid independence validation and model validation.
4. Results and discussion
4.1 Tar flow pattern

The instantaneous distribution of particles and tars in the FB is shown in Fig.4. From Fig.4
(a), it can be seen that during the gasification process, bubbles continuously generate,
expand, rise, and rupture from the bottom, thereby carrying biomass particles and mixing
with the bed material. Biomass tends to accumulate on the surface of the bed, with some
particles are blown to the upper part of the bed and then fall from the sidewall. And due to the
strong gas-solid flow, heat and mass transfer, and chemical reactions in the FB, transient
gas-solid flow is not completely symmetricall?®. From Fig.4 (b), Fig.4 (c), and Fig.4 (d), it can
be seen that three types of tars mainly generate on the surface of the bed, where biomass
accumulates, and undergoes cracking and transform at the upper part of the bed, with non-
uniform distributions at both spatial and temporal scale.
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